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Abstract
Natural gas consists primarily of methane (CH4) but it also contains
considerable amounts of contaminating compounds mainly carbon dioxide (CO2).
The presence of CO2 reduces the heating value of the gas and due to its acidic
character causes several operational problems. Hence the removal of CO2 from
natural gas is crucially important. The focus of this research work is to investigate
the potential for the energy efficient and effective separation of CO2/CH4 gas mixture
via lean solvent and regenerating of the rich solvent through absorption/stripping
mechanism taking place in a hollow fiber gas liquid membrane contactor process
(GLMC) which combines the advantages of membrane technology with those of
absorbent liquid. In a gas liquid membrane contactor the microporous membrane acts
only as an interface between the gas and liquid phases.
In this study primarily polyvinylidene fluoride (PVDF) hollow fiber
membranes were fabricated via thermally induced phase separation (TIPS) method
and the fabricated membranes were characterized using several membrane
characterization techniques in order to optimize the membrane fabrication
conditions. Then the membrane that had optimal performance was used in GLMC
and absorption/stripping experiments were carried out in order to find the optimum
operation window that gives higher absorption/stripping performance. Various
absorbent liquids like different amino acid salts (AAS) and aqueous ammonia
solutions were used as absorbent liquid other than conventional absorption liquids.
To improve the stripping performance, enhanced CO2 desorption (based on pH-shift)
was studied. Furthermore, a comprehensive mathematical model of GLMC was
developed.

viii

The characterization studies revealed 28% PVDF membrane extruded at high
temperature provides the optimum performance and addition of ethanol to the
coagulation bath reduces the performance of the membrane. The absorption/stripping
studies revealed module configurations and adopted operating parameters have great
influence in absorption/stripping performance of GLMC. Further it has been
identified AASs are potential absorption liquids in GLMC applications because it
have lower potential of membrane wetting due to its high surface tension and good
recyclability than the conventional absorption liquid while providing the same
absorption performance. The absorption/stripping studies using aqueous ammonia
revealed it can be used in GLMC applications. However the two main problems
extensive membrane wetting and ammonia slip from the solution have to be
overcome successfully. Enhanced CO2 desorption (based on pH-shift) studies
revealed by reducing the CO2 rich solution pH the absorption liquid can be
regenerated effectively. Finally the developed mathematical model well describes the
GLMC process.

Keywords: Thermally induced phase separation; Hollow fiber; Gas liquid membrane
contactor; Carbon dioxide; Absorption; Stripping.
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)Title and Abstract (in Arabic

ومذجة و دراسة تجزيبية المتصاص غاس ثاوي أكسيذ الكزبون وتجزيذه مه سائل
االمتصاص باستخذام األلياف المسامية المجوفة
الملخص
ٖٝذف ٕزااىؼَو اىثحث ٜاى ٚدساسح إٍناّٞح فصو خيٞط غاصاىَٞثاُٗ/ثاّ ٜأمسٞذ اىنشتُ٘ ت٘اسطح اىَزٝثاخ
اىسائيح ٗذدذٝذ ٗاػادخ ذذٗٝش ٗاسرخذاً اىَزٝة اىغْ ٍِ ٜخاله آىٞح اٍرصاصٗ /اّرضاع غاص ثاّ ٜامسٞذ
اىنشتُ٘ ٍِ اىَزٝثاخ حٞث سردشٕ ٛزٓ اىؼَيٞاخ ٍِ خاله األىٞاف اىَساٍٞح اىَد٘فح.
ٝؼَو اىغشاء اىَساٍ ٜم٘اخٖح ت ِٞاىغاص ٗاىَزٝة اىسائو .ف ٜحاىح فصو غاص اىَٞثاُ ٗ /ثاّ ٜأمسٞذ اىنشتُ٘
ت٘اسطح األىٞاف اىَساٍٞح اىَد٘فٔٝ ،رٌ اٍرصاص غاص  ٍِ CO2خاّة غاص اىرغزٝح ٍِٗ خاله اىغشاء
اىَساٍ .ٜىقذ خزتد ٕزٓ اىرقْٞح إرَاٍاخ مثٞش ٍِ اىثاحث ِٞف ٜاىسْ٘اخ األخٞشجٗ ،ىقذ ذٌ اإلتالؽ ػِ ّرائح
ذدشٝثٞح ّٗظشٝح ٍثٞشجٗ .ىنِ ال ذضاه ٕزٓ اىرقْٞح ٍ٘ضغ إرَاً مثٞش ت ِٞاىثاحثْٕ .ِٞاك ذقاسٝش قيٞيح ػِ
ػَيٞاخ ذدشٝذ غاص ثاّ ٜأمسٞذ اىنشتُ٘ ٍِ اىسائو اىَزٝة ٍِ خاله اىغشاءاىَساٍٗ ٜػَيٞح االّرضاع .اىٖذف
اىشئٞسٕ ٍِ ٜزا اىثحث ٕ٘ دساسح اىدذٗ ٍِ ٙاألىٞاف اىَد٘فح اىَساٍٗ ٔٞدساسح ذأثٞش ٍخريف اىس٘ائو اىَاصح
ٍٗؼاٞٝش اىرشغٞو ٍثو دسخح حشاسج االّرضاعٍٗ ،ؼذه ذذفق اىسائوٍٗ ،ؼذه ذذفق اىغاص ٗاىضغط ػثش االىٞاف
اىَساٍٞح .مَا ٗسٞرٌ إخشاء ٍحاٗىح ىيرخفٞف أٗاىقضاء ػي ٚذشطٞة اىغشاءػِ طشٝق صٝادج ضغط اىغاص أٗػِ
طشٝق ذحسٍ ِٞقاٍٗح ذشطٞة سطح اىغشاء ػثش ذؼذٝو اىسطحٗ .سٞرٌ اىقٞاً ترداسب اىغَش ىيرحقق ٍِ ذط٘س
ذشطٞة اىغشاء ٗاألسثاب اىَقاتيح تَا ف ٜرىل ٗقد اىغَش ّ٘ٗ،ع ٗذشمٞض اىَادج اىَاصح .ػالٗج ػي ٚرىل سٞرٌ
ذط٘ٝش َّ٘رج سٝاض ٜشاٍو ىؼَيٞح االٍرصاص/االّرضاع ت٘اسطح أغشٞح األىٞاف اىَد٘فحٗ .س٘ف ٝشَو
اىَْ٘رج اٟثاساىحشاسٝح ٗذأثٞش ذثخش اىَٞآ.
كلمات البحث :اىفصو اىَسرحث اىحشاس ،ٛاألىٞاف اىَد٘فح ،ق٘اطغ األغشٞح ٍات ِٞسائو ٗغاص ،االٍرصاص /
االّرضاع ،غاص ثاّ ٜامسٞذ اىنشتُ٘.
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1 Chapter 1: Introduction
1.1 Overview
Having long been overlooked as an energy source, natural gas has become –
over the past two decades – a crucial part of the energy mix, mainly because of its
abundance and its low carbon content relative to other fossil fuels. Natural gas
consists primarily of methane but it also contains considerable amounts of
contaminating compounds mainly CO2. The presence of CO2 reduces the heating
value of the gas and due to its acidic character causes several operational problems.
Hence the removal of CO2 from natural gas is crucially important. As a hybrid
approach of conventional chemical absorption/stripping technology and membrane
gas separation, GLMC has been considered as one of the possible alternative to
conventional techniques for CO2 capture.
In GLMC absorption/stripping processes the porous hydrophobic membrane
acts as a fixed interface between the gas and the liquid phase without dispersing one
phase into another. Although the GLMC for CO2 separation has been extensively
studied and proven to be promising alternative for CO2 capture, there is still a long
way ahead before this technique to completely replace the existing CO2 separation
technology. Because yet there are some inherent problems exist in GLMC
technology and these problems have to be resolved successfully to completely
commercialize the technology. The focus of this research work is to investigate the
potential for the energy efficient and effective separation of CO2/CH4 gas mixture via
lean solvent and regenerating of the rich solvent through absorption/stripping
mechanism taking place in a hollow fiber GLMC process.
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1.2 Statement of the Problem
The presence of CO2 in natural gas reduces the heating value of the gas in
power plants and due to its acidic character cause corrosion in equipment and
pipelines [1]. This makes the removal of CO2 from natural gas of crucial importance.
The traditional method for CO2 separation is amine scrubbing. Although high
product yields and purities can be obtained, the disadvantage of this method is its
high energy consumption in combination with high liquid losses due to evaporation
of the solvent in the stripper [2, 3]. In addition, as liquid and gas streams cannot be
controlled independently the occurrence of flooding, foaming, channeling and
entrainment of the absorption liquid also limits the process [4].
Membrane technology is a promising method to replace the conventional
absorption technology. It has a high energy efficiency, easy to scale-up because of its
modular design and it has a high area-to-volume ratio [5]. A limitation can be found
in the permeability-selectivity tradeoff relation.
A membrane contactor combines the advantages of membrane technology
with those of absorption liquid [2, 5]. In a membrane contactor the microporous
membrane acts as an interface between the feed gas and the absorption liquid without
dispersing one phase into another. Hence the operational limitations take place in
conventional absorption technology such as flooding, foaming, channeling and
entrainment of the liquid can be resolved. Further the employment of microporous
membrane elucidates the permeability-selectivity tradeoff relation drawback
challenged in membrane technology.
Therefore the GLMC for CO2 capture have attracted great research interest
over the past decade of many researchers. Although the GLMC for CO2 separation
has been extensively studied and proven to be promising alternative for CO2 capture,
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there is still a long way ahead before this technique to completely replace the
existing CO2 separation technology. Because yet there are some inherent problems
exist in GLMC technology and these problems have to be resolved successfully to
completely commercialize the technology.
Firstly, as membrane itself represents the core of GLMC process, polymer
material, method of fabrication and fabricating conditions have to be optimized to
improve the ultimate membrane morphology and performance. In spite of vital
developments still researchers are making efforts to prepare membranes that provide
the outstanding performance in GLMC applications. Particularly several researches
are going on to fabricate membranes with better hydrophobicity. Further absorption
liquid also plays an important role in GLMC separation performance. Generally used
absorption liquids such as alkanolamines are inherently problematic, due to their
volatility, degradability, and high energy consumption for regeneration [6].
Specifically amine solutions due its low surface tension can easily penetrate inside
the membrane pores and cause the membrane wetting slowly with time [6, 7]. So
absorption liquids with more favorable characteristics for CO2 capture are thus being
requested. Moreover, despite the fact that solvent regeneration is responsible for the
major cost component in gas separation processes due to energy consumption, only a
few recent studies have been conducted on CO2 stripping using hollow fiber
membrane contactor. Therefore, still much research and development efforts are
needed to fully commercialize the CO2 absorption/stripping process in GLMC.
1.3 Research objectives
Gas liquid membrane contactors as CO2 absorber/stripper have attracted great
attentions in recent years, and exciting experimental and theoretical results have been
reported. Although the GLMC for CO2 separation has been extensively studied and
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proven to be promising alternative for CO2 capture, there is still some inherent
problems exist in GLMC technology and these problems have to be resolved
successfully to completely commercialize the technology. Further the studies on
membrane contactor as CO2 stripper compared to as CO2 absorber have started
recently and there are only few reports documented in the open literatures, despite
the fact that solvent regeneration is responsible for the major cost component in gas
separation processes due to energy consumption. From that point of view the main
objectives of this research “Modeling and Experimental Study of Carbon Dioxide
Absorption/ Stripping in Gas-Liquid Membrane Contactor” are as follows:
a)

Fabrication and characterization of polymer hollow fiber membranes suitable
for CO2 separation in GLMC applications.

b)

Energy efficient and effective separation of CO2/CH4 gas mixture through
absorption/stripping mechanism taking place in homemade gas liquid
membrane contactor modules.

c)

Developing a mathematical model for CO2 absorption/stripping process in
GLMC

1.4 State of CO2 absorption /stripping in GLMC
Separation of CO2 by hollow fiber membrane contactor is a promising
alternative to conventional techniques such as column absorption/stripping. In
membrane contactor absorption/stripping processes the porous hydrophobic
membrane acts as a fixed interface between the gas and the liquid phase without
dispersing one phase into another. In the case of CO2/CH4 separation, CO2 diffuses
from the feed gas side through the membrane and is then absorbed in the selective

5

absorption liquid. The loaded liquid circulates from the absorber to the stripper, a
second membrane contactor in which stripping of CO2 occurs (Figure 1.4.1).

Figure 1.4.1: Membrane gas absorption/stripper process
A comprehensive evaluation of the recent developments in membrane based
technologies for CO2 removal was covered by Luis et al. [8] and Lia et al. [9] . The
major advantages of the membrane contactor are the larger interfacial area, a better
device-modularity and more operational flexibility. In order to improve CO2 removal
efficiency, several factors such as membrane morphology, absorption solutions and
operating conditions have been considered in the literature [5, 8-11]. The effect of
these factors upon

membrane contactor as CO2 absorber has been extensively

studied by several researchers and exciting experimental and theoretical results have
been reported [12-29].
The membrane itself represents the core of any membrane process. The final
morphology and performance of the membrane depend upon polymer choice, method
of fabrication and fabricating conditions [30]. Due to the possibility to modulate their
intrinsic properties such as thermal, mechanical and chemical stability and
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hydrophobicity etc. polymeric membranes have attracted much more interest [31,
32]. In the recent years polyvinylidene fluoride (PVDF) has become one of the more
popular membrane materials [33]. Among the several methods employed in the
fabrication of PVDF membranes, thermally induced phase separation (TIPS) method
was widely used because of its simplicity and flexible production scales [34-43].
Spinning factors such as dope extrusion temperature and extrusion rate, take-up
speed, air gap, bore fluid type and flow rate must be controlled at the best condition
in order to produce the high performance membrane. In spite of vital developments
still researchers are making efforts to prepare membranes that provide the
outstanding performance in GLMC applications. Nevertheless, fabrication of high
performance PVDF membrane remains challenging and fabrication process has to be
optimized.
The absorbent liquid can be either physical or chemical solvent. The selection
of absorbent should be based on high reactivity with CO2, high surface tension
(ideally the liquid should be unable to wet the membrane), chemical compatibility
with the membrane material, good thermal stability and easiness of regeneration [9].
Various liquid absorbents have been studied experimentally [32] .These include pure
water, and aqueous solutions of NaOH, KOH, alkanolamine and amino acid salts and
some novel solvents. Feronet.al [44] employed polyolefin membranes with the novel
absorbent liquid (CORAL) based on mixtures of salts and amino-acids. The novel
absorbent showed an excellent performance in terms of system stability and mass
transfer. In any case the major draw-back with chemical solvents is the high energy
requirement to regenerate the solvent.
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The GLMC module configuration plays a vital role in governing the overall
mass transfer coefficient of the module and hence separation performance of the
GLMC module. Eventual module configuration depends on selected design features
such as regularity of fibers (polydispersity and spatial arrangements of fibers),
packing density, length of the module and the relative flow directions such as
parallel, i.e., concurrently and counter currently, and cross flows of the two phases
[9]. Extensive theoretical and experiments studies have been carried out by
researchers in order to comprehend ultimate mass transfer coefficient of GLMC as
function of these design features and to construct the module that gives superior
separation performance regardless of other separation protective parameters [9, 24,
31, 32, 45-47].
Further, the operating condition such as gas flow rate, liquid flow rate,
absorbent liquid temperature, feed gas pressure, transmembrane pressure, absorbent
liquid conditions also greatly influence the ultimate performance of gas liquid
membrane contactor as CO2 absorber and stripper [20, 48]. Many researchers who
have dealt with membrane contactor studied the effect of these operating conditions.
It is not possible to optimize these conditions for certain values as fixing the
conditions at these values should give the optimum performance. Because so many
other qualitative parameters have great influence in performance and these operating
conditions have to be fixed depending on these qualitative parameters. However the
trend of these operating conditions on absorption/stripping performance can be
summarized [32].
The long term stability of GLMC absorption/stripping process is the foremost
concern when promoting the GLMCs for CO2 absorption/stripping in commercial
applications. Many scholars studied the long term operability of GLMC and it mainly
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depends on membrane wetting [20, 49, 50]. In order to reduce the membrane wetting
the membrane break through pressure should be high. Membrane break through
pressure depends on surface tension of the liquid, contact angle between the fluid
phase and membrane and maximum membrane pore diameter. Large contact angles
can be obtained by either using hydrophobic membranes or absorbent liquids with
high surface tension. Even though many efforts have been taken by researchers to
reduce the membrane wetting, the long term operability of GLMC is still
questionable specifically at elevated liquid pressure and temperatures [6, 51, 52].
Despite the fact that solvent regeneration is responsible for the major cost
component in gas separation processes due to energy consumption, the studies on
CO2 stripping from physical and chemical liquid absorbents using membrane
contactor have started recently and there are a few reports documented in the open
literature [3, 53-61]. In CO2 membrane stripper the CO2 loaded liquid circulates
from the absorber and then CO2 is desorbed to a sweep gas. Generally nitrogen used
as sweep gas. It was found that the sort of membrane, nature of solvent liquid and
process parameters such as liquid flow rate, rich solution temperature transmembrane
pressure and module configuration are the key parameters for the stripping operation.
In order to compare the stripping performance of different membranes, CO2stripping
flux at various operating conditions is summarized in Table 1.4.1. It can be said that
the stripping performance of gas liquid membrane contactor can be improved by
developing the PVDF membrane structure, by using novel absorbent liquids and by
optimizing the operating conditions.
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Table 1.4.1:

Comparison of CO2 stripping flux of hollow fiber membranes

Membrane
PVDF + PEG 400
PVDF + glycerol
+ NMP
PVDF + SMM
PSF
PVDF – PEG,
PEI – PEG
PTFE
PVDF + LiCl
PEI
PTFE (flat sheet)
PVDF + non
solvent additives

Operating conditions
CO2 loaded in distilled water; liquid velocity 0.4 m/s; gas flow rate 6
l/min; transmembrane pressure 0.5 × 105 Pa; temperature 50°C
CO2 loaded in distilled water; liquid velocity 0.4 m/s; gas velocity 0.02
m/s; transmembrane pressure 0.2 × 105 Pa; temperature 60 °C
CO2 loaded in DEA; liquid flow rate 200 ml/min; gas velocity 0.02 m/s;
transmembrane pressure 0.2 × 105 Pa; temperature 80 °C
CO2 loaded in distilled water; liquid flow rate 200 ml/min; gas velocity
0.02 m/s; transmembrane pressure 0.2×105 Pa; temperature 90 °C.
CO2 loaded in DEA; liquid velocity 0.8 m/s; gas flow rate 500 ml/min;
transmembrane pressure 0.2 × 105 Pa; temperature 80 °C.
CO2 loaded in MEA; liquid velocity 0.04 m/s; gas velocity 0.01 m/s;
Transmembrane pressure 0.2 × 105 Pa; temperature 100 °C
CO2 loaded in DEA; liquid velocity 0.45 m/s; transmembrane pressure
0.5 × 105 Pa; temperature 80 °C.
CO2 loaded in DEA; liquid velocity 0.9 m/s; gas flow rate 500 ml/min;
transmembrane pressure 0.2 × 105 Pa; temperature 100 °C.
CO2 loaded in K2CO3; liquid flow rate 60 ml/min; gas flow rate
30ml/min; transmembrane pressure 0.2 × 105 Pa; temperature 100 °C.
CO2 loaded in DEA; liquid velocity 0.72 m/s; transmembrane pressure
0.2 × 105 Pa; temperature 80 °C.

Removal
%

Ref

Not
mentioned

[62]

1.15 ×10−4

Not
mentioned

[57]

1.2 x 10-3

82

[59]

1.57 x 10-6

66

[63]

PVDF – PEG flux 4.0 × 10−2
PEI – PEG 3.5 × 10−2

Not
mentioned
Not
mentioned

CO2 stripping flux (mol/m2s)
4.5 × 10−5

7x10-4

[53]

[3]

1.61 × 10−2

70

[64]

2.7 × 10−2

40

[65]

1.25×10−2

Not
mentioned

[56]

PEG 400 higher stripping
flux 4.03x10-2

60

[66]
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1.5 Outline of the research work
In this study primarily polyvinylidene fluoride (PVDF) hollow fiber
membranes were fabricated via thermally induced phase separation (TIPS) method
and the fabricated membranes were characterized in order to optimize some of the
membrane fabrication conditions. The studied membrane fabrication parameters are
polymer concentration, polymer extrusion temperature and ethanol composition in
water coagulation bath. Then the fabricated membranes were characterized using
scanning electron microscopy (SEM), mercury porosimeter, gas permeation test,
liquid entry pressure of water (LEPw), contact angle measurement and strength
measurement. The separation of CO2 from CO2/CH4 mixture by using fabricated
hollow fiber membranes in a gas–liquid membrane contactor was studied in order to
confirm the potential of the process using the fabricated hollow fiber membranes.
Then the membrane that has optimal performance was used in GLMC and
absorption/stripping experiments were carried out in order to find the optimum
operation window that gives higher absorption/stripping performance. Different
module configurations and different operating parameters were adopted. Various
absorbent liquids like different amino acid salts (AAS) and aqueous ammonia
solutions were used as absorbent liquid other than conventional absorption liquids.
To improve the stripping performance, enhanced CO2 desorption (based on pH-shift)
was studied. Various ratios of amino acid to hydroxide (asymmetric solution) were
used to study the effect of pH on carbon dioxide removal performance Furthermore;
a comprehensive mathematical model of GLMC was developed.
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1.6 Organization of dissertation
This dissertation consists of five chapters. In Chapter One, overview provides the
brief note about this research project. Problem statement states the necessity of
removal of CO2 from natural gas and the major drawbacks in currently available
technologies. Research objectives identify the main goals intended to achieve in this
research. It also includes the current state of CO2 absorption /stripping in GLMC,
outline of the research and organization of this dissertation.
In Chapter Two, a detail review of necessity of removal of CO2 from natural
gas, the major drawbacks in currently available technologies, the advantages of
GLMC are provided. Further the factors that influence the overall CO2
absorption/stripping performance in GLMC are thoroughly discussed. Then
modeling procedures of CO2 absorption/stripping in GLMC are discussed. Chapter
Three is devoted to experimental work. Firstly it describes the membrane fabrication
and characterization techniques. Then it describes module construction, CO2
absorption/stripping experimental set up and detail on CO2 measurement in liquid
samples. Finally it includes the model developed for CO2 capture in GLMC.
In Chapter Four section one provides the results related to membrane
fabrication characterization, section two deals with the effect of different module
configurations, section three deals with absorption of CO2 from CO2/CH4 gas
mixture using different chemical solvents via HFMC. Next, section fours deals with
stripping of CO2 from different aqueous solvents using PVDF HFM contacting
process and section five deals with ammonia based CO2 absorption and regeneration
using HFMC. Then, section seven provides the obtained mathematical model results.
Finally, conclusions and recommendations are summarized in Chapter Five.
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2 Chapter 2: Literature Review
2.1 Introduction
2.1.1

Overview - Natural Gas
Having long been overlooked as an energy source, natural gas has become –

over the past two decades – a crucial part of the energy mix, mainly because of its
abundance and its low carbon content relative to other fossil fuels. According to BP
Energy Outlook 2035, global natural gas demand is expected to grow by 1.9% p.a.,
reaching around 490 Bcf/d by 2035. The Figure 2.1.1 shows the evolution in natural
gas demand by sector [67].

Figure 2.1.1: Evolution in natural gas demand by sector
The composition of the raw natural gas extracted from producing wells
depends on the type, depth, and location of the underground deposit and the geology
of the area. The Figure 2.1.2 shows the largest proved reserve holders of natural gas
in January 2014 and Table 2.1.1 outlines the typical makeup of natural gas before it is
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refined [68]. Natural gas consists primarily of methane as the prevailing element but
it also contains considerable amounts of light and heavier hydrocarbons as well as
contaminating compounds of CO2, N2, He, H2S and etc.
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Figure 2.1.2: Largest proved reserve holders of natural gas, January 2014
Table 2.1.1:

Typical composition of Natural gas

Component

Chemical formula

Composition (%)

Methane

CH4

70-90

Ethane, propane, Butane

C2H6, C3H8, C4H10

0-20

Carbon Dioxide

CO2

0-8

Oxygen

O2

0-0.2

Nitrogen

N2

0-5

Hydrogen sulfide

H2S

0-5

Rare gases

He, Ne, Ar, Xe

Trace
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The natural gas that is not within certain specific gravities, pressures, Btu
content range, or water content levels will cause operational problems, pipeline
deterioration, or can even cause pipeline rupture [68, 69]. For instance the presence
of acid gases such as CO2 and H2S can cause corrosion of pipeline and equipment
and they present a major safety risk. Also they reduce the energy content of the gas
and affect the selling price of the natural gas. Further in Liquefied Natural Gas
(LNG) processing plant, while cooling the natural gas to a very low temperature, the
CO2 can be frozen and block pipeline systems and cause transportation drawback
[70]. Other troubles caused by water and other impurities are burners and catalysts
damage, air pollution and foaming in gas dryers and CO2 removal units.
Consequently, natural gas produced at the wellhead, which in most cases contains
contaminants and natural gas liquids must be processed, i.e., cleaned, before it can be
safely delivered to the high-pressure, long-distance pipelines that transport the
product to the consuming public. The natural gas product fed into the mainline gas
transportation system must meet specific quality measures and Table 2.1.2 provides
the standard for the natural gas specification in pipeline grid in order for the pipeline
grid to operate properly [68, 69].
Table 2.1.2:

U.S. pipeline composition specifications for natural gas delivery
Components

U.S. pipe line specification

CO2

< 2 mol%

H2S

< 4 ppm

H2O

<120 ppm

C3+

950-1050 Btu/scf dew point -20 oC

Total inerts

< 4 mol%
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2.1.2

Natural gas processing
A typical natural gas processing plant, as can be seen in Figure 2.1.3, mainly

consists of a gasoil separator, condensate separator, dehydrator, acid gas removal
unit, nitrogen extractor or nitrogen rejection unit and a fractionator [71]. There are
many different processing systems depending on the nature of the gas, the location of
the plant etc. But the most common procedure is explained here. First, a slug catcher
is in place to separate gas, hydrocarbon condensate and inlet water. The gas stream is
then sent to the inlet separators where the gas, liquid hydrocarbons, liquid water
and/or solids are separated. The liquids are sent to a three-phase separator where
hydrocarbon condensate and water/methanol or water/glycol are outputs. Overhead
gas from the three-phase separator is re-compressed, if needed, and used as fuel gas.
The hydrocarbon condensate is stabilized to be safe for transportation, by removing
the light fractions by distillation, before it is shipped. The next step in the process is
acid gas treating, where the acid gases like CO2 and H2S are removed. If the pressure
is not at the desired level, the next step is inlet compression. After that, dew point
control and natural gas liquid recovery is executed. Water dew point control is
required to meet the specifications and control hydrate formation. Preventing hydrate
formation can either be done by lowering the hydrate formation temperature with
chemical inhibition or remove the water by dehydration. Hydrocarbon dew point
control or hydrocarbon liquid recovery is done by cooling the gas and condensing out
the liquids. If the gas is produced at a pressure lower than sales pipeline pressure it is
compressed to sales gas pressure. The gas is transported at high pressure in order to
have a smaller pipe diameter. [14]
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Figure 2.1.3: An example of a natural gas processing plant
2.1.3

Acid gas removal
One of the most important processes employed in natural gas treatment is the

removal of acid gases, i.e., hydrogen sulfide and carbon dioxide. A wide variety of
acid gas removal technologies are available. They include absorption processes,
adsorption processes, cryogenic processes and membrane contactors.
Absorption process
Absorption is the well-established method for the removal of acid gases from
natural gas where a component of a gaseous phase is contacted with a liquid in which
it is preferentially soluble. Absorption is usually carried out in a countercurrent tower
(column), through which liquid descends and gas ascends. As per the needed surface
area for gas-liquid contact, the absorption tower may be fitted with required trays,
filled with packing, or fitted with sprays or other internals. Depend on the feed gas
CO2 partial pressure, temperature and required percentile of acid gas removal either
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physical or chemical solvents are employed as absorption liquids. Selexol, Rectisol
and Purisol are the most widely used physical solvents for CO2 capture.
Alkanolamines such as MEA, DEA, MDEA, AMP and mixture of amine with
inorganic carbonates are the most widely used chemical solvents [72].
The main limitation of conventional absorption towers which are dispersed
phase contactors is the gas and liquid phase cannot be separated independently. The
coupling of the gas and liquid phase allows momentum transfer across the phase
boundary. As a consequence, the mass transfer coefficients and the interfacial area
cannot be varied independently since both depend on the process/operating
conditions and are thus coupled. This interdependence of the mass transfer
coefficient and the interfacial area can lead to unstable and inefficient operation of
the dispersive type of gas liquid contactors under certain operating conditions. For
example under extreme gas and liquid-flow ratios the operation problems and
constraints like foaming, channeling, entrainment and flooding are caused. Also the
solvent used in absorption process such as amines cause corrosion of the units.
Further the chemical solvent processes are characterized by a relatively high heat of
acid gas absorption and require a substantial amount of heat for regeneration. So in
solvent regeneration processes high amount of energy consumption and solvent
evaporation due to high temperature is an immense problem. Moreover, since all of
the solvents cannot be recycled back to the absorber column, the disposal of the
solvents causes environmental hazards [68].
Adsorption process
In gas separation application, the process of adsorption is described as the
adhesion or retention of selective components of feed gas stream brought into contact
to the surface of certain solid adsorbent as the result of the force of field at the
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surface [73]. As the surface of an adsorbing material may exhibit different affinities
for the various components of a fluid, it offers a straightforward means of
purification (removal of undesirable components from a fluid mixture).
One of the successful application for bulk separation of CO2 from CH4 is
performed by using Engelhard molecular gate, a commercial brand name adsorbent
developed by Engelhard Corporation [68]. The first application of molecular gate
CO2 removal system is at the Tidelands Oil Production Company operated facility in
Long Beach, California. The feed source for this unit is hydrocarbon rich associated
gas from enhanced oil recovery section. The feed more typically operates at 30-40%
of CO2 and the adsorbent able to reduce CO2 level less than 2% [74]. Commercial
adsorbents that show ultra porosity have been used for the selective separation of
gases, and included activated carbons, charcoal, activated clays, silica gel, activated
alumina, and crystalline alumino silicate zeolites.
The major advantages of using adsorption processes are simplicity of
operation, the relative capability of the molecular sieve beds to withstand mechanical
degradation and the possibility of simultaneous dehydration of gases and acid
removal. Also they are more environmentally benign and easier to handle(solid), and
most importantly, they can be regenerated under mild conditions and are thus more
energy efficient.
However, the industrial application of these materials as acidic gas adsorbents
is limited because of the low selectivity toward acidic gases for activated carbon and
a strong water inhibition effect for zeolite materials. And because of the immaturity
the application is imperfect [75].
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Cryogenic processes
Cryogenic separation (also known as low temperature distillation) uses a very
low temperature (-73.30 oC) for purifying gas mixtures in the separation process. It
involves cooling the gases to a very low temperature so that the CO2 can be liquefied
and separated. Cryogenic separation is widely used commercially for streams that
already have high CO2 concentrations (typically >90%) but it is not used for more
dilute CO2 streams. Recently this process was studied by several researchers
extensively [72, 76].
The advantages of this process are the suitability to liquefy and purify the
feed gas with high concentration of CO2 and for producing a liquid CO2 ready for
transportation by pipeline and does not require compression since there is no
additional chemicals used. A major disadvantage of cryogenic separation of CO2 is
the amount of energy required to provide the refrigeration necessary for the process,
particularly for dilute gas streams. Another disadvantage is that some components,
such as water, have to be removed before the gas stream is cooled, to avoid
blockages.
Membrane contactors
Since 1980s gas separation with membranes has emerged into a commercially
viable method. Nowadays, several hundreds of plants use membrane technology for
the separation of gases. Primarily non porous selective polymer membranes have
developed for a number gas separation applications. Here the selectivity is provided
by the membrane due to differences insolubility, diffusivity and/or size of the
molecules to be separated. With a selective membrane, no chemicals are needed for
the separation. With the evolution of membrane technology proficient porous
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membranes were developed to be used in GLMCs which combine the advantages of
membrane technology with conventional absorption technology. Since the main
focus of this thesis work is CO2 absorption/stripping via GLMC, the details of
membrane contactor process had been emphatically presented in the following
sections
Detailed descriptions of these conventional CO2 removal technologies and
their relative merits and drawbacks are described in several open literature sources.
The overall comparison of the widely used gas separation processes are summarized
in Table 2.2.1 . Although chemical absorption with packed columns is the most wellestablished method to remove CO2, the current market trend showed that membranes
have also proven their usefulness to compete with absorption amines technology.
2.2 Gas separation by membranes
Membrane is the selective barrier between the two phases. More than 160
years ago Mitchell recognized the fact that rubber membranes are selectively
permeable for gases [77]. The first recorded experiment on the transport of gases and
vapors in polymeric membranes was performed by Thomas Graham in 1829 [78]. In
1866, Graham postulated a solution diffusion mechanism for permeation of gases
through rubber membranes [79, 80]. He described the permeation of gases as
sequence of three steps: sorption from the upstream, diffusion through the membrane
and desorption into the downstream. The two parameters characterizing membrane
separation

performance

are

permeability coefficient

and

selectivity [81].

Permeability coefficient is the product of solubility and diffusion coefficient and
selectivity is the ratio of permeability coefficients of two gases to be separated.
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Table 2.2.1:

Overall comparison of natural gas purification technology [82]
Process

Advantages

Disadvantages



Matured and widely used technology for efficient % removal of acid gases







High purity of products can be achieved
Ease of adsorbent relocation to remote fields when equipment size
becomes a concern
Simplicity, versality, low capital investment and operation
Stability at high pressure and High recovery of products
Good weight and space efficiency and Less environmental impact
Relatively high recovery compared to other processes
Relatively high purity products




Not economical as high partial pressure is needed while using physical absorbents
Long time requirement for purifying acid gas as low pressure is needed while using
chemical solvents
Recovery of product is lower
Relatively single pure product




Recompression of permeate
Moderate purity




Highly energy intensive for regeneration
Not economical to scale down to very small size

Absorption

Adsorption

Membrane
Cryogenic







Operating issues

Amines

Membranes

User comfort level

Very familiar

Still considered new technology

Hydrocarbon losses

Very low

Losses depend upon conditions

Meets low CO2 specification

Yes (ppm levels)

No (<2% economics are challenging)

Meets low H2S specification

Yes (<4 ppm)

Sometimes

Energy consumption

Moderate to high

Low, unless compression used

Operating cost

Moderate

Low to moderate

Maintenance cost

Low to moderate

Low, unless compression used

Ease of operation

Relatively complex

Relatively simple

Environment impact

Moderate

Low

Dehydration

Product gas saturated

Product gas dehydrated
Capital cost issues

Delivery time

Long for large systems

Modular construction is faster

On-site installation time

Long

Short for skid mounted equipment

Pretreatments costs

Low

Low, unless compression used

Recycle compression

Not used

Use depends upon condition
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Until 1960s no any remarkable applications of membranes were established
in the gas separation industry. This is due to the limitation found in the permeability
selectivity tradeoff relation i.e., more permeable membranes are less selective and
vice versa. The breakthrough leading to the successful use of gas separation
membranes on a large commercial scale was the discovery of integrally skinned
asymmetric cellulose acetate (CA) membranes for reverse osmosis (RO) process by
Loeb and Sourirajan in 1960 [78]. The asymmetric membranes consist of a dense and
thin skin layer supported by a porous sub layer of the same material. The skin layer
performs the separation with a high flux because it is thin and with a high selectivity
due its high density. The porous sub layer provides the mechanical strength. The flux
of these membranes was 10 times higher than that of any membrane then available.
The subsequent progress in membrane science and technology was concentrated on
the development and refinement of these concepts. As a result commercial processes
for microfiltration, ultrafiltration, reverse osmosis and electro dialysis were all
established. The separation of gas mixtures of industrial interest with membranes
becomes economically competitive, in the late 1970s for certain applications like the
separation of hydrogen from the product stream of ammonia using the Monsanto
Prism membrane [83].
In 1980s with the development and refinement of synthetic polymer
membranes the progress in membrane science and technology was accelerated and
membrane gas separation emerged as a large scale commercial process. During this
period significant progress was made in virtually every aspect of membranology,
including improvements in membrane formation processes, chemical and physical
structures, configurations and applications [80].
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For gas separation the efficiency of the process determined by the selectivity
and permeability of the membrane material and porosity of the membrane fixed these
two values. Based on pore structure membranes can be classified broadly in to three
classes; (a) non porous (b) porous (c) asymmetric [83].
In the non-porous membranes gas separation takes place through differences
in solubility and diffusivity of gas molecules. Hence the intrinsic properties of the
membrane material determine the extent of selectivity and permeability. The nonporous membranes offer high selectivity or separation of gases from their mixtures,
but provide low rate of transport of the gases (flux). On the other hand porous
membrane for gas separation can exhibit very high levels of flux but provide less
selectivity. A porous membrane is a rigid, highly voided structure with randomly
distributed inter-connected pores. The separations of gas mixture by porous
membranes is mainly a function of the permeate character (absorption liquid) and
membrane properties like membrane pore size and pore size distribution.
Asymmetric membrane consist of two structurally distinct layers, one of which is a
thin, dense selective skin layer and the other a thick, porous matrix layer whose main
function is to provide a physical support for the skin. This combines the advantages
of non-porous and porous membranes. In this thesis work porous membranes were
fabricated and used for CO2 absortion /stripping studies. Henceforth the principles
and applications related porous membranes were considered in subsequent sections.
2.2.1

Preface of gas Liquid membrane contactor
Gas liquid membrane contactor (GLMC) is a novel gas separation system

under rapid development. These are the devices that allow gas and liquid phase to
come into direct contact with each other, for the purpose of mass transfer without
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dispersion of one phase into the other [84, 85]. GLMC is a hybrid process of gas
absorption technology and gas membrane technology, which combines the
advantages of both separation technologies by resolving the issues face by these
separation technologies distinctly [31, 32, 72, 86, 87].
In the GLMC, gas mixture flows on one side of a membrane while liquid
absorbent flows on the other side. In contrast to gas membrane separation process
(i.e., without absorbent liquid), which emphasizes the membrane selectivity, the
membranes used in the membranes contactors act only as a barrier between gas and
liquid phases, whereas the selectivity for separation is provided by the absorption
liquid. Generally the membranes used in the membranes contactors are not selective.
This means instead of non-porous - selective membranes used in the gas membrane
separation process, microporous – non selective membranes are used in membrane
contactors. Membrane with a higher selectivity often means a lower permeability
and thus produces a smaller flux. Thus, the advantage of using non-selective
membrane is a result of its greater potential to get a higher flux. Compared to
selectivity, the membrane permeability is more important for gas–liquid membrane
contactors. Compared to conventional absorption towers, which may be considered
dispersed phase contactors, the decoupling of the gas and liquid phase prevents any
momentum transfer from occurring across the phase boundary. As a consequence,
the operation problems and constraints like foaming, channeling, entrainment and
flooding are eliminated [31, 32, 72]. Ultimately compared to conventional gas
separation methods GLMC has several advantages.
Because of these specific advantages separation of CO2 by hollow fiber
membrane contactor is a promising alternative to conventional techniques such as
column absorption/stripping. GLMCs have attracted great interest over the past
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decade as CO2 absorber and stripper. In the absorber, CO2 diffuses from the feed gas
through the porous membrane and is then absorbed in the flowing liquid. Then this
CO2 rich liquid circulated form the absorber to the stripper membrane contactor
module in which stripped CO2 will be carried by sweep gas (Figure 1.4.1). Qi and
Cussler were the first to propose the idea of CO2 absorption by sodium hydroxide in
a HFMC [30]. Afterwards HF GLMC as CO2 absorber has been comprehensively
studied by several researchers and exciting experimental and theoretical results have
been reported [12, 17, 20, 22, 24, 88-90]. Currently, efficient and effective CO2
stripping from liquid absorbents by using membrane contactor has become the target
of many researchers in the field and few experimental results have been reported [3,
53-55, 57, 64].
2.2.2

Principle of gas liquid membrane contactor
In the GLMC, gas and liquid flow on the different side of the microporous

membrane and membrane acts only as a barrier between two phases without
dispersing one phase to another. In general, when hydrophobic microporous
membranes are used in membrane contactors, the gas-liquid interface is immobilized
at the opening of the pores of microporous membrane by careful control of the
pressure difference between the two phases [51]. For applications in gas–liquid
absorption/desorption, the driving force is based on the concentration gradient. The
gas molecules to be separated diffuse from the concentrated phase to the gas liquid
interface via the membranes pores, then contacts the diluted phase on the other side.
For instance, in the case of CO2/CH4 separation, as shown in Figure 2.2.1 CO2
molecules diffuses from the feed gas side through the membrane and is then
absorbed in the selective absorption liquid.
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Figure 2.2.1: CO2 molecule transport through microporous membrane
In GLMC the mass transfer process consists three steps in series: the transfer
from one phase to the membrane surface, transfer within membrane pores and
transfer from other phase interface to the bulk. Figure 2.2.2 (a) shows the
concentration profiles that are formed when species “i” is transferred from the gas
phase to the liquid and if hydrophobic membranes are used. If it is transferred from
the liquid to the gas the concentration profile is that shown in Figure 2.2.2 (b). In
order to describe this mass transfer process between two phases through porous
membrane a resistance in series model based on film theory can be used [30]. The
resistances to the mass transfer encountered in both cases are those offered by the
boundary layers and the membrane and can be drawn, as in Figure 2.2.3, by
considering an electrical analogy [84, 85].
As shown in the Fig three resistances exist in the resistance in series model:


Gas film resistance



Liquid film resistance



Membrane resistance

27

Figure 2.2.2: Concentration profiles formed when species “i” is transferred from
gas phase to liquid phase through hydrophobic membrane

Figure 2.2.3: Resistance in series model
A general expression used to calculate the flux of the species through the
membrane is:
(2.2.1)
with

(2.2.2)

hence

(2.2.3)
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where J is flux. C1 and C2 are concentration of CO2 in the two phases. Kov is overall

mass transfer coefficient. kG, km and kL are individual mass transfer coefficient of gas
phase, membrane and liquid phase respectively. m is physical solubility and E is
enhancement factor if any chemical reaction present. The correlations used to
calculate these individual mass transfer coefficients are summarized by Zhang et al.
[32]
2.2.3

Wetting criteria and prevention
Ideally in GLMC, the employed membrane should be highly hydrophobic i.e.

the pores of the membrane should be filled with gas completely. However, because
of capillary pressure and transmembrane pressure difference with time liquid may
penetrate into some pores and this phenomenon is called membrane wetting. Because
of this membrane wetting the pores of the membrane, which is originally filled with
gas, be filled with partly or completely by liquid as shown in Figure 2.2.4. The mass
transfer diffusion through gas phase is easy than the liquid phase. So resulted overall
membrane mass transfer resistance increases with wetting. The negative influence of
membrane wetting on the efficiency of CO2 capture has been widely addressed [7,
49-52, 60, 91-95].
In order to ensure an efficient separation process in GLMC, wetting has to be
addressed as the membrane wetting by liquid significantly decrease the mass transfer
coefficients of the membrane module. For a given liquid absorbent, the minimum
pressure (breakthrough pressure) to be applied on the liquid phase to enter the
membrane pore can be estimated by the Laplace equation as:

𝑃

(2.2.4)
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where σl is the surface tension of the liquid; θ is the contact angle between the fluid
phase and membrane and dmax is the maximum membrane pore diameter, with ΔP
defined as:
𝑃

𝑃

𝑃

(2.2.5)

Figure 2.2.4: Three operation mode in a hydrophobic microporous membrane
module: (a) non-wetting mode (b) partial wetting mode (c) overall wetting mode
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Wetting does not spontaneously occur if θ > 90°. Liquid penetration into the
pores will then occur only if ΔP > ΔPbr. If ΔPbr > ΔP > 0 the gas/liquid interface will
be “immobilized” at the liquid side pore opening as illustrated in Figure 2.2.4 (b).
This is the desired situation when it comes to the application of the membrane in a
GLMC. If ΔP < 0 the gas will penetrate as bubbles into the liquid phase.
As indicated in the Laplace equation, the breakthrough pressure can be
increased by either increasing the surface tension of the liquid or changing the
membrane properties. Following measures can be considered to avert the wetting
problems [52]:
(1)

Using hydrophobic membranes. Since the solvents used for CO2 absorption
are generally aqueous solutions, using hydrophobic membranes leads to
larger contact angles, and thus, is efficient in minimizing the wetting
problem.

(2)

Surface modification of membrane. Hydrophobic modification of membrane
surface can also improve its non-wettability. The hydrophobic modification
of a membrane surface can be achieved by many techniques, such as surface
grafting, pore filling grafting, coating/interfacial polymerization and in-situ
polymerization.

(3)

Selection of liquids with suitable surface tension. Since liquids with a lower
surface tension have a greater tendency to seep into the pores of a
hydrophobic membrane owing to less capillary pressure, efforts have to be
made beforehand in selecting liquids with suitable surface tension.
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Hence overall mass transfer coefficient in GLMC, be determined by three
individual mass transfer coefficients which in turn be influenced by many factors
[30]. Firstly, membrane mass transfer coefficient influenced by many membrane
inherent properties such as membrane pore size, porosity and tortuosity which on the
other hand are controlled by adopted fabrication technology. Further membrane mass
transfer coefficient also subject to whether the membranes pores are gas filled (ideal
non wetted mode) or liquid filled (non-preferred wetted mode). Next, the gas and
liquid mass transfer coefficients as well depend in GLMC module configurations and
adopted process parameters during separation process such as gas and liquid flow
rates, temperature etc. So detail understanding of these properties is vital important
for complete understanding of GLMC.
2.3 Fabrication of polymer membranes for GLMC applications
Although the overall performance of GLMC is determined by several factors,
the characteristics of membrane itself represent the core of GLMC process. The
different characteristics of membranes are generally originated by dissimilar raw
materials or fabrication methods. The final morphology of the membranes obtained
will vary greatly, depending on the properties of the materials and the process
conditions.
Generally the membrane material can be either organic or inorganic. Due to
the possibility to modulate their intrinsic properties (thermal, mechanical and
chemical stability, selectivity and permeability etc.) polymeric membranes have
attracted much more interest [33, 38, 96, 97]. A large part of membranes in use for
membrane contactors applications are polymeric. In order to enhance the separation
performance and to improve the membrane morphology several additives can be
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mixed with polymer dope solution [32, 33]. Other than membrane material the
fabrication method and the process parameters also greatly affect the obtained
membrane characteristics and morphology [83, 98]. In the next paragraphs, a survey
on some polymeric materials and preparation techniques for membranes used in
GLMC applications are presented.
2.3.1

Material selection for GLMC polymeric membrane
Selection of proper polymer material for membrane is vital important in

GLMC applications. Because, the choice of the material limits and determines the
fabrication method and characteristic of the resulting membranes. Some typical
polymer materials currently used in membrane fabrication for GLMC are:
polyethylene

(PE),

polypropylene

(PP),

polyvinylidene

fluoride

(PVDF),

polytetrafluorethylene (PTFE) and polysulfone (PS) [32]. The main characteristics of
these and other frequently used polymers as materials for microporous membranes in
GLMC applications are given in Table 2.3.1. Material selection criteria suitable for
GLMC membranes were proposed by several researchers [9, 99].
One of the main criteria is wettability of the polymer material. In order to
minimize the membrane wetting in GLMC applications the membrane surface is
preferred to be highly hydrophobic. To obtain the hydrophobic membrane surface the
primary polymer material used in membrane fabrication should be hydrophobic in
nature. The hydrophobicity of materials is often associated with their surface
tensions. The critical surface tensions of major polymeric membrane materials are
listed in Table 2.3.1. Currently, due to its low surface tension material like PP, PTFE
and PVDF [33, 100, 101] are mostly used to prepare hydrophobic membranes with or
without some molecular additives. Khaisri et al. [102] examined the MEA solution
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removal of CO2 in the gas mixture using three membrane materials, including PP,
PTFE and PVDF. Among them, PTFE demonstrated a remarkable stability with
time. The membrane wetting process in DEA solutions was investigated by Cui et al.
[92] using PP and PVDF HFM modules and revealed the wetness changing along PP
membrane fiber would be larger than that along the PVDF membrane fiber.
Another important criterion that should be considered when selecting the
membrane material is its long term stability. The long term stability of the membrane
relies on its chemical and thermal stability. Chemical stability is, membrane
materials are preferred to be non-reactive and non-soluble to the process liquids
because any reaction could possibly affect the membrane integrity and structure.
Solvent induced morphological change of the membrane worsens the membrane
performance [103]. The CO2 rich solvent is corrosive in nature and makes the
membrane material more vulnerable to chemical attack [104, 105]. To ensure the
chemical stability the compatibility of the membrane material with the solvent need
to be investigated. Surface treatment and use of composite materials are alternatives
to improve the chemical stability of the membrane [33]. Wang et al. [104]
investigated the impact of amine absorbents on membrane surfaces by using two
types of PP microporous HFMs and DEA aqueous solutions. They found that both
types of PP HFs suffered changes in terms of pore structure and surface roughness
after being exposed to DEA aqueous solutions. Membrane – solvent compatibility
was studied by Dindore et al. [23] for different hydrophobicity membranes and
physical solvents. Based on their results, only PTFE and PP membranes were found
to be compatible with some of the selected organic solvents.
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Table 2.3.1: Main characteristics of frequently used polymers for microporous
membranes in GLMC applications
Polymer
(abbreviation)

σ
(dynes/cm)

Tg
(°C)

Notes

Ref

Polyethylene
(PE)

31

-120

High thermal and
chemical stability

[30]

Polypropylene
(PP)

29

-15

Chemical stability;
hydrophobic

[30, 33]

Polysulfone
(PS)

41

190

Polyethersulfone
(PES)

47

230

High thermal and
chemical stability

[30, 33]

Poly(vinylidene
fluoride)
(PVDF)

25-28.5

-40

Thermal stability;
inherently hydrophobic

[106]

126

High thermal and
chemical stability;
inherently hydrophobic

[30, 33]

Polytetrafluoroethylene
(PTFE)

18.5-

High mechanical stability [30, 33]

The thermal stability of the membrane material also an important feature to
be considered when selecting the polymeric material for membrane in GLMC
applications. Under high temperatures, the membrane material may undergo
degradation or decomposition [9]. Specifically in CO2 stripping applications since the
absorbent liquid is at high temperature. For amorphous polymers the glass transition
temperature and for crystalline polymers melting point temperature regulates the
extent of membrane change with temperature. Above these temperatures the
performance and characteristics of the membrane change drastically. As indicated in
Table 2.3.1 that PE and PP have very low Tg values. This could contribute to the
reported instability and wetting problems associated with them [9, 107]. It can be
noted that fluorinated polymers such as PVDF and PTFE possess higher Tg values
than the non- fluorinated polymers. Many researchers confirmed fluorinated
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polymers are ideal polymeric materials in terms of thermal stability [9, 20, 31, 32,
52, 87, 100, 101, 108, 109].
Moreover mechanical stability of the membrane materials also important
because membranes should be mechanically strong enough to withstand
transmembrane pressure. Further membranes with low thermal conductivity are
preferred so that conductive heat loss can be minimized in GLMC applications.
PVDF has received great attention as a membrane material with regard to its
outstanding properties such as high mechanical strength, thermal stability, chemical
resistance, and high hydrophobicity, compared to other commercialized polymeric
materials [33]. Although the hydrophobicity is not as high as PP and PTFE, PVDF is
most preferred as membrane material because it easily dissolves in common organic
solvents [23, 33]. Hence PVDF membranes can be produced via phase inversion
method by a simple immersion precipitation process. Whereas the fabrication of PP
and PTFE membranes via phase inversion process is limited due to the complexity in
solvent selection [23]. So PVDF has been extensively used as polymeric membrane
material and currently being explored as potential candidate in GLMC applications
[55, 57, 59, 66, 110-112].

2.3.1.1 Effect of non-solvent additives
In order to improve the membrane properties specifically pore structure and
hydrophobicity of the surfaces, several type of additives such as pore forming agent
and surface modifying macromolecules can be added with primary polymer solution
[13, 33, 83]. The type of additives used in the fabrication of PVDF membranes could
be divided into three categories: (a) low molecular weight additives, (b) high
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molecular weight additives or known as polymeric additives and (c) other types of
additives.
As a pore forming additive, low molecular weight inorganic salts have
attracted great interest over the past decades [33, 113-116]. The mixing of LiCl salt
with primary polymer solution had remarkably changed the morphology and pore
structure of the membrane. Bottino et al. [113] prepared PVDF flat sheet membranes
and studied the influence of LiCl on pore structure and membrane morphology. They
concluded more porous structures are formed by increasing the amount of LiCl.
Wang et al. [114] prepared PVDF HFMs with the use of LiCl/non-solvent mixture in
the dope solution. The fibers obtained exhibited good mechanical strength and high
permeate flux. Another type of inorganic salt lithium perchlorate (LiClO4) was also
found to be employed as an additive to improve the membrane properties [115, 116].
The addition of LiClO4 significantly increases the solution viscosity and thus resulted
in more uniform pore size distribution.
High molecular weight additives such as Polyvinylpyrrolidone (PVP) and
polyethylene glycol (PEG) also tried by several researchers in order to improve the
obtained membrane morphology and performances [66, 106, 111, 117] . Wang et al.
[106] studied the influence of PVP addition on PVDF membranes and reported the
addition of PVP enhance the non-solvent influx up on immersion in the coagulation
bath, thus favoring the formation of large finger like macrovoids in PVDF HF
membranes. Also they observed a significant increase in the effective porosity of
PVDF HF membrane, with membrane mean pore size, remained fairly consistent
when PVP was used as an additive. Mansourizadeh [62] et al. was introduced PEG400 into the polymer dope as a non-solvent additive in order to develop the structure
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of microporous PVDF membranes. They exhibited with the addition of 4 wt.% of
PEG-400 the membrane structure changed from a finger-like to an approximately
sponge-like morphology. Moreover they reported CO2 stripping flux of 4% PEG-400
added PVDF membrane was 125% higher than the plain membrane.
Several other type of additives such as glycerol, water and o-xylene also tried
by several people to enhance the obtained membrane performance [13, 33, 118].
Nayef et al. [13] was used o-xylene as an additive in the preparation of PES HFMs.
They observed that the addition of o-xylene to the cast solution reduced water
permeability, reduced membrane pore size, and increased membrane strength and
water contact angle and hence the HFMs were more hydrophobic. Another type of
non-solvent additive, that is 1,2-ethanediol, has been employed by Khayet et al.
[119] and resulted in the increase in maximum pore size, hence improving the pure
water flux.
2.3.2

Fabrication of porous polymer membranes
There are several methodologies available to fabricate porous polymer

membranes. The most important methods are:


Sintering



Track etching



Stretching



Phase inversion

Sintering
Sintering is a simple technique to prepare porous membrane from polymeric
powder material. In this method powder of polymeric material consisting, particles of
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desired size is pressed into a film or plate and sintered just below the melting point
depend on the material used. During sintering the 'interfaces' between the contacting
particles disappears and become as pores in the prepared membrane [83]. The
resulted membrane characteristics mainly depend on the particle size and particle
size distribution of the powder material used. Mostly the membranes prepared by this
technique have microporous structure with porosity in the range if 10 - 40% and a
rather irregular pore size distribution range from 0.1 to 10 µm, the lower limit being
determined by the minimum particle size [30].
Track etching
Microporous membranes with uniform and perfectly round cylindrical pores
can be obtained by this method. In this method a film or foil is subjected to high
energy particle radiation applied perpendicular to the film. The particles damage the
polymer matrix and create tracks. The film is then immersed in an acid or alkaline
bath and the polymeric material is etched away along these tracks to form uniform
cylindrical pore with a narrow pore size distribution. Pore sizes can range from 0.02
to 10 µm, but the surface porosity is low (about l 0% maximum) [83].
Stretching
Microporous membranes can be also prepared by stretching a homogeneous
polymer film made from a partially crystalline material. Films are obtained by
extrusion from a polymeric powder at temperature close to the melting point coupled
with a rapid draw-down. Crystallites in the polymers are aligned in the direction of
drawing; after annealing and cooling, a mechanical stress is applied perpendicularly
to direction of drawing. This manufacturing process gives a relatively uniform
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porous structure with pore size distribution in the range of 0.2 – 20 µm and of
porosity about 90% [30, 83]
Phase inversion
Phase inversion is the widely used method to fabricate porous as well as
nonporous membrane. In this method the membranes are prepared by controlled
phase transformation of polymer dope solution from a liquid to solid state. The
process of solidification very often initiated by the transition from one liquid phase
(dope solution) into two liquid phases (liquid – liquid demixing): one with a high
polymer concentration and one with a low polymer concentration. The concentrated
phase solidifies shortly after phase separation and forms the membrane matrix. The
performance of this membrane strongly depends on the morphology formed during
phase separation, and subsequent (or almost simultaneous) solidification.
The formation of two different phases i.e. a solid phase forming the polymeric
structure and a liquid phase generating the pores of the membrane is induced by
several ways. They are mainly [83, 96]:


Thermally induced phase separation (TIPS): This method is based on the
phenomenon that the solvent quality usually decreases when the temperature is
decreased. After demixing is induced, the solvent is removed by extraction,
evaporation or freeze drying.



Non solvent induced phase separation (NIPS): A polymer solution is cast as a
thin film on a support or extruded through a die, and is subsequently immersed
in a nonsolvent bath. Precipitation can occur because the good solvent in the
polymer solution is exchanged for nonsolvent.
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Air-casting of a polymer solution: In this process, the polymer is dissolved in a
mixture of a volatile solvent and a less volatile nonsolvent. During the
evaporation of the solvent, the solubility of the polymer decreases, and then
phase separation can take place.



Precipitation from the vapor phase: During this process, phase separation of the
polymer solution is induced by penetration of nonsolvent vapor in the solution.
Phase inversion technique often utilized to prepare membranes and in this

research work thermally induced phase separation technique (TIPS) was adopted to
prepare the membranes. Concepts of TIPS process are discussed in detail in the
following section.
2.3.3

Thermally induced phase separation (TIPS)
TIPS process induces solid – liquid phase separation by removing thermal

energy from the system. The main four steps involve in the process are [83]:
1.

A homogeneous solution is formed at an elevated temperature by blending the
polymer with a high boiling point, low molecular weight solvent.

2.

The solution is then cast into the desired shape (flat sheet or HF).

3.

The casted solution is cooled at a controlled rate or quenched to induce phase
separation.

4.

After the polymer is solidified by crystallization or glass transition, the
diluent is extracted by solvent exchange and the extractant is usually
evaporated to yield a microporous structure
A large number of microporous membranes with a variety of morphologies

have been prepared by TIPS process [44]. Semicrystalline polymers, like PVDF and
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PTFE are usually used in the TIPS process, as this can withstand high temperatures
[45]. The formation of a membrane by TIPS can be explained by referring to
appropriate equilibrium phase diagrams and to the theory of phase equilibrium in
polymer systems. Many fundamental thermodynamic and kinetic studies have been
done on membrane formation via TIPS [76]. In TIPS microporous polymeric
membranes can be formed via solid-liquid phase separation or via liquid-liquid phase
separation with subsequent solidification of the polymer.
The TIPS process is possible because of the thermodynamic instability of a
polymer diluent system that is induced by lowering the system temperature. This
thermodynamic instability can be examined on a phase diagram, such as Figure 2.3.1
[36, 38]. Above the binodal and the crystallization curves is the one phase region
where the homogeneous solution of polymer and diluent exits. Left of the monotectic
point, below the binodal curve, but above the crystallization curve, is the two phase
liquid-liquid region where the solution phase separates in to two liquid phases in
equilibrium. Right of the monotectic point, below the equilibrium crystallization
curve is the two phase solid-liquid region. Below the crystallization curve, the
polymer is a solid. In this solid-liquid region, the diluent is not capable of dissolving
the entire polymer, and the polymer crystallizes. Starting with a polymer
concentration greater than the monotectic value results in membrane formation via
solid-liquid phase separation (crystallization of the polymer) while an initial mixture
of polymer concentration less than the monotectic value results in membrane
formation via liquid-liquid phase separation followed by crystallization of the
polymer.
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The liquid-liquid TIPS process is represented schematically in Figure 2.3.1 by
the semi-crystalline polymer-diluent mixture of composition Φm heated to an
elevated temperature (represented by A) above the liquid-liquid phase envelope. The
membrane formation process begins at point A where the homogeneous solution is
extruded as a fiber. As the fiber cools, the system coordinate moves down the dashed
line towards point B. Along the way, the solution phase separates when it reaches the
binodal curve , diluent-rich domains form in a continuous polymer-rich matrix phase,
and those domains grow in size until the crystallization curve is reached and the
polymer solidifies. If point A was to the left of the critical point instead of the right,
the process would be the same except polymer-rich domains form in a continuous
diluent-rich matrix phase. Since the polymer-rich phase is not continuous in this
case, a membrane cannot be formed.

Figure 2.3.1: General liquid-liquid TIPS phase diagram
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If point A was to the right of the monotectic point, the solution would
undergo solid - liquid TIPS instead of liquid-liquid TIPS. In solid - liquid TIPS, the
polymer crystallizes directly out of the homogeneous solution. Membranes can be
formed with this phase separation. Solid-liquid TIPS leads to a spherulitic structure
in most cases. For the membrane to have integrity, the spherulites must impinge. To
yield useful porous membranes from these structures a nucleating agent is typically
added in step 1 above. In membranes formed through solid-liquid phase separation,
control over the pore size of the membrane is limited. In membranes formed through
liquid-liquid phase separation pore sizes are a reflection of the domain size of the
diluent rich phase. Therefore, it is expected that better control over the pore size can
be achieved through liquid-liquid TIPS. In recent years extensive studies have been
conducted in the area of membrane formation via TIPS and more comprehensive
detail can be found in related review papers and research papers [36-38, 96, 120,
121] .
2.3.4

Preparation technique of HFM
Basically, the membranes can be prepared in two configurations: flat

membranes or HFMs. Fabricating the laboratory scale flat sheet membranes is
relatively easy compare to fabricating HFMs. Free flat membranes can be obtained
by casting the polymer solution upon a metal or glass plate depends on dope solution.
After coagulation the free flat sheet can be collected.
A basic schematic drawing depicting the preparation of HFMs is shown in
Figure 2.3.2 [83]. A viscous polymer solution containing polymer, solvent and
sometimes additives (e.g. a second polymer or a non-solvent) is pumped through a
spinneret. The polymer solution being filtered before it enters the spinneret. The
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viscosity of the polymer solution must be high in general. The bore injection fluid is
pumped through the inner tube of the spinneret. After a short residence time in the air
or a controlled atmosphere the fiber is immersed in a non-solvent bath where
coagulation occurs. The fiber is then collected upon a take up drum.
The main spinning parameters are: the extrusion rate of the polymer solution;
the bore fluid rate; the 'tearing-rate'; the residence time in the air-gap; and the
dimensions of the spinneret. These spinning parameters interfere with the membrane
foaming parameters such as the composition of the polymer solution, the
composition of the coagulation bath, and its temperature and determines the final
morphology and characteristics of the fabricated membrane. So careful monitoring
and controlling of these spinning parameters are necessary in order to prepare the
desire HFMs.

Figure 2.3.2: Basic schematic drawing depicting the preparation of hollow fiber
membranes
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2.3.5

Influence of preparation parameters on membrane morphology
As mentioned in the previous section the spinning parameters such as

extrusion rate of the polymer solution, bore fluid rate, 'tearing-rate', residence time in
the air-gap and dimensions of the spinneret and membrane foaming parameters such
as composition of the polymer solution, composition of the coagulation bath, and its
temperature determines the final morphology and characteristics of the fabricated
membrane. In brief subsequent paragraphs describes how these some selected factors
affect the membrane morphology, performance and summarize the related research
work carried out on these parameters with the intention of increasing membrane
performance.
Effect of solvent system
The selection of suitable solvent in order to prepare the dope solution is a
crucial factor in the TIPS process because this has direct impact in the crystallization
process and the resulting membrane performance. Hence, there has been enormous
efforts were taken by researchers to find the optimum polymer-solvent system [33,
40, 122, 123]. The selected polymer-solvent system determines whether the
crystallization is caused by the solid-liquid separation or liquid-liquid separation. The
major factor determining the type of phase separation that occurs for a system
involving a semicrystalline polymer is the miscibility of the system, which is
associated with the strength of polymer–diluent interactions [33]. Mostly in TIPS
PVDF binary solutions, the crystallization caused by solid–liquid phase separation
[38, 96, 98]. However, this may not always be true for some systems. For instance,
Yang et al. [42] and Lin et al. [124] prepared PVDF membranes via TIPS method by
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using diphenyl ketone (DPK) and diphenyl carbonate (DPC) as a solvent and they
reported the occurrence of liquid–liquid phase separation.
Upon phase separation behavior solvent environmental affability also
considered by some researchers. Cui et al. [122] used cetyl tributyl citrate (ATBC), a
new, environmental friendly diluent to prepare PVDF flat sheet membranes and
reported prepared PVDF membranes exhibited α form, and the mechanical properties
and pure water flux are promising. Another important factor is the boiling point of
the solvent. Since the dope solutions are heated to high temperatures in TIPS process
the solvent ideally should have high boiling point. Table 2.3.2 lists the identified
solvents of PVDF typically used in TIPS process. Among these glyceryl triacetate
(triacetin) is more appropriate solvent because by adding non-solvent such as
glycerol the mechanism of membrane structural formation can be changed from
polymer crystallization to liquid–liquid phase separation and two kinds of membrane
structures i.e. interconnected and spherulites structure can be formed [41, 43]
Table 2.3.2:

The identified solvents of PVDF typically used in TIPS process
Solvent

Boiling point (oC)

N,N-Dimethylacetamide (DMAc)

165

N,N-Dimethylformamide (DMF)

153

Dimethylsulfoxide (DMSO)

189

Hexamethyl phosphoramide (HMPA)

232.5

Tetramethylurea (TMU)

202

Triethyl phosphate (TEP)

176.5

Trimethyl phosphate (TMP)

215.5

Tetrahydrofuran (THF)

56.1

Acetone (Ac)

65

Glyceryl triacetate (GTA)

259
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Effect of polymer concentration
Another parameter influencing the ultimate membrane properties is the
concentration of the polymer. Increasing the initial polymer concentration in the
casting solution leads to a much higher polymer concentration at the interface. This
implies that the volume fraction of polymer increases and consequently a lower
porosity is obtained [83]. Also phase separation means can be controlled by polymer
concentration. Further by increasing the polymer concentration the membrane
strength can be increased. The effect of polymer concentration studied by several
researchers and observed these results [33, 90, 106, 118].
Effect of composition of the coagulation bath and temperature
The composition of the coagulation bath and its temperature are other two
parameters which strongly influences the type of membrane structure formed. Water
identified as the strong non-solvent and water as the coagulation medium during
TIPS process usually leads to rapid liquid-liquid demixing and consequently
membranes with asymmetric structure consisting mostly finger-like voids could be
formed. Meanwhile, the employment of another chemical into a water bath may
induce delayed or enhanced liquid–liquid demixing of a polymer and eventually
results in the formation of membranes with different pore structure. For instance,
Young et al. [125] prepared membranes from PVDF-DMF system using water and 1octanol as coagulation medium. They reported the membrane structure changed from
finger-like structure to spherulites structure when changing the coagulation medium
from water to 1-octanol. Also by fluctuating the coagulation bath temperature the
obtained membrane structure can be varied since this also influence the phase
separation kinetics.

The effect of composition of coagulation bath and its
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temperature studied by several researchers and interesting findings were reported
[12, 110, 111, 125-128]
Effect of spinning parameters
Spinning parameters such as air gap distance, dope solution temperature, bore
fluid rate etc., adopted during membrane fabrication greatly determine the obtained
membrane morphology and performance. Several studies have been conducted to
examine how these spinning parameters affect the final membrane morphology and
to optimize the spinning parameters during membrane fabrication [106, 129-134].
Ren et al. [130] studied the effect of extrusion rate of polymer dope and
confirmed this plays an important role in fixing the ultimate membrane dimensions.
Increase in water permeation flux corresponding to the increase of shear rate was
observed and the authors explained that the shear induced molecular orientation may
have occurred but the orientation degree was small, which resulted in aggregation or
loosely connected molecule-clusters. Increasing the distance of air gap, is recognized
as a way to affect the outer skin formation of HFMs. Matsuyama et al. [39] prepared
high-density polyethylene (HDPE) HFMs via TIPS method and studied the effect of
air gap distance. According to their results the smaller air gap led to the higher water
permeability caused by the larger pore size. This is attributed to the prevention of the
diluent evaporation brought about by the shorter air gap distance depressed the
increase of polymer concentration at the outer surface.
Cui et al. [122] prepared PVDF HFMs via TIPS method by using a new,
environmental friendly diluent and studied the effect of bore fluid temperature. They
noted when the bore fluid temperature increases, the inner part of the fibers solidified
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with a lower cooling rate, allowing for more time for spherulites to grow resulting in
higher porosity and mean pore size. So consequently, the porosity and water
permeability increased while the mechanical properties of fiber decreased. Hence the
spinning parameters play a great role in ultimate morphology and characteristic of
the fabricated membrane and this have to be optimized sensibly to prepare high
performance membranes.
2.4 Absorption liquids for CO2 absorption in GLMC
In GLMC for CO2 separation the selectivity is provided by the absorbent
liquid rather than the porous membrane. Therefore proper choice of absorption
liquids also plays a vital role in determining the performance of GLMC for CO2
separation. The selection of absorption liquid should be based on the following
criteria:
a)

High absorption ability of CO2: When in contact with the liquid at the gas
liquid interface in the membrane pores, CO2 absorb into the absorption liquid
either physically or chemically. In the case of physical absorption the
absorption liquid should have high CO2 solubility, whereas in the case of
chemical absorption the absorption liquid should have high reactivity with
CO2. In both cases higher the CO2 absorption rate, higher the CO2 mass flux.
So the resistance of the liquid phase can be suppressed [9, 32, 135].

b)

High surface tension: Ideally the absorbent liquid should be unable to wet the
membrane. For that absorbent liquid should have high surface tension.
Although the membranes used for CO2 separation in membrane contactors are
usually hydrophobic, liquids with low surface tension have a greater tendency
to seep into the membrane pores and wet the membrane. In a wetted
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membrane the resistance from the stagnant liquid layer in the pores is much
and it determines the overall mass transfer resistance [52].
c)

High chemical compatibility: The absorbent liquid should not react with
membrane, which leads to changes in membrane morphology and reduction
of break through pressure. Chemical compatibility is an important factor that
decides the long term stability of the membrane module [9, 32].

d)

High thermal stability: For certain absorbent liquids the chemical reaction
with CO2 can be enhanced by increasing the liquid temperature. Also heating
the liquid to higher temperatures is the commonly adopted regeneration
method. So the absorbent liquids should possess good thermal stability and be
chemically stable within a large range of temperature, so that its thermal
degradation can be avoided.

e)

Low vapor pressure: In order to minimize the solvent losses in high
temperature applications specifically during regeneration process the solvent
should be less volatile. Further if the solvent is volatile, its vapor can fill the
membrane pores easily and even penetrate through the membrane into the gas
phase. Therefore, solvent with low vapor pressure are preferred.

f)

Low viscosity: Viscosity of the solution increases the liquid side mass
transfer coefficient in GLMC applications. Further pumping energy is high to
pump the viscous liquid. So ideally the absorbent liquid should be less
viscous.

g)

Easiness of regeneration: For the absorbent liquid to be recycled it can be
easily regenerated after the CO2 absorption without deteriorating its fresh
liquid features.

51

h)

Environmental safety: The purpose of removing CO2 from process gas
streams by absorbing in to the absorption liquids is mitigating the harsh
environment effect caused by CO2. This ultimate goal should not be
suppressed by using adverse chemical solvents that cause harm to the
environment. Hence, the selected absorption liquid should be environmental
friendly. The absorption liquid itself should not have any environmental or
toxicity issue. Also it should not form any toxic degradation products after
CO2 absorption.
Conventionally used absorbent liquid for CO2 absorption can be either

physical absorbent or chemical absorbent.
Physical absorbent
The operation of physical absorption is based on Henry‟s law. Typically in
physical absorption process, CO2 is absorbed under high pressure and low
temperature, and desorbed at reduced pressure and increased temperature. Water has
been used as physical solvent in many CO2 absorption studies. There are many
existing commercial processes such as Selexol Process, Rectisol Process, Purisol
process, Morphysorb Process and Fluor process are using chemicals as physical
absorbents to absorb CO2 from process gas streams [68, 135]. The absorbents are
dimethyl ether or propylene glycol for Selexol Process, methanol for Rectisol
Process, N-methylpyrrolidone for Purisol Process, morpholine for Morphysorb
Process and propylene carbonate for Fluor Process [135]. The major advantage of
using the physical absorbent is that it can be regenerated easily. However the
physical absorbent in GLMC have been studied by only few researchers [136, 137].
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Because of its low CO2 absorption flux and removal efficiency, physical absorbent is
not an ideal choice.
Chemical absorbent
The operation of chemical absorption is based on chemical reaction between
the absorbent liquid and CO2. CO2 is absorbed into the liquid by reacting with the
chemical species in the liquid and desorbed commonly by increasing the liquid
temperature to a higher value. Alkanolamines are the widely used chemical
absorbents for CO2 capture [4, 9, 31, 32, 135]. Although CO2 absorption by
alkanolamines is a very matured technology and has been commercialized for many
decades it has many draw backs such as low CO2 loading capacity, high equipment
corrosion rate, amine degradation, high energy consumption during high temperature
absorbent regeneration and large equipment size [9, 135]. Therefore, several
researches going on with the objective of finding effective and efficient absorbent
liquid for CO2 capture.
Various types of physical solvents have been studied as abortion in liquid in
GLMC application [23]. Due to the enhanced flux and high removal efficiency
chemical absorbents rather than physical solvents are preferred in GLMCs.
Conventionally used alkanolamines have been widely studies as absorbent liquid in
GLMC [9, 31, 32]. Other solvents like NaOH, K2CO3, amino acids, ammonia and
ionic liquids also attract special interest and currently these liquids are widely studied
by researchers as a promising alternative to conventional absorption liquids [135].
Subsequent paragraphs describe the chemistry of mostly used absorption liquids and
compare the pros and cons of these absorption liquids in GLMC applications.
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2.4.1

Alkanolamines
Alkanolamines are chemical compounds that contain both hydroxyl (-OH)

and amino (-NH2, -NHR, and -NR2) functional groups on an alkane backbone. CO2
absorption into alkanolamine solutions occurs mainly as a result of the amine group
of the alkanolamine molecule. The chemical structure of the specific amine
determines how it‟s react with CO2 and its CO2 absorption capability. Absorption
using alkanolamines is a common industrial method to remove CO2 from natural gas.
Molecular structures of commonly used alkanolamines are given in Figure 2.4.1.
Different types of amine have different reaction mechanism and kinetics. Tertiary
amines differ from primary, secondary amines and sterically hindered amines differ
from non-sterically hindered amines.
Primary amines
𝑁𝐻

Monoethanolamine (MEA)
𝑁𝐻

Diglycolamine (DGA)

𝐶𝐻

𝐶𝐻

𝐶𝐻
𝑂

𝑂𝐻
𝐶𝐻

𝑂𝐻

Secondary Amines
𝑁𝐻

Diethanolamine (DEA)

𝐶𝐻

𝐶𝐻

𝑂𝐻

Tertiary Amines
N

Triethanolamine (TEA)
Methyldiethanolamine (MDEA)

𝐶𝐻

𝐶𝐻

𝐶𝐻

𝑁

𝐶𝐻

𝐶

𝐶𝐻

𝑂𝐻
𝐶𝐻

𝑂𝐻

Hindered Amines
2-amino-2-methyl-1-proponol (AMP)

𝑁𝐻

𝐶𝐻

Figure 2.4.1: Molecular structures of commonly used alkanolamines

𝑂𝐻
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2.4.1.1 Chemical reactions of CO2 with aqueous alkanolamine solutions
The reaction between CO2 and amines are highly exothermic acid base
reaction. The amino group in the alkanolamines provides the basicity (while the –OH
group results in increased solubility of alkanolamine in water) to its aqueous
solutions. So these alkanolamines due to its basicity readily react with acidic CO 2.
The reaction of CO2 with primary, secondary and sterically hindered amines is
mostly described by zwitterion mechanism, whereas the reaction of CO2 with tertiary
amines is described by the based-catalyzed hydration mechanism [138]. The
chemical reaction involved in CO2 absorption by primary, secondary and hindered
alkanolamine are [139]:
𝑁𝐻

𝐶𝑂 ↔

𝑁𝐻 𝐶𝑂𝑂

↔

𝑁𝐻 𝐶𝑂𝑂
𝐻

𝑁𝐶𝑂𝑂 ↔
𝐻𝐶𝑂 ↔

𝑁𝐶𝑂𝑂 (carbamate)
𝑁𝐻

𝐶𝑂

(2.4.1)

𝑂𝐻

𝐻𝐶𝑂

(2.4.2)
(2.4.3)
(2.4.4)

where B is any base, which can be amine, water or OH−1 in an aqueous solution.
Commonly it is believed the reaction between CO2 and primary, secondary or
hindered amine is first order in amine and first order in CO2. According to the
steady-state principle to the intermediate zwitterion, the rate of reaction of CO2 in the
aqueous solutions can be expressed as [139, 140]:
(2.4.5)
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where k1 and k-1 are respectivelys the forward and bacward reaction rate constants
for reaction 2.4.1. kB is the bacward reaction rate constants for reaction 2.4.2. After
some modifications and assumptions such as the amine concnetration remain
constant for a particular case, the Equation 2.4.5 has been simplified further to have
single constant kapp and the following pseudo-first order rate expression results [140].
[𝐶𝑂 ]

[𝐶𝑂 ]

(2.4.6)

where [CO2] e is the concentration of molecular CO2 that is in equilibrium with the
other ionic and non-ionic species present in the solution. The significant of Equation
(2.4.6) is, it can be applied to both absorption and desorption.
The chemical reaction involved in tertiary alkanolamine is:
𝑁

𝐶𝑂

𝐻 𝑂↔

𝑁𝐻

𝐻𝐶𝑂

(2.4.7)

The rate expression for reaction (2.19) can be written as [138]:
[

𝑁][𝐶𝑂 ]

[

𝑁𝐻 ][𝐻𝐶𝑂 ]

(2.4.8)

where k3 is the reaction rate constant of reaction 2.4.7. K3 is equilibrium reaction rate
constant of reaction 2.4.7.
After some modifications and assumptions such as the forward reaction is the
dominant one and that the amine concentration does not change appreciably during
one particualr process Equation 2.4.8 can be simplified as Equation 2.4.6 [140].
It should be noted the reaction of primary secondary and hindered amine with
CO2 form carbamate whereas the reaction of a ternary amine with CO2 form
bicarbonate. Comparing to carbamate the bicarbonate dissociates easily [135].
Subsequently the CO2 absortion with ternary amines are more energy intensive than
the CO2 absortion with primary amines in terms of solvent regenration. Further from
Reaction 2.4.3, it can be seen that carbamate can be transformed into free amine
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molecules for further reaction with CO2. The stability of the carbamate determines
the enthalpy of dissociation for free amine release in Reaction 2.4.2 [135, 141].
Steric character of amines reduces the stability of the formed carbamate. Therefore
strically hindered amines such as AMP can be regenerated easily for futher CO2
absortion.

2.4.1.2 Commonly used alkanolamines for CO2 absorption
The alkanolamine most studied for CO2 absorption is MEA. The advantage of
MEA is its fast reaction with CO2 and favored complete removal of CO2 from
process gas streams. The reactivity of amines to CO2 follows the order primary,
secondary and ternary amines, for example, the reaction constants with CO2 are
7,000, 1,200 and 3.5 m3s-1kmol-1 for MEA, DEA and MDEA at 25°C, respectively
[135]. The presence of hydroxyl group enables MEA to readily dissolve into polar
solvents such as water and commonly 20 to 30 %w/w MEA solutions are used in
industrial applications. Generally, the concentration of MEA in the solution is limited
to 30 wt% due to problems with degradation products causing corrosion of the
equipment [142]. The reaction of CO2 with MEA leads to formation of stable
carbamates, thus to regenerate the MEA solution it has to be heated up to 120 °C
and need a heat load of 165 kJ per mole of CO2[135, 143]. Up to 80% of the total
cost of absorption/desorption can be attributed to the regeneration process even with
effective integration of waste heat [143].
Hence tertiary amines such as MDEA which absorb CO2 by bicarbonate
formation have been considered by several researchers [135, 141]. Although they
have lower heat of absorption the rate of absorption is slow compared to primary and
secondary amines. Consequently to overcome this problematic trade – off between
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capture rate and energy consumption during regeneration hindered amines and uses
of blends of different classes of amines are being explored. Sterically hindered
amines such as AMP are chemical compounds containing an amine functional group
surrounded by a crowded steric environment. Due to this molecular structure of
sterical hindering the carbamate formed by CO2 absorption is less stable. Generally,
introduction of this type of steric hindrance to the amine group has been found to
increase the CO2 solubility and lower the heat of absorption [135]. So sterically
hindered amines have been considered as promising option for CO2 capture by
several researchers.
The idea of blended amines are to combine an amine presenting a low heat of
absorption with a fast reacting solvent [135]. Most formulations of the blended
amines are tertiary amine based. MDEA is gaining recognition as the key component
of the blended amines because of its low energy requirements for regeneration and
comparable CO2 solubility [141]. An addition of a relatively small amount of a
primary amine such as MEA or secondary amine such as DEA into the MDEA
solution enhances the rate of capturing, while maintaining the advantages of MDEA
[141, 144]. The fast reacting amine in this process is often called a promoter.
Piperazine (PZ), a cyclic diamine which has been also widely used as the promoter
for CO2 capture because of its rapid formation of carbamate with CO2 [135]. As
being a great CO2 capture promoter, PZ have been studied by several researchers [89,
145, 146].
Numerous alkanolamine based solvents are presently being studied as
absorbent liquid in GLMC applications. However, alkanolamines are inherently
problematic, due to their volatility, degradability, and high energy consumption for
regeneration [15]. Specifically amine solutions due its low surface tension, can easily
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penetrate inside the membrane pores and cause the membrane wetting slowly with
time [6, 7]. So absorption liquids with more favorable characteristics for CO2 capture
are thus being requested.
2.4.2

Amino Acid Salts
Aqueous alkaline salts of amino acids are promising alternative among

various novel solvents that have been investigated with the objective of achieving
reduced energy consumption for solvent regeneration and eliminating the operational
difficulties encountered in alkanolamines based CO2 removal systems [142, 147149]. CO2 absorption using amino acids is a biomimetic approach to CO2 captures,
due to its similarity to CO2 binding by proteins such as for example hemoglobin [29].
Amino acid salts (AAS) are attractive solvents due to their unique properties over
other solvents such as low environmental impact, high biodegradability, negligible
volatility, high resistance to oxidative degradation, viscosities and surface tensions
similar to water [6, 7, 147-155]. Further AAS shows better stripping performance
compared to conventional amines [154, 155]. These are the ideal properties needed
by membrane contactor absorption liquid. Therefore, interest has grown in the
performance of different AAS such as sodium, potassium and lithium salt of
sarcosine, glycine, alanine, taurine and proline and the CO2 absorption characteristics
for common amino acids salts are under extensive investigation. Until today AAS
commercially used for post combustion CO2 capture and patented processes using
amino acids and their alkaline salts in post-combustion capture are summarized
elsewhere [152]. Because of its promising characteristics AAS have drawn attention
in recent years at both the academic and commercial level for natural gas sweetening
in GLMC.
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Amino acids are amphiprotic species contains at least one acidic carboxyl or
sulphonyl group and one basic amino group attached to the α- carbon (HOOC-CHRNH2) [152]. The chemical variety of the amino acids comes from the differences in
side chain R, which is an organic substituent also attached to the α carbon. Depend
on structure of side chain R it can be primary, secondary or hindered amino acid.
Amino acids present as zwitterions (form II in Reaction 2.4.9) in an aqueous
solution. To react with CO2 it should have the form III in Reaction 2.4.9. This
deprotonation is favored by adding strong base which fully shifts the equilibrium
toward form III in Reaction 2.4.9. The reaction scheme between AAS and CO2 is
given in Figure 2.4.2. Since amino acids have the same amine functionality as
alkanolamines, AAS solutions have something like same reaction kinetics and
mechanism for CO2 absorption described in section 2.4.1.
N

↔

N

↔

N

(2.4.9)

Figure 2.4.2: Reaction scheme for CO2 absorption in aqueous amino acid salt
solution
The new proposed method to increase energy efficiency of CO2 separation
process by absorption liquid is enhanced CO2 desorption (based on pH-shift). Which
contribute significantly to reduction of regeneration energy [149, 156]. The pH
change decreases the CO2 solubility of the solvent and emits CO2 into the gas phase
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from the absorbent liquid. Also lower pH stimulates the carbamate hydrolysis to
zwitterion species. Altogether lower pH shifts the CO2 reaction equilibrium towards
the release of CO2 (Fig.2).Several methods used by researchers in order to alter the
absorbent liquid pH. It is simple to change the amino acid salt solution pH by using
asymmetric solutions of amino acid and alkali salt (i.e. solutions containing different
molar amounts of amino acid and base).
The main negative aspects of these AAS are the formation of a solid product
when absorbing CO2, which happens especially for solutions at high amino acid salt
concentration and at high liquid CO2 loading. The formation of solids poses
challenges such possible plugging and fouling of the gas-liquid membrane contactors
and increase mass transfer resistance in long term operation. So these AAS solutions
have to be used with care below precipitation regime. Although being more
expensive than alkanolamines, a number of advantages make amino acid salt
solutions attractive solvents.
2.4.3

Ammonia
Aqueous ammonia is a weak alkali solution, and CO2 reacts with ammonia

based on acid-base chemical reaction. The reaction between ammonia and carbon
dioxide is, similarly to the reaction between CO2 and primary and secondary
alkanolamines, expected to proceed via the well-known zwitterion mechanism [157].
Although the chemical reaction between ammonia and CO2 happening through a
series of chemical reaction, the overall chemical reaction between aqueous ammonia
and CO2 is:
𝑁𝐻

𝐻 𝑂↔

𝑁𝐻 𝑂𝐻

(2.4.10)

61

𝑁𝐻 𝑂𝐻

𝐶𝑂 ↔

𝑁𝐻 𝐻𝐶𝑂

(2.4.11)

The product from the aqueous ammonia process is ammonium bicarbonate, which
can be easily regenerated by heating into NH3, CO2 and H2O compared to
carbamates formed by amines and amino acids.
Ammonia is now documented as an emerging chemical absorbent in CCS
specifically due to its lower energy demand for regeneration [158-160]. Ammonia
could significantly reduce the energy regeneration demands and save up to 75%
energy compared to MEA [160]. Moreover CO2 absorption capacity of ammonia is
comparable to amine CO2 absorption capacity even though ammonia is cheaper than
alkanolamines [161]. In addition ammonia is not corrosive and does not suffer from
thermal or oxidative degradation like amines. On the contrary, reusable products can
be formed. For instance when NH4HCO3 recovered in crystalline form, it can be used
as an ammonia rich fertilizer as well as a feed stock in commercial manufacture
[162]. However the main operation problem i.e. the ammonia slip from the aqueous
ammonia solution limits the widespread use of this hopeful absorption liquid. Two
techniques are investigated by researchers to overcome this ammonia escape
problem. One is using chilled ammonia other one is mixing additives inhibiting
ammonia escape from the aqueous solution [159, 163].
The use of aqueous ammonia for capturing CO2 through GLMC has been
studied by few researchers [158, 160, 164, 165]. The added advantage is by using
GLMC the escape of ammonia from the solution can be controlled. The main
problem of adopting aqueous ammonia to absorb CO2 in GLMC is the extensive
membrane wetting caused by aqueous ammonia solution and the resulted mass
transfer deterioration during long term operation [52, 164]. Attempts were made by
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researchers in order to overcome this problem by adding alkaline salts to aqueous
ammonia solution [160, 162]. This is because the addition of electrolytes increases
the surface tension of the aqueous ammonia solutions as aqueous electrolytes possess
surface tensions higher than pure water. Further some researchers tried to use
composite membranes to avoid membrane wetting [52, 160, 164]. In composite
HFMs a thin dense layer added to a microporous support acts as a physical barrier
facing the liquid phase [51, 52]. In that case, wetting is suppressed while mass
transport performances can be found comparable to those observed in microporous
membrane. Indeed, a chemically resistant composite fiber made of a thin dense layer
ideally highly permeable to CO2 but less permeable to NH3 could be ideal candidate
in GLMC applications as this can potentially lead to a high CO2 mass transfer
intensification while drastically lowering ammonia slip.
2.5 Design features of GLMC module
The GLMC module configuration plays a vital role in governing the overall
mass transfer coefficient of the module and hence separation performance of the
GLMC module. Eventual module configuration depends on selected design features
such as regularity of fibers (polydispersity and spatial arrangements of fibers),
packing density, length of the module and the relative flow directions such as
parallel, i.e., concurrently and counter currently, and cross flows of the two phases
[9]. Extensive theoretical and experimental studies have been carried out by
researchers in order to comprehend ultimate mass transfer coefficient of GLMC as
function of these design features and to construct the module that gives superior
separation performance regardless of other separation protective parameters [9, 24,
31, 32, 45-47]. Subsequent paragraphs describe the effect of these design features on
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overall separation performance of HF GLMC as HF GLMC has been studied in this
thesis work.
2.5.1

Effect of packing density
Typically, HF GLMC module is a bundle of porous HFs packed in parallel

alignment into a shell, similar in configuration to a shell and tube heat exchanger.
How closely the fibers packed inside the shell and regularity of fibers inside the shell
have great influence in the overall separation performance of GLMC modules
because these influence the gas flow, liquid flow, polydispersity and spatial
arrangements of fibers. Closeness and regularity of fibers inside the shell is
determined by the number of fibers packed inside the shell and by the shell inside
diameter. So rather than deal with two variables a one variable packing density as
function of these two independent variable defines the closeness and regularity of
fibers inside the shell. The membrane module packing density (φ) is defined as [24]:

( )

(2.5.1)

where nfibers is number of fibers, do and Di are the outside diameter of fiber
and inner diameter of module, respectively. Packing density is one parameter that
included in all three documented liquid, gas and membrane mass transfer coefficients
correlations [9].
By increasing the packing density the maldistribution of the fibers inside the
shell can be reduced because the channeling of the fluid through the maldistributed
HFs is often experienced in shell-side flow and this reduces the separation
performance of GLMC [31]. Different effects of packing density on gas and liquid
sides mass transfer coefficient have been reported [9, 32, 45]. The packing density of
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a module affects the flow conditions and fluid hydrodynamics on the shell and tube,
which in turn influences the mass transfer coefficients. A greater packing density
means a larger interfacial mass transfer area, but it does not ensure a higher mass
transfer rate, because of the possible formation of “dead zones” at greater packing
densities [9]. At low packing densities, stream splitting can occur across the module
due to the presence of smaller and wider ducts. Thus, there will be renewal of the
mass-transfer boundary layer, which leads to an increase in mass transfer. As fibers
become more widely spaced, the possibility of some transverse flow can be expected
to increase the mass-transfer. So there are many key issues associated to packing
density affects the separation performance positively and negatively. This makes the
relationship between separation performance and packing density more complicated.
2.5.2

Effect of gas and liquid flow pattern
As in shell and tube heat exchanger the flow pattern i.e. either longitudinal

flow or cross flow of liquid with respect to gas have effect on overall mass transfer
coefficient of GLMC. Even in longitudinal flow whether the gas flows countercurrently or co-currently with respect to the liquid effect the separation performance
of GLMC.
The counter current flow can provides the distinctive driving force for mass
transfer through the whole length of contactor module. In contrast in co-current even
though at the entrance the mass driving force is high it can reduce with length. May
be in co-current mode mass transfer is ineffective after some length due to
inadequate driving force. Consequently it can be predicted that counter-current flow
may provide the average greatest driving force for mass transfer and in principally it
can be fixed as design standard compared to co-current flow in HF GLMC
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applications. This was experimentally proved by several researchers [26, 166-169].
Wang et al. [168] first carried out the membrane separation experiments under
different flow modes and confirmed counter-current flow better than the co-current
flow. Rajabzadeh et al. [26] documented the mass-transfer efficiency of a
countercurrent flow improved by 20% than that of the co-current flow under the
same test conditions.
As far as the recent research status, the cross flow is usually superior to
longitudinal flow in HF GLMC modules [9, 31, 32, 46, 167, 170-172]. This is due to
advantages of cross flow module, such as higher mass transfer coefficients and lower
shell-side pressure drop when compared to the parallel flow [46, 167, 170]. These
advantages are mainly based on the gas flow path taken in the shell-side, affecting
the performance of the module in two ways. First, because of residence time
distribution and channeling of the shell side fluid, the extent of mass transfer
resistance varies from streamline to streamline. Spread in residence time and
channeling effects result in lower mass transfer rates. As cross-flow contactors have
reduced channeling, their performance is comparatively better. Second, the local
mass transfer resistance is a function of local velocity and turbulence. In the case of
cross-flow contactors, concentration boundary layer break-up occurs due to
continuous splitting and remixing of the shell-side fluid, thus increasing the local
turbulence level [171]. Several researchers proved cross flow modules as better
choice than the parallel flow modules [167, 172]. By using baffles the mass-transfer
efficiency can be further improved by minimizing shell-side bypass and providing a
velocity component normal to the membrane surface [9]. However due to its
simplicity in manufacturing, well known fluid dynamics in shell and tube side and
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easiness of mass transfer estimation

parallel flow modules are preferred for

laboratory level applications.
2.5.3

Effect of shell and tube side flow.
Whether the absorption liquid flow through the shell side while the feed gas

flow through the tube side or absorption liquid flow through the tube side while the
feed gas flow through the shell side have an important effect on the GLMC
performance. In the non-wetted mode condition, the absorption liquid flow through
the shell side while the feed gas flow through the tube side is ideal. This due to
increased contact area as the gas liquid interface presence at the outer surface of the
fibers. However other factors importantly packing density influences whether the
absorbent liquid tube side or shell side flow give the optimal GLMC performance.
At high packing density the tube side gas flow gives higher percent removal
than shell side gas flow. But in contrast at low packing density the shell side gas flow
gives better percent removal than the tube side gas flow [31]. Because when the
packing density was high the overlapping of the boundary layers developing on the
fibers may occur, this in turn leads to drastic reduction in mass transfer coefficient.
The same results observed by Zhu et al. [173] They used low packing density PP
HFM module to investigate the liquid flow process effect on CO2 separation from the
mixture of CO2/N2. Their results showed that the removal rate of the tube side was
approximately 30% higher than that of the shell side, which indicated the first mode
had a better removal effect for low packing density modules.
In contrast to tube side flow, the shell-side liquid flow has not been clearly
understood yet. The reported results on the shell-side mass-transfer vary
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significantly, possibly arising from the irregularity of the fiber spacing and the
influence from the module wall as well as inlet and outlet effects [9, 45]. Further it
has been long recognized that uniform fiber distribution is an unrealistic assumption
for most HF modules, and that channeling of the fluid through the mal distributed HF
is often experienced in shell-side flow [31]. Many of the researchers preferred to pass
the liquid in tube side and gas in shell side. This also avoids the necessity of pre
filtration of process gas streams in GLMC applications because when real industrial
gas mixture flows inside the tube, membrane pores may be plugged by the massive
impurities presented in the feed gas.
2.5.4

Effect of membrane length
Membrane length also another important factor that determines the overall

performance of GLMC. Many researchers demonstrated the CO2 percent removal
increases with fiber length. This is owing to growth of the membrane length results
in increasing surface area and residence time, which is favorable to mass transfer
diffusion and chemical reaction. The same results were observed by Boributh et al.
[174] and they have reported by increasing the fiber length from 25 cm to 70 cm,
increased the CO2 removal rate by 15.27%. Various investigators conveyed to
improve the separation efficiency higher liquid velocities with longer fibers are ideal,
especially when the reaction of CO2 with the active component is fast [6, 9, 31, 32,
174].
However the CO2 absorption flux was higher for the shorter fiber than that of
longer fiber. Kumar et al. [6] validated this observation by studying the impact of
fiber length on absorption flux by using numerical model. They reported the
influence of the length of fiber on absorption flux can be theoretically quantified by

68

Graetz-leveque solution and in case of laminar flow of a liquid at a constant velocity,
the average liquid mass-transfer decreases with an increase in fiber length. This
mass transfer coefficient deterioration along the length of the fiber may be due to the
reduced driving force when liquid that absorbs CO2 flows through the fibers and
saturation of the liquid by the gas. Further increase in pressure drop and resulted
wetting also decrease the mass transfer coefficient. Moreover, along the length of the
fiber (depending on Hatta number and enhancement factor), depletion of the amine
may occur at the interface. For the extreme case of complete depletion of amine at
the interface, the absorption rate is limited by the radial diffusion of the reacting
species to the reaction plane and the flux is strongly influenced by the mass transfer
coefficient [6, 84].
Eventually the scale up of GLMC should not be considered linear because
extending the fiber length will increase the gas liquid contact area and contact time
but in contrast increase the pressure drop and membrane wetting. So alternatively the
scale up of the process to increase the contact area should be performed by parallel
arrangement of the membrane modules [9].
2.6 Effect of operating parameters on CO2 absorption/stripping performance in
GLMC
The operating condition such as gas flow rate, liquid flow rate, absorbent
liquid temperature, feed gas pressure, transmembrane pressure, absorbent liquid
conditions play a vital in determining the performance of gas liquid membrane
contactor as CO2 absorber and stripper. Many researchers who have dealt with
membrane contactor studied the effect of these operating conditions. It is not possible
to optimize these conditions for certain values as fixing the conditions at these values
should give the optimum performance. Because as discussed in other sections so
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many other qualitative parameters have great influence in performance and these
operating conditions have to be fixed depending on these qualitative parameters.
However the trend of these operating conditions on absorption/stripping performance
can be summarized.
2.6.1

Effect of gas flow rate
For the absorption membrane contactor the gas flow rate is the volume of the

total feed gas that has been made to flow through the module for absorption. For the
stripping membrane contactor the gas flow rate is the volume of the sweeping gas.
Many researchers studied the effect of gas flow rate on absorption performance and
removal efficiency for different membrane contactor systems and reported the same
trend [24, 32, 48, 175, 176]. An increase in gas velocity would enhance the gas phase
mass transfer coefficient but have an insignificant impact on the overall mass transfer
coefficient. This same behavior was also found in the CO2 stripping using membrane
contactor. This is because the gas phase mass transfer resistance had a contribution to
the overall mass transfer resistance in membrane contactor only by 5–10% [177,
178]. Rather than the volumetric data the flow rate reported as gas velocity makes
more sense since different people used different size of contactor modules.
Al-Marzouqi et al. studied the effect of gas flow rate on physical absorption in the
range of 200 -500 ml/min and reported the removal efficiency decreases with gas
flow rates. The simulation results by Faiz et al. [179] showed that the absorption
flux increased with an increase of the gas velocity. Hassanlouei et al. [180] recently
investigated the absorption rate as a function of gas flow rate under both completewetting and non-wetting conditions. It was observed that as the gas flow rate went
up, the CO2 capture efficiency significantly dropped. Further, Marzouq et al. [17]
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performed the effects of the inlet gas flow rate on removal of CO2 at different values
of operating pressure.
Above all, it is noted that as the gas flow rate increases, the removal
efficiency of CO2 declines whereas the absorption flux ascent. This is due to the fact
that on one hand, increasing the gas flow rate decreases the residence time of gas
phase in the MC. On the other hand, the increase in the gas velocity results in the
reduction of the boundary layer and the improvement of the total mass-transfer rate.
So eventually the choice of the feed gas flow rate for absorption depends on whether
the objective is percentile removal or bulk removal of CO2.
Some researchers study the effect of sweep gas flow rate on stripping
performance in membrane contactor and documented that the sweep gas flow rate
have no any significant effect on stripping flux and efficiency [57, 59, 63]. Khaisri et
al. [3] found individual mass transfer coefficient values. They confirmed an increase
in sweep gas velocity increased the gas phase mass transfer coefficient but it had a
minor effect on the overall mass transfer coefficient. But when operating at high rich
solution temperature, the low sweep gas flow rate, allow the vapor molecules to
easily enter through the pores and wet the membrane. This reduces the effective long
term operation of the membrane contactor module. So, moderate sweep gas flow rate
gives better performance comparing to low sweep gas flow rate.
2.6.2

Effect of liquid flow rate
For the absorption membrane contactor, the liquid flow rate is the volumetric

flow rate of the fresh or lean CO2 absorbent liquid that has been made to flow
through the module to absorb CO2 from feed gas. For the stripping membrane
contactor the liquid flow rate is the volumetric flow rate of the CO2 rich absorbent
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liquid that has been made to flow through the stripper module for the purpose of
regeneration. Many scholars studied the effect of liquid flow rate in gas liquid
membrane contactor applications and found that the liquid phase mass transfer
resistance is the controlling resistance in the system and accounted for roughly 90%
of the overall mass transfer resistance [3, 51, 94, 102, 166]. This mass transfer
resistance depends on boundary layer thickness and intrinsic properties of absorbent
liquid such as kinematic viscosity and diffusion coefficients [30]. To reduce the mass
transfer resistance it is relatively easy to reduce the boundary layer thickness rather
than adjusting the liquid properties. Because an increase in the liquid velocity leads
to a decrease in boundary layer thickness. So in the gas liquid membrane contactor
by increasing the liquid velocity, the mass transfer coefficient can be enhanced
effectively. But increasing the liquid velocity on the other hand reduces the liquid
contact time. So liquid velocity has to be optimized for better performance.
Many scholars made great efforts to observe the effects of liquid flow rate on
the CO2 absorption process in GLMC. Khaisri et al. investigated the effect liquid
velocity on absorption performance of three different membranes in a gas absorption
membrane contactor by using both physical and chemical absorbent liquid. From the
results they confirmed that the liquid film is the controlling step in membrane
contactors and by increasing the liquid velocity, due to an increase in the mass
transfer coefficient an increase in absorption flux was observed regardless of type of
membrane and absorbent liquid.. Al-Marzouqi et al. also studied the effect of liquid
flow rate for physical as well for chemical absorption and confirmed regardless of
other parameters the removal efficieny significantly increases with liquid flow rate.
Lv et al. studied the CO2 removal by using MEA solution and reported on a scale of
5-50 ml/min liquid flow rates the CO2 removal rate increased from 45% to 95%. So
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the common agreement is with liquid velocity CO2 absorption flux and removal
efficiency increases. It can be concluded increasing the liquid velocity betters the
fluid flow in the membrane which reduces the liquid phase boundary layer. Further
higher liquid velocity leads to a lower CO2 concentration in the liquid phase, which
in turn results in a higher CO2 concentration gradient between gas and liquid.
Similarly, the absorption ability of CO2 in the membrane module improves, resulting
in the decline of the outlet CO2 concentration and growth in the CO2 removal rate.
The effects of liquid velocity on stripping performance in membrane
contactor also studied by several researchers. Liquid flow rate shows some notable
criteria on CO2 stripping flux and efficiency. At low temperatures the increase in
liquid flow rate reduces the stripping efficiency. In contrast at high temperature the
increase in liquid flow rate increases the stripping efficiency. The same results had
been reported by several researchers [22, 23, 25, 30, 34, 35, 38]. Two phenomenons
govern the stripping efficiency. The residence time (contact time between gas and
liquid phase) and liquid phase boundary layer thickness. At low temperature contact
time overtaken by the boundary layer thickness. Lower liquid velocity tend to higher
residence time, which lets dissolved CO2 to shift to gas–liquid interface and results in
increasing the driving force of mass transfer. In contrast at high temperature due to
low solubility more CO2 end to be released. So rather than residence time boundary
layer thickness is important. Because the liquid flow rate reduces the boundary layer
thickness and increase the mass transfer coefficient, at high temperature high flow
rates gives the high removal efficiency.
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2.6.3

Effect of absorbent liquid temperature
The effect of absorbent liquid temperature on CO2 absorption performance is

different than on CO2 stripping performance. Because the effect of absorbent liquid
temperature on CO2 absorption performance is attributed to collective effect of
solubility (physical absorption), chemical reaction (chemical absorption), diffusion
and evaporation of absorbent. The effect of temperature on these factors was studied
by several researchers through experiments and mathematical modeling [7, 20, 137].
It is well known the favored chemical reaction rate and diffusion rate with
temperature would enhance the absorption performance. While decrease in CO2
solubility and an increase in evaporation of absorbent (wetting) with temperature
would reduce the absorption performance.
Mansourizadeh et al. [20] studied the effect of liquid temperature on both
physical and chemical absorption using water and NaOH via PVDF HF GLMC.
They illustrated that in case of chemical absorption CO2 flux considerably increased
with the absorbent temperature. In contrast, for physical absorption, a decrease in the
CO2 flux was observed when the liquid temperature increased. Yan et al. [7] also
reported a significant increase of CO2 flux with temperature for chemical absorption
of CO2 using MDEA in the PP hollow fiber membrane contactor. Marzouqi et al.
[137] studied the effect temperature on physical abortion using PP HFM module with
distilled water as the absorbent liquid. They predicted the percent removal of CO2 at
low temperatures using the experimental values obtained at 35 °C and they observed
close agreement between the experimental data and the theoretical data and
confirmed that the removal of CO2 under such conditions is directly proportional to
its solubility in water. They proposed the enhanced CO2 removal by lowering the
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water temperature. Hence apparently in case of chemical absorption the effect of
temperature on the increasing reaction rate and diffusion rate of the species are more
important than increased capillary condensation in the pores and CO2 back-pressure.
On the other hand, in case of physical absorption, a decrease in the CO2 solubility
with temperature and capillary condensation in the pores can be the main reasons for
decreasing the CO2 flux.
In contrast to absorption the stripping performance of GLMC module
significantly increases with temperature regardless of the type of absorption liquid
used, as reported by many researchers [3, 56, 59, 63, 64]. This is due to the
temperature directly affects the CO2 solubility, equilibrium partial pressure, chemical
reaction equilibrium constant, and diffusion coefficient. When temperature increased
the solubility of physical absorbent and chemical reaction equilibrium constant of
chemical absorbent decreased. Further this result in increased equilibrium partial
pressure of CO2 [59]. Thus, increasing the operating temperature leads to an increase
in the driving force for stripping of CO2 through the membranes.
2.6.4

Effect of feed gas pressure
As overall mass transfer coefficient is independent of the system pressure, the

considerable increase in CO2 flux can be obtained by elevated feed gas pressure
because the increase in CO2 concentration result in increase in driving force for
absorption [31, 174, 181, 182]. But increased feed gas pressure can cause gas
bubbles in liquid side. In order to overcome this problem the liquid pressure also
have to be increased simultaneously which in turn if not carefully controlled may
cause membrane wetting. Mansourizadeh et al. [20] carried out a detail study on
Effect of CO2 pressure on the absorption performance and operation stability. They
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reported the effect CO2 pressure on the absorption performance in GLMC was
significant for physical absorbent liquids than the chemical absorbent liquids. For
physical absorbent when the CO2 pressure increased from 0.1 MPa to 0.6 MPa, the
CO2 flux increased from 1.25×10−3 to 6.5×10−3 mol/m2s. For chemical absorbent,
when flow rate is constant, an increase in the CO2 concentration with pressure
resulted in the liquid saturation through the module, thus higher increment of the
CO2 pressure had no more effect on CO2 flux. However at 0.4 MPa they have
observed gas bubbles and this further increased with pressure. Hence the feed gas
pressure has limitation in GLMC absorption performance.
2.6.5

Long term stability of absorption/stripping in GLMC
The long term stability of GLMC absorption/stripping process is the foremost

concern when promoting the GLMCs for CO2 absorption/stripping in commercial
applications. Many scholars studied the long term operability of GLMC [20, 49, 50].
The long term performance of the GLMC mainly depends on membrane wetting.
Contact angle between liquid and membrane indicates the tendency of liquid to wet
the membrane and if the contact angle is larger then the surface is less wetting [51,
52]. Large contact angles can be obtained by either using hydrophobic membranes or
absorbent liquids with high surface tension.
Many efforts have been taken by researchers to prepare highly hydrophobic
surface membranes [51, 52]. Until today most of the membranes available are not
perfectly hydrophobic to overcome the wetting caused by long term operation. So
one feasible way is using high surface tension absorbent liquids such AASs or
increasing the surface tension of available absorption liquids by additives like
electrolytes salt [160, 162]. Another collective way is carefully optimizing the
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operational parameters between long term performance and higher absorption
/stripping performance. However the long term operability of GLMC for CO2
stripping via heating the liquid to higher temperatures is problematic for the reason
that at elevated temperature the absorbent liquid can easily wet the membrane
because of high vapor pressure.
2.7 Mathematical modeling of CO2 absorption/stripping in GLMC
Mathematical modeling of the GLMC can lead to a better perception about
the effect of module configurations and process parameters on the separation
performance of GLMC. The mathematical modeling of the membrane contactor has
been performed by many researchers [136, 156, 170, 179, 181, 183-191]. AlMarzouqi et al. [136, 137, 183] proposed a mathematical model to describe the
absorption of CO2 from a gas mixture in a MC. The authors considered both “nonwetted” and “wetted" mode [186]. Lee et al. [190] developed a mathematical model
that simulates the absorption and desorption of CO2 by using potassium carbonate
solutions as an absorbent in a HF GLMC.

Shirazian et al. [189] presented a

numerical simulation using computational fluid dynamics (CFD) of momentum and
mass transfer in a hollow fiber membrane contactor for laminar flow conditions.
Dindore et al. [191] developed a mathematical model for cross flow membrane
contactors. Rezakazemi et al. [188] proposed a 2D mathematical model proposed to
study simultaneous transport of CO2 and H2S through a HFMC using MDEA as
chemical absorbent. Further mathematical models also developed to analyze the
effect of membrane wetting on GLMC separation performance [92, 186, 192]. Cui et
al. [92] developed a model to predict the distribution of wetness along a hollow fiber
and the average wetness of membrane contactor as a function of time.
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Mainly two approaches were used to develop mathematical model for GLMC
in all aforementioned mathematical models studies. One is resistance in series
approach and the other on is CFD approach. CFD approach was adopted by many
researchers because this can include all three transport phenomenon i.e momentum
transfer, mass transfer and heat transfer. Due to the difficulty in solving the derived
algebraic and differential equations by analytical method, numerical methods such as
method of line, finite difference or finite element have been employed to solve the
modeled equations. Software packages like MATLAB and COMSOL were
frequently used to simulate the GLMC developed mathematical model.
2.7.1

Resistance in series model approach
As described in section 2.2.2 in order to describe the mass transfer process

between two phases through porous membrane in a GLMC, a resistance in series
model based on film theory can be used [30]. As shown in Eq. 2.2.2, the overall mass
transfer coefficient is function of gas, liquid film resistances and membrane
resistance. Further enhancement factor also influence the overall mass transfer
coefficient, if chemical absorption liquid used in GLMC. Several correlations were
developed and reported by researchers in order to find the individual mass transfer
resistances and enhancement factor due to chemical reaction [9, 30-32]. Subsequent
paragraphs describe each of these parameters in brief.
Gas side mass transfer coefficient
A number of correlations have been derived to predict gas-phase masstransfer coefficient [31, 32]. These correlations indicate for the case gas flowing in
the shell, the gas phase mass-transfer coefficient depends on the fluid hydrodynamics
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of shell-side, which is influenced by the packing density and uniformity of fiber
spacing. The mostly used correlation which depicts most of the conditions is:
( )

(2.7.1)

where kg gas side mass transfer coefficient; DCO2-shell is diffusion coefficient of CO2
in the gas mixture; φ is the packing density; L is the membrane length; de is hydraulic
diameter; Sh, Re and Sc are Sherwood number, Reynolds number and Schmidt
number, respectively.
Liquid side mass transfer coefficient
A number of correlations have been arrived to predict liquid-phase masstransfer coefficient [31, 32]. The choice is mainly depend on whether the liquid is
flowing shell side or tube side and on Graetz (Gz) number. Gz number is defined as
the ratio of the penetration time of the solute gas to reach the axis of the hollow fiber
(from the gas-liquid interface) to the average residence time of the liquid in the fiber.
For most of the cases the Gz number is less than 20 and liquid is flowing in the tube
side [31]. Hence the mostly used liquid side mass transfer correlation for a fully
developed laminar flow inside the tube, when only physical absorption occurs is:
(

)

(2.7.2)

where de stands for the hydraulic diameter; DL is the diffusion coefficient of CO2 in
liquid; vt is the velocity of absorbent in the tube; d1 is the fiber diameter; and D is the
membrane module diameter.
Membrane mass transfer coefficient
When membrane pores are filled with the gas phase, the membrane masstransfer coefficient is relevant to the gas diffusion coefficient and the internal
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structure of the used membrane. Membrane mass transfer coefficient could be
derived from [30]:
(2.7.3)

where De is the effective diffusion coefficient inside the shell and membrane which
is equal to diffusion coefficient of CO2 in the gas mixture; ε, δ and τ are the porosity,
thickness of the fiber and tortuosity, respectively.
Enhancement factor
The reaction between CO2 and absorption liquid enhances the liquid masstransfer coefficient compared with physical absorption. This enhancement can be
represented by enhancement factor (E) as [31]:
(2.7.4)
where Jchem and Jphy are the absorption rate of chemical reaction and physical
absorption, respectively, and E could be determined by analytical prediction or
numerical calculation [9,32].
All the correlations mentioned above and presented in literature to calculate
individual mass transfer coefficients, assume the presence of a well-mixed and large
liquid bulk zone adjacent to the diffusion zone. In some cases, especially for small
diameters of the fibers, this assumption is not correct and, depending upon the gasliquid contact time, the mass transfer zone in the liquid phase may extend up to the
axis of the fiber [30]. So resistance in series model mostly used to calculate the
overall performance of GLMC.
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2.7.2

Computational fluid dynamics approach
In contrast to resistance in series model, in CFD model approach, all three

transport phenomenon mass, heat and momentum transport have been considered.
Therefore CFD model approach is more comprehensive approach to develop
mathematical model for GLMC separation process. The mathematical equations that
describe the GLMC separation process can be derived by conducting material,
momentum and energy balances for the module.
Material balance
The steady state continuity equation for each species during the simultaneous
mass transfer and chemical reaction in a reactive absorption system can be expressed
as [193]:

 N i  ri  V z

C i
z

(2.7.5)

where Ni, ri, Vz, Ci, and z are the flux, reaction rate of species i, velocity,
concentration, and distance along the length of the membrane , respectively. The
overall rate of reaction can be determined depending on the reaction mechanisms and
reaction rates. The left hand side of the above equation represents the diffusion and
reaction terms, whereas the right hand side of the equation is the convection term.
Momentum transport
Assuming steady state operation and Navier Stocks equations of motion, the
equations that described shell and tube sides are as follows [193]:
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z-direction:



  vr


81

Energy balance
The steady state energy balance equations for shell side, membrane section
and tube side will be derived from [193]



C p  v r

 1   T  2T 
T
T 
 r
 vz
 2 
  k
r
z 
 r r  r z 

(2.7.8)

From these basic equations individual equations that describe the tube side, shell side
and membrane have been developed and different researchers used different
correlations and assumptions to further simplify the equations and to fit their need.
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3 Chapter 3: Experimental Work
3.1 Fabrication of membranes
PVDF HFMs were fabricated using TIPS method. The surface morphology
and physical characteristics such as pore size, pore size distribution, porosity,
mechanical strength, hydrophobicity, permeability and gas separation performance of
the membrane greatly depends on spinning parameters adopted during membrane
fabrication. The preparation of HFMs involves large numbers of spinning parameters
such as the structure and dimension of the spinneret, polymer dope viscosity, and
flow rate of the bore fluid, the dope extrusion rate, the length of the air–gap and takeup speed. In addition the membrane structure and performance also depend upon
other different peripheral factors such as methods of fabrication, polymer choice
composition, quenching bath temperature and other operating factors. These factors
are dependent on each other, changing one or more of these variables can affect
membrane structure and performance; furthermore, spinning factors such as dope
extrusion rate, take-up speed, bore fluid type and flow rate must be optimized at the
best condition in order to produce high performance membrane. So purpose of these
experiments was to prepare the HF membranes at different fabricating conditions.
3.1.1

Reagents and Materials used for membrane fabrication
PVDF (Solef® 6020/1001) purchased from Solvay company, France, was

used as the polymer material to fabricate the HF membranes. Glycerol triacetate
(triacetin) was used as solvent to prepare the dope solution and as bore fluid. Ethanol
was used to extract the solvent left over in the HF membrane. These chemicals were
purchased from Sigma Aldrich; purity is more than 99%. All materials were used as
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received without further purification. Nitrogen gas (99.99%) purchased from Sharjah
Oxygen Company, UAE was used in dope and bore liquid vessels to pressurize the
vessels.
3.1.2

Preparation of hollow fiber membrane
TIPS method was used to prepare the HFMs. Figure 3.1.1 shows the

schematic diagram of the TIPS process used for HFM fabrication. Firstly the
fabrication unit was cleaned properly (if necessary using solvent like NMP) and
made sure the bore fluid and dope solution flows through the system as it should be.
Then measured amount of PVDF powder mixed with specified amount of triacetin
solvent manually (mostly 280 g of PVDF mixed with 720 g of triacetin i.e. represent
28% PVDF fiber except for the membrane preparation with different polymer
concentrations). Next prepared polymer/solvent mixture i.e. dope solution was
transferred into the dope vessel and then the dope solution was heated to desired
temperature and kept at that temperature for 1 h under gentle mixing. After stirring
for 1 h at the particular temperature, the stirrer was stopped whereas heating was
sustained for an additional of 2 h for degassing of the dope solution. After the 1 h of
stirring and the 2 h of degassing at the set temperature the uniform polymer solution
was accomplished. This homogeneous solution was then extruded by metering pump
under the pressure of nitrogen (0.1–0.15 MPa) through the spinneret to the quenching
tank and then winded by a take up winder rotated in a water trough. The bore fluid
used was triacetin and it was made to flow at the desired flow rate through the
spinneret bore. The quenching bath was filled with tap water except for the
membrane preparation at different bath conditions. The solvent remaining in the
HFM was extracted by ethanol which was removed by immersing the membrane into
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water. Then fabricated membranes were stored in water containers for further
analysis and GLMC module fabrication.
1. Dope vessel

7. Water trough

2. Bore liquid vessel

8. Control panel

3. Gear pump

9. N2 cylinder

4. Bore liquid flow

10. Mixer

meter
5. Spinneret

11. Pressure
gauge

6. Quench tank

Figure 3.1.1: Schematic diagram of the TIPS process used for HFM fabrication
3.2 Characterization of membranes
Membrane characterization leads to the determination of morphological and
physical properties of a given membrane. The first requirement after membrane
preparation is to characterize the membrane by using membrane characterization
techniques. The following sections described the techniques and methods used for
membrane characterization.
3.2.1

SEM observation
Electron microscopy (EM) is one of the techniques that can be used to study

the membrane morphology. Two basic techniques are widely used: scanning electron
microscopy (SEM) and transmission electron microscopy (TEM). Of these two
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techniques, scanning electron microscopy provides a very convenient and simple
method for characterizing and investigating the membrane morphology.
The principle of SEM is a narrow beam of electrons with kinetic energies in
the order of l-25 kV hits the membrane sample. The incident electrons are called
primary (high-energy) electrons, and those reflected are called secondary electrons.
Secondary electrons (low-energy) are not reflected but liberated from atoms in the
surface; they mainly determine the imaging (what is seen on the screen or on the
micrograph). When a membrane (or polymer) is placed in the electron beam, the
sample can be burned or damaged, depending on the type of polymer and
accelerating voltage employed. This can be avoided by coating the sample with a
conducting layer, often a thin gold layer, to prevent charging up of the surface. The
preparation technique is very important since bad preparation techniques give rise to
artifacts.
The sample should be completely dry because in wet samples the capillary
forces involved can damage the structure. Freeze drying is most preferred drying
method because freeze drying will dry the HFMs while keeping the membrane
structure without deformation or shrinkage. Freeze-drying works by freezing the
membranes and then reducing the surrounding pressure to allow the frozen water in
the material to sublimate directly from the solid phase to the gas phase. The dried
membranes have to be cut carefully to obtain clear cutting cross section. Scanning
electron microscopy allows a clear view of the overall structure of a membrane; inner
surface, cross-section and outer surface of the membrane can be observed very
nicely. In addition, any asymmetry in the structure can be readily observed [83].
For the SEM observations samples of the fibers were picked from the water
bath where membranes were stored and then freeze-dried via a freeze dryer (EYELA,
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FD-1000, Japan). Then samples with desired cross sections were prepared by careful
manual cutting. These samples were attached to the SEM sample holders by using
double sided carbon conductive tape and then sputtered with gold coater (NeoCoater,
MP-19020NCTR, Japan). The SEM micrographs of the gold sputtered membranes
were obtained via scanning electron microscopy (JEOL, NeoScope JCM 5000,
Japan). The maximum resolution of the image is 10 nm. The SEM micrographs for
inner surface, outer surface and cross section of the fibers were taken at various
magnifications with an accelerating voltage of 15 kV.
3.2.2

Gas permeation test
Gas permeation tests can be used to calculate the effective surface porosity

and pore size [194]. It was assumed that membrane pores are straight and cylindrical
in shape and permeation of gas is under the Poiseuille and Knudsen flow regimes in
parallel connection. The gas permeance under the Poiseuille flow regime is given by:
𝑃

̅

(3.2.1)

The gas permeance under Knudsen flow regime is:

𝑃

(

)

(3.2.2)

Consequently, the total permeance of permeated gas is:
𝑃̅

𝑃

𝑃

Linearization of Eq. 3.2.3 gives

̅

(

)

(3.2.3)
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𝑃̅
̅

(3.2.4)

where
(

𝑃

)

𝑃

(3.2.5)

(3.2.6)
In the above equations, 𝑃̅ is total gas permeance (molm-2Pa-1s-1), R is
universal gas constant (8.314 Jmol-1 K-1), T is absolute temperature (K), M is
molecular weight of gas (gmol-1), rp,m is mean pore radius (m), µ is viscosity of gas
(Pa s), ψ is the surface porosity (Ap/AT) where Ap is area of pores and AT is total area
of membrane, Lp is effective pore length (m) and ̅ is mean pressure (Pa):
̅

(

)

(3.2.7)

where Pu is upstream pressure and Pd is downstream pressure.
Experimentally obtained gas permeance is plotted versus mean pressure,
which should result in a straight line. The intercept (A) of the straight line with the
ordinate and slope (B) are used in the following equations to calculate the mean pore
size and the effective surface porosity.

(

(

)

(3.2.8)

)

(3.2.9)

For gas permeation test the HF membrane contactor module was fabricated as
described in section 3.3. Then at one end of the module the shell side exit and other
end of the module the tube side exit were closed with epoxy. The Figure 3.2.1 shows
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the schematic diagram of gas permeation test unit. Helium gas at variable pressure
0.1–0.2 MPa was blown through the shell side of the module and the volumetric flow
rate of the permeated gas through the walls to the inner tube side is measured using
soap flow meter and digital gas flow meter as a double check. The feed gas (He)
pressure was controlled by a digital pressure regulator. The total gas permeance
values were calculated for different mean pressure values and then plotted total gas
permeance vs. mean pressure graph in order to find the intercept and gradient. Then
these intercept and gradient were used to calculate the effective surface porosity and
mean pore size.

Figure 3.2.1: Schematic diagram of gas permeation test unit.
3.2.3

Porosity and density measurements
The porosity of fabricated membranes was calculated by using the relations

presented by Chabot et. al. [12, 90, 195]. The membrane porosity can be calculated
by using the following relation:
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(3.2.10)

where ρp is polymer density (1.78 g/cm3 for Solef® PVDF 6020/ 1001) and ρm is
membrane density which is calculated by:
(3.2.11)
where ρw is density of water (1 g/cm3), G is mass fraction of polymer in the
membrane and E is overall shrinkage of membrane during drying, G and E are
calculated by Eqs. 3.2.12 and 3.2.13 respectively.
(3.2.12)
(3.2.13)
where Sl the longitudinal shrinkage of the HF obtained by:
(3.2.14)
The samples of fabricated HF membranes were immersed in water for quite a
few days to remove the remaining solvent and pack the pore totally with water. Then,
the water in the lumen side of the membranes was detached by blowing air for a
short period and the length and weight of the wet membrane were measured. The
membranes were dried at 40–45 °C overnight in an oven and the length and weight
of dried membranes were measured. Then Eqs. 3.2.10 and 3.2.11 were used to
calculate membrane porosity and density.
3.2.4

Porosity and pore size measurements
The mercury intrusion technique is an accurate method to measure the pore

size, pore size distribution and porosity. In this technique, mercury is forced in to a
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dry membrane with the volume of mercury being determined at each pressure.
Again, the relationship, pressure and pore size is given by the Laplace equation [83].
For the prepared fibers Pore size and Pore size distribution were measured
with mercury porosimeter (AutoPore IV 9500 Automatic Mercury Porosimeter,
Micromeritics, USA). To perform an analysis, the sample was dried in a shallow pan
at 150 °C for one hour then it was loaded into a penetrometer consists of a sample
cup connected to a metal-clad, precision-bore, and glass capillary stem. The
penetrometer was sealed using grease and placed in a low pressure port, where the
sample was evacuated to remove air and moisture. The penetrometer cup and
capillary stem are then automatically backfilled with mercury. Excess mercury is
automatically drained back into the internal reservoir; only a small amount remains
in the penetrometer. As pressure on the filled penetrometer increases, mercury
intrudes into the sample‟s pores, beginning with those pores of largest diameter. Data
are automatically produced using the low and high pressure data points, along with
values entered, such as the weight of the sample, weight of the assembled
penetrometer with sample before low pressure analysis and the weight of the
penetrometer loaded with mercury after low pressure analysis. The AutoPore IV
operating software generates tabular and graphical reports of percentage pore volume
vs. diameter.
3.2.5

Strength of hollow fiber membranes
The mechanical strength of the membrane can be determined by measuring

the break stress and break strain of the membranes. The conventional tensile test
method i.e. applying the force until the specimen break, modified for polymer
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materials can be used to measure the break stress and break strain of the polymer
membranes.
The tensile stress of the fabricated HFM were measured via autograph testing
machine (Shimadzu Co. AGS-20NJ Series, Japan). A HFM, length 100 mm, was
fixed vertically between two pairs of tweezers separated by a gap of 80 mm. The
fiber was extended at a constant elongation velocity of 20 mm/min until it was
broken. The measurement for each type of fibers was repeated five times, the
averages of five readings were considered.
3.2.6

Contact angle measurement
Contact angle measurement is a method used to gain information about the

hydrophilicity/hydrophobicity of the membrane surface, if the solid surface is
hydrophobic, the water contact angle will be larger than 900.
The inner and outer surface contact angle of the fabricated HFMs was
measured. The inner surface contact angle was measured because in the CO2
absorption process the liquid solvent is flowing in the lumen side of the HFs. The
inner surface contact angle was measured by gentle longitude cutting of the HF using
sharp blade. The inner and outer surfaces of the fibers were exposed to sensible drop
master (Kyowa Interface Science Ltd., Japan) where the contact angle is measured.
At least ten points were used for the contact angle measurements and the average
value was calculated.
3.2.7

Measurement of critical liquid entry pressure of water (LEPw)
The LEPw is the lowest pressure necessary to force water throughout the

membrane pores and is used to evaluate the wettability resistance of the membrane.
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LEPw depends on the maximum pore size of membrane. The HFM used in gas–
liquid membrane contactor application should have enough resistance to penetration
of liquid into membrane pores (low wettability) to guarantee long term stability. The
LEPw can be measured by passing the liquid through the membrane lumen side and
by increasing pressure of water until the first water droplet appear in the outer
surface of membrane.
The LEPw of fabricated membranes was measured by using the unit similar to
that used in the gas permeation test; except that the unit is opened from both sides
and water is flowing instead of gas. Water was sent to the lumen region of the
membrane by a diaphragm pump and valve at the exit of the membrane module is
manipulated to maintain desired pressure in the module. Then pressure, at which the
first droplet of water appeared on the outer surface of membrane, is the LEPw of the
tested fiber. The pressure of water was increased gradually with a step size of 0.1
bars.
3.3 Preparation of GLMC module
Custom made PVDF HFMs were used to construct the GLMC modules. Shell
and tube type module was constructed using Perspex tube as shell (transparent) and
fabricated HFMs as tubes (Figure 3.3.1).
Different diameter transparent Perspex tubes bought in local shops were used
as shell. Two small holes at desired effective module length were drilled on Perspex
tubes as shell in and exit. Before being used in membrane contactor, samples of the
fibers were taken from the water and dried in atmospheric air. Then each membrane
was tested carefully for any physical damage and then tested for any block and leak
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by sending the water through the lumen side of the fiber. The carefully chosen fibers
were used to construct the GLMC module.

Figure 3.3.1: Shell and tube type HF GLMC module
Each membrane module was fabricated by potting desired number of HFMs
in a shell. Different types of epoxies purchased from local shops were used: Araldite
5 min rapid, Fevicol 5 min rapid and Devcon® 5 Minute Epoxy and Devcon ® 5
Minute Epoxy Gel. Then this constructed module was checked for any gas and liquid
leakage before using in any experiments by visual inspection and by measuring in
and out gas flow rates.
3.4 CO2 absorption/Stripping experiment
3.4.1

Reagents and materials
All the chemicals used were purchased from Sigma Aldrich, Germany. All

materials were with purity more than 99%. All chemicals were used as received
without further purification. Gas cylinders Nitrogen (99.99%), CO2 (99.99%) and
CO2/CH4 (10 vol% CO2, 90 vol% CH4) were purchased from Sharjah Oxygen
Company, UAE. The homemade 28% PVDF HFM modules were used in
absorption/stripping experiments.
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3.4.2

Absorption/stripping experiment
The

constructed

GLMC

module

was

used

to

determine

the

absorption/stripping performance of CO2 into different amino acid solutions. The
flow diagram of the experimental absorption/stripping membrane contactor system is
shown in Figure 3.4.1.
Absorption experiment
To study the absorption performance CO2/CH4 gas mixture was applied to the
shell side of the membrane contactor module at required gas inlet flow rate by using
mass flow controllers (Alicat Scientific). Different kind of aqueous solvents at
different concentrations were used in the CO2 absorption process. The liquid feed
stream supplied to lumen side of the module at desired flow rate by using peristaltic
pump (Masterflex® L/S®). Also if needed the liquid feed streams were heated for
different temperatures by using feedback control heater (WiseStir®). Exit gas
concentration was measured using gas chromatography (Shimadzu, Japan). Except
the long term absorption performance experiments other all experiments were
conducted for at least 30 minutes in order to achieve the steady state. Further except
the recyclability experiments in all other experiments fresh liquids were used as
absorption liquid. The inlet and outlet gas and liquid pressures and temperatures were
monitored by using digital thermometers and pressure gauges.
Stripping experiments
To study the stripping performance the liquid feed stream coming from the
absorber module and manual CO2 preloaded aqueous solutions were pumped to the
stripping module. Pure nitrogen, as a sweep gas, was made to flow through the
module shell side at the desired flow rate by using mass flow controller (Alicat
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Scientific). The liquid feed stream supplied to lumen side of the module at desired
flow rate by using peristaltic pump (Masterflex® L/S®).

Figure 3.4.1: Flow diagram of the experimental absorption/stripping membrane
contactor system
A counter-current flow mode was applied for the gas and liquid phases. A
pressure difference of 0.05 MPa was applied between the liquid stream and gas
stream by using control valve in order to avoid the formation of bubbles on the liquid
side except for the experiment conducted to study the effect of transmembrane
pressure. The system was allowed to reach steady state condition before taking
samples. The liquid phase CO2 concentration at the inlet and outlet of the stripper
module was analyzed by double titration method and “Chittick apparatus”, to
determine stripping flux and efficiency. Also the sweeping gas exit concentration
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was measured by using gas chromatography (Shimadzu, Japan) in order to make sure
the results.
The experimental CO2 absorption/stripping efficiency was calculated as:
(

)

(3.4.1)

where Ci and Co (mol/m3) are the feed gas CO2 concentration for absorption and
liquid phase CO2 concentration for stripping at the inlet and outlet of the membrane
module respectively.vi and vo (m3/s) are the feed gas flow rate for absorption and
liquid flow rate for stripping at the inlet and outlet of the membrane module
respectively.
The CO2 absorption/stripping flux of the module can be calculated as:
(3.4.2)
where

is the CO2 flux (mol/m2 s) and Ai is inner surface of the HFMs (m2).

3.5 CO2 loading and measurement
3.5.1

CO2 loading
Different aqueous solutions preloaded with CO2 were used as liquid

absorbents in CO2 stripping test. The CO2 rich aqueous solutions were prepared by
supplying CO2 gas through spiral tubes, which have small holes and placed inside the
closed aqueous solution container (Figure 3.5.1). The gas was circulated through the
stirred solution and process was continued until there was no significant change in
solution ph. The equilibrium was assumably reached.
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Figure 3.5.1: CO2 loading set-up
3.5.2

Double titration method
CO2 concentration in the aqueous solution was determined by chemical

titration described elsewhere [196]. An excess amount of 1.0 M NaOH solution was
added to the known amount of CO2 rich liquid sample, converting dissolved CO2 into
the nonvolatile ionic species. Then an excess amount of 1.0 M BaCl2 solution was
added to the solution. The solution then stirred and heated for 3 hour at temperature
of 70 °C. Absorbed CO2 precipitates as BaCO3. The excess NaOH was titrated with
1.0 M HCl solution using phenolphthalein as the indicator. After this titration, using
Methyl Orange as the indicator, HCl was added to measure the amount of BaCO3.
The volume of HCl added to neutralize the basic species in the solution was used to
calculate the CO2 loading.
The CO2 loading was calculated according to the following equation:
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(3.5.1)

where α is CO2 loading in mol of CO2/volume of solution, VHCl is volume of HCl
request to neutralize the BaCO3 in ml, Vsample is volume of sample taken for analysis
in ml.
3.5.3

Chittick apparatus
CO2 concentration in the aqueous solution was determined by the apparatus

adapted from the Chittick CO2 analyzer apparatus [197]. A schematic of the
apparatus is shown in Figure 3.5.2. A sample of known volume (5 to 25 ml depends
on the CO2 concentration) with an indicator (ideally methyl orange) was placed in
the reaction flask and the flask was then connected and sealed to a one side of long
U- Tube manometer and other side was open to atmosphere. Hydrochloric acid (1M
HCl) was slowly pumped to the reaction flask from 50 ml titration burette till the
indicator color change. The solution was also stirred by a magnetic stir bar to
homogenize and to help release CO2 from the solution. CO2 released from the liquid
displace the fluid in the tube. The amount of CO2 absorbed by the amine solution
(defined as moles of CO2 per mole of amine group) was obtained by:
[

⁄

]

(3.5.2)

Where Vgas is volume of displaced solution in the manometer tube (ml), VHCl is
volume of HCl titrant (ml), P is pressure (Pa), T is room temperature (K), C1is
solution concentration (mol/l) and V1is sample volume (ml). It should be noted that
the pressure created by releasing CO2 from liquid is negligible and the pressure of
the system is approximated as atmospheric pressure [60].
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Figure 3.5.2: Liquid sample CO2 measuring unit (adopted from Chittick apparatus)
3.6 Mathematical model development for CO2 absorption/Stripping in GLMC
Material, energy and momentum transport equations were considered in the
development of the mathematical models that describes the transport of gas mixture
and liquid solvent in a countercurrent hollow fiber membrane contactor [84, 193,
198]. The liquid flow through the fiber with a fully developed laminar parabolic
velocity profile while the gas flow through the shell in opposite direction.
Figure 3.6.1 (a) shows the cross sectional area of the membrane contactor. Based on
Happel‟s free surface model, only segment of the gas surrounding the fiber is
considered which may be approximated as circular cross section [183]. Considering
active area and hexagonal shape shell unit around each fiber, the hypothetical radius
of shell unit of each fiber was calculated as:

r3  r2 1/(1   )

(3.6.1)
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where r3 is hypthetical shell unit radius around each fiber. Hence, the membrane
contactor consists of three sections: tube side, microporous membrane, and shell
side. Then steady state model equations were developed for module segment shown
in Figure 3.6.1 (b).

(a)

(b)

Figure 3.6.1: (a) Cross-sectional area of the membrane contactor and circular
approximation of portion of the shell surrounding the fibers
(b) A schematic diagram for the membrane contactor.
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This model was built on the basis of following assumptions [30, 32]:
(1)

The system is under steady-state.

(2)

A fully developed laminar parabolic gas velocity profile is adopted, whereas a
laminar liquid flows in the lumen of hollow fibers on the contrary (Calculated
Reynolds number always very much less than 2000).

(3)

The Henry‟s law is applicable for the gas-liquid surface (dilute CO2
concentration in liquid phase).

(4)

The gas is regarded as an ideal gas.

(5)

The Newtonian-type fluid inside the lumen has constant physical properties
Subject to these assumptions, main equations for gas absorption in a HF

GLMC were derived by conducting material, momentum and energy balances for
module segment shown in Figure 3.6.1.
3.6.1

Material balance

The material balance equations for shell side, membrane and tube side were derived
from basic material balance equation 2.7.5 as follows:
Shell side (gas phase)
Shell side steady state material balance for the transport of gas molecules
from CO2/CH4 gas mixture was written as follows:
 1   Ci ,s
 r
Di ,s 
 r r  r

2
  Ci , s  
1 
 
rv r ,s Ci ,s
  Vzs Ci ,s  
r  z
r r






(3.6.2)

where i denote CO2 and CH4. Assuming Happel‟s free surface model [183], the
velocity profile in the shell side is corrected using the following equation:
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r r3 2  r2 r3 2  2 ln r2 r  
V zs  v zs , max 

4
2
 3  r2 r3   4r 2 r3   4 ln r2 r3 

(3.6.3)

Boundary conditions used:


Identical concentration at the membrane gas interface:

r r 2 , C i , s  C i , m


Axial symmetry at gas side hypothetical module radius:

r  r3 , 


Ci , s
r

0

(3.6.5)

Convective flux outlet of gas stream i.e. no axial molecualr diffusion:

z  0, 


(3.6.4)

Ci , s
r

0

(3.6.6)

Inlet gas conditions:

, CCH
z  L , CCO2, s  CCO
2

4, s


 CCH
4

(3.6.7)

Membrane section
The steady state material balance for the transport of gas molecules from
CO2/CH4 gas mixture across the membrane skin layer for non-wetting mode of
operation is considered to be due to diffusion only; no reactions are taking place in
the gas filled pores. Hence the derived equation was;
  2 C i ,m 1 C i ,m  2 C i ,m 
Di ,m 


0
2
r r
z 2 
 r

(3.6.8)

Boundary conditions used:


Membrnae liquid interface (considering solubility):

r  r1 , C i ,m  C i ,t / mi


Identical concentration at the membrane gas interface:

(3.6.9)
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r  r2 , C i , m  C i , s


(3.6.10)

Insulation at both end of the membrane:

z  0, z  L ,

Ci ,m
z

0

(3.6.11)

Tube side (liquid phase)
The steady state material balance for the transport of CO2 and aqueous NaOH
in the lumen side ofthe hollow fiber membrane tubes is considered to be due to
diffusion, convection and reaction as well. The derived equation was:
 1   Ci ,t   2Ci ,t 

1 
rvrtCi,t 
Di ,t 
 ri ,t  vz ,t Ci ,t  
 r
 
2 
z
r r
 r r  r  z 

(3.6.12)

where the subscript „„i‟‟ indicates CO2 and NaOH. Reaction rates for CO2 and NaOH
are shown in Eqs. (13) and (14), respectively:

rCO2,t  k r CCO2,t C NaOH ,t

(3.6.13)

rNaOH ,t  2k r CCO2,t C NaOH ,t

(3.6.14)

Boundary conditions used:


Axial symmetry at tube center:

r  0, 


Ci ,t
r

0

Gas solubility in solvent at liquid –membrane interface:

r  r1 , C i ,t  mi Ci ,m


(3.6.16)

Solvent initial feed concentration:

z  0 , CNaOH ,t  CNaOH



(3.6.15)

(3.6.17)

Convective flux at the exit liquid stream:
z  L, 

Ci ,t
z

0

(3.6.18)
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3.6.2

Momentum transport
Assuming steady state operation the momentum transport equations that

described shell and tube sides were derived from momentum balance equations 2.7.6
and 2.7.7 as follows:
Shell side (gas phase)
r-direction:
  1 
Ps
 2 v rs








rv


g
rs

r
z 2

 r  r r






(3.6.19)

  1 
v zs 
Ps
 2 v zs
 v zs

rv zs   2
 g  v rs
 v zs
 g  

r
z 
z
z

 r  r r






(3.6.20)



 g  v rs


v rs
v
 v zs rs
r
z

z-direction:

Boundary conditions used:


Membrane gas interface:

r  r2 , v zs  0 , vrs  0


Axial symmetry at module hypothetical radius:

r  r3 , 


v zs
 0,
z

vrs  0

(3.6.22)

Exit of gas flow in the shell side:

z  0, 


(3.6.21)

v zs
 0 , vrs  0
z

(3.6.23)

Inlet gas velocity
z  L , v zs  v 0 , g ,

vrs  0

(3.6.24)
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Membrane side
The velocity of gas in the hollow fiber membrane skin is very low because of
the weak permeability of the hollow fiber membranes used in GLMC. Accordingly
the gas in the MC can be assumed as stagnant.
Tube side (liquid phase)
Under steady state operation , the velocity profile in the r and z directions:
r-direction:
2
  1 
v rt
v 
P
rv rt    v2rt
 v zs rt    t   L  
r
z 
r
z
 r  r r






(3.6.25)

  1 
v zt 
Pt
 2 v zt
 v zt



 L  v rt
 v zt
 L  
rv zt 

r
z 
z
z 2

 r  r r






(3.6.26)



 L  v rt


z-direction:

Boundary conditions used:
The velocities in the r-directions at all boundary conditions are almost zero (i.e.

vrt  0 ).


Axial symmetry:

r  0, 


v zt
 0,
r

vrt  0

(3.6.28)

Inlet velocity of absorbent liquid:

z  0 , v zt  v 0, L ,


(3.6.27)

Velocity near membrane walls:

r  r1 , v zt  0 ,


vrt  0

vrt  0

Exit of absorbent liquid in tube side:

(3.6.29)
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z  L, 

3.6.3

v zt
 0,
z

vrt  0

(3.6.30)

Energy balance
The steady state energy balance equations for shell side, membrane section

and tube side were derived from energy balance equation 2.7.8 as follows:
Shell side (gas phase)
No reaction is taking place in the shell side. The derived equation was:

 1   Ts   2Ts 
Ts 
 Ts
 g C pg  vrs
 v zs
  kg 
r
 2 
r
z 

 r r  r  z 

(3.6.31)

Used boundary conditions are:


The temperature at gas-membrane interface

r  rs , Ts  Tm


Shell outside hypothetical surface (considering symmetry)

r  r3 ,


Ts
0
r

(3.6.33)

The exit of tha gas in the shell side

z  0,


(3.6.32)

Ts
0
z

(3.6.34)

The inlet temperature of gas in the shell side
z  L , Ts  T0 , g

(3.6.35)

Membrane section
The chemical reactions are taking place in the liquid phase and there is no
chemical reaction in the membrane pores filled with gas (non-wetted mode). The
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permeability of membranes used in the hollow fiber gas–liquid membrane contactors
are very week, consequently, the velocity is very small; hence, the fluid in membrane
can be assumed as stagnant. Accordingly, the steady state thermal energy equation
for the gas and membrane that are at the thermal equilibrium conditions, is simplified
and derived equation was:

 1   Tm 
 2Tm 
0  k m
r
  km

z 2 
 r r  r 

(3.6.36)

Boundary conditions used assuming the heat of evaporation is taking place at liquid
membrane interface:


Evaporation of liquid through membrane pores:

r  r1 ,  k t

Tt
T
 k m m  J w H evap
r
r

(3.6.37)
k m  k s  (1   )k g

(3.6.38)



Membrane gas interface:

r  r2 , Tm  Ts


(3.6.39)

Thermal insulation:

z  0, z  L , 

Ts
0
z

(3.6.40)

Tube side (liquid phase)
In the tube side heat is transferred through, conduction, convection and through
solvent evaporation as well. The derived equation was:



 L C pL  vrt


 1   Tt
Tt
T 
 v zt t   k L 
r
r
z 
r

r
 r


2
  Tt 

 rCO2 H rxn

2 
 z 

(3.6.41)
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Boundary conditions used:


Center of tube and axial symmetry:

r  r0 ,


Tt
0
r

Evaporation at liquid – gas interface through pores:

r  r1 ,  k t


(3.6.42)

Tt
T
 k m m  J w H evap
r
r

Inlet temperature of absorbent liquid:

z  0 , Tt  Tt ,0


(3.6.43)

(3.6.44)

Convective heat flux:
z  L, 

Tt
0
z

(3.6.45)

Water evaporation flux
The amount of water evaporated from the aqueous NaOH solution depends
on the absorbent inlet temperature and the temperature of the gas, the actual humidity
of the gas and the velocity of the gas above the surface. As previously mentioned the
gas in membrane pores is almost stagnant, the free convection mass transfer can be
considered, and accordingly the derived equation for water evaporation flux was:
J w  hm (C w, sat  C w, )

(3.6.46)

where hm (m/s) is the mass transfer coefficient, Cw,sat is concentration of water vapor
at the interface between liquid–gas in membrane pores which is a function of
saturated vapor pressure of solvent at the interface; the density of water vapor
evaluated at the partial pressure and temperature, Cw,1 is the concentration of water
vapor in the gas stream which is negligible since there is no water vapor in the inlet
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gas mixture. The mass transfer coefficient (hm) across the membrane fibers can be
calculated using the following mass transfer correlation [199]:

Sh  0.59 (Gr  Sc)1 4

(3.6.47)

where Sherwood number (Sh) is:
Sh 

hm L
Daw

(3.6.48)

Grashof number (Gr) is:

Gr 

gL3

 2

,    s    ,  

( s   )

, 
2


(3.6.49)

Schimidt number (Sc) is:
Sc 


Daw

(3.6.50)

The molar concentration evaluated from the ideal gas law as:

C As 

p As
p
, C A  A
Rg Ts
Rg T

(3.6.51)

The maximum saturation pressure of the water vapor varies with the
temperature of the gas vapor mixture and can be expressed as [200]:
p As  133 .322  10 (8.10765(1450.286 T  235)

(3.6.52)

The derived equations were solved numerically. Numerical values of the parameters
used in modeling are listed in Table 3.6.1.

110

Table 3.6.1:

Numerical values of the parameters used in modelling

Parameter

Value

Ref.

Inner tube radius, r1 (m)

0.2 ×10-3

Measured

Outer tube radius, r2 (m)

0.5 ×10-3

Measured

Module length, L (m)

0.26

Measured

Module inner diameter, dm (m)

0.8 ×10-2

Measured

Daw (m2/s)

2.77×10-5

[199]

DCO2-shell (m2/s)

0.2909 ×10-7*T1.75/P

[198]

DCO2-tube (m2/s)

2.35×10-6exp(-2119/T)

[201]

DCO2-membrane (m2/s)

(ε/τ)×DCO2-shell

Estimated

Dsolvent-tube (m2/s)

0.5×DCO2-tube

Estimated

mCO2

3.59×10-7RTexp(2044/T)

[201]

kr (m3/mol s)

10(10.99-2152/T)/1000

[202]

ks (W/mK)

0.056

Measured

Membrane porosity, ε

0.5

Measured

Surface porosity, εs

0.25

Measured

Tortuosity, τ

(2-ε)2/ε

[203]
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4 Chapter 4: Results and Discussion
4.1 Membrane fabrication and characterization for CO2 separation in GLMC
The aims of these studies were to investigate the effect of some spinning
conditions on membrane structure and CO2 separation performance of membranes in
GLMC. For this own fabricated membranes by TIPS methods were used. HFMs
were considered. PVDF was used as polymer material and GTA was used as solvent
in order to prepare the dope solutions. Then the few selected, considered as important
spinning parameters were changed in order to prepare the different types of
membranes. The results in the following sections show how the membrane
characteristics and CO2 absorption performance were affected by different
processing parameters.
4.1.1 Effect of different polymer concentration on PVDF hollow fiber
membranes
The main objective of this part of work was to investigate the effect of
polymer concentration on the membrane structure and performance. In this study
PVDF HFMs were fabricated by TIPS method. The dope solution was prepared by
mixing certain amount of PVDF powder with triacetin solvent. The polymer
concentration in dope solution varied from 25 to 34 wt%. HFMs were fabricated by
following the procedure described in section 3.1.2. The spinning conditions specific
for this work was shown in Table 4.1.1.

4.1.1.1 Effect of polymer concentration on structure of PVDF membranes
The SEM images of the cross section and inner surface and outer surface
structures of the five fabricated membranes are shown in Figure 4.1.1. The inner,
outer diameters and thickness of the membranes are given in Table 4.1.2. The outer
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surface of the PVDF membrane shows a dense skin layer with increased PVDF
concentration. This dense skin layer is formed due to diluent evaporation at the outer
surface of the membrane during the air–gap and no any macrovoids observed in the
external surface. Increase in average thickness of the membrane dense skin layer
causing subsequent reduction in inner diameter with polymer concentration. This is
mainly due to the decrease in the degree of crystallinity. With polymer concentration
considerable increase in polymer viscosity creates difficulty in the solvent – non
solvent exchange rate and therefore restricts the degree of crystallinity [112]. The
skin layer is composed of intersecting polygonal plates with clear boundaries. The
size of the polygonal plates decreases with PVDF concentration in the dope solution.
Table 4.1.1: Spinning conditions adopted for different polymer concentration HFMs
Spinning parameters

Values

Dope composition

25%, 28%, 30%, 32%, 34% PVDF

Bore fluid and solvent

Triacetin

Dope solution flow rate

5 g/min

Bore fluid flow rate

7 g/min

Take up winder

10 rpm

Spinneret , OD/ID

1.5/1.1 mm

Extrusion temperature

170 °C

Quenching bath temperature

25 °C

Air gap

5 cm

Dope solution temperature

170 °C

Quenching medium

Water
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Figure 4.1.1: SEM images of the cross section and inner surface and outer surface
structures of different polymer concentration fibers
4.1.1.2 Effects of PVDF concentration on membrane pore size and effective
surface porosity
Gas permeation tests were used to calculate the average pore size and
membrane effective surface porosity. The measured gas permeability values at 0.1
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MPa are shown in Table 4.1.3. The results revealed that gas permeability decreased
with increased % PVDF in the dope solution. The decrease in the gas permeability
with polymer concentration is related to the increase in thickness of the membrane
skin layer. Based on gas permeability results the membrane pore size and effective
surface porosity were calculated and summarized in Table 4.1.4. These results are in
accordance with the SEM observation. No pores were visible by SEM observations
at the outer surface of the HF, confirming the small pore sizes obtained by the gas
permeation tests.
Table 4.1.2: Inner, outer diameters and thickness of the different polymer
concentration HFMs
Polymer concentration
(PVDF %)

Inner diameter
(mm)

Outer diameter
(mm)

Thickness
(mm)

25

0.55

1.0

0.23

28

0.42

1.1

0.34

30

0.35

1.0

0.33

32

0.34

1.0

0.33

34

0.23

1.0

0.39

As shown in Table 4.1.3 and Table 4.1.4, the gas permeability, mean pore size
and effective surface porosity decreased as the polymer concentration in dope
solution increased. This can be attributed to increase in the viscosity of the solution.
The high viscosity of the solution delays the polymer- solvent demixing by slowing
down the process of solvent – non solvent exchange rate. So a skin layer is formed
before the demixing occurs and denseness thickness of its increase with the extent of
the slowdown of demixing process [38, 194].
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Table 4.1.3:

Measured gas permeability values at 0.1 MPa

Polymer concentration
( PVDF %)

Gas Permeability
x 10-7 (mol m-2 Pa-1 s-1)

25

26.3

28

10.5

30

1.33

32

0.57

34

0.35

Table 4.1.4: Calculated different polymer concentration HFM pore size and
effective surface porosity
Polymer concentration
(PVDF %)

Mean pore radius
(nm)

Effective surface
porosity (m-1)

25

464

78.54

28

349

52.32

30

121

40.98

32

73

39.26

34

54

38.06

Atchariyawut et.al. [24] studied the separation of CO2 from CH4 using 0.2
µm pore size microporous PVDF HFs. Khaisri et al. [102] compared membrane
resistance and absorption performance of three different membranes and all three
membranes including PVDF, PP and PTFE have the pore size in the range of 0.5 –
20 µm. Rhabari-Sisakht et.al [204] fabricated novel surface modified PVDF HFMs
and the pore size of these membrane also in the µm range. So the fabricated
membranes pore sizes are in accordance with the literature values.
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4.1.1.3 Effects of PVDF concentration on membrane density and overall
porosity
Membrane overall porosity was measured with mercury porosimeter. In
addition to overall porosity the pore size also can be measured from this analysis it
also recorded to compare the pore size calculated from gas permeation results.
Further density of the membranes was calculated by the method described in
section 3.2.3. Table 4.1.5 shows the measured pore size, overall porosity and
calculated density values. As discussed previously the dense skin layer thickness
increase with polymer concentration is accordance with the membrane porosity
decreases with polymer concentration. Further decrease in void fraction with an
increase in the polymer concentration also resulted in decrease of porosity with
polymer concentration. Membrane porosities range from 20% to 90% but generally
fall around 35% [25], accordingly, the porosities of the PVDF membranes shown in
Table 4.1.5 are within the acceptable range [205]. The density of the membrane
increases with polymer concentration due to decrease in porosity and increase in
dense layer thickness as discussed.
Table 4.1.5:
porosity

Measured different polymer concentration HFM density, pore size and

Polymer
concentration (%)

Density (g/cm3)

Pore radius
(nm)

Porosity (%)

25

0.55

392

52.26

28

0.42

298

45.85

30

0.35

94

39.91

32

0.34

59

36.41

34

0.23

28

31.28
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However the calculated pore size and surface porosity is greater than the
measured pore size and overall porosity. This is due to the fact that the HF extruded
from the spinneret passes through an air gap and drops into water tank, at ambient
temperature to induce the phase separation and solidify the membrane. Crystalline
spherulites structure is formed during solvent and non solvent (water) exchange in
the water quench bath. Since the quench rate in the outer surface of the HFM is
higher than that at the inner surface, spherulites diameter in the thin layer near the
outer surface is smaller than that in the interior region. Consequently, the porosity at
the outer surface is lower than that at the inner surface of the membrane.

4.1.1.4 Effects of PVDF concentration on membrane strength
Figure 4.1.2 shows the effect of the PVDF concentration on the membrane
strength and percent strain at break. Break stress increased with polymer
concentration. This is attributed to the decrease in the membrane pore size and
membrane porosity with polymer concentration. The decrease in membrane porosity
increases the strength of the membrane, on the other hand, decreases the percent
strain.
Further, this can be explained by the closer packed molecular chains in the
direction of increased PVDF concentration, and hence increases the fiber mechanical
properties. Accordingly, high-sheared fibers demonstrate a higher resistance to
elongation before yield and a higher stress is required to stretch and break the high
sheared fiber [206].

2.6

40

2.4

38
36

2.2

34
2
32
1.8

30

1.6

Break strain (%)

Break stress (N/mm2)
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26
36%

% PVDF in dope solution
Figure 4.1.2:
strength.

Effect of PVDF concentration in the dope solution on membrane

4.1.1.5 Effects of polymer concentration on membrane contact angle
The contact angle of deionized water on the inner and outer surface of
fabricated PVDF HF membranes was measured using sessible drop method
described in section 3.2.6 and shown in Figure 4.1.3. Each value is the average of five
repeated measurements. The figure depicts the effect of polymer concentration on the
mean contact angle on the inner and outer surface of fabricated HF membranes. Both
inner and outer surface contact angles show same trend with polymer concentration,
whereas the outer surface contact angle is greater than the inner surface contact
angle. The contact angle of a surface mainly determined by roughness of the surface.
If the surface is rougher then the contact angle is smaller. Because surface roughness
increases with the surface porosity and pore size, the membranes with high polymer
concentration are less rough and have higher contact angle.
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Figure 4.1.3: Effects of PVDF concentration in the dope polymer solution on
contact angle of inner outer surface of HFM
As shown in Figure 4.1.3 the outer surface contact angle is more than the
inner surface contact angle, which accordance with the SEM images. Inner surface is
more porous than the outer surface. However both surfaces are hydrophobic since the
contact angles are more than 900.

4.1.1.6 Effects of PVDF concentration on liquid entry pressure of water (LEPw)
The effect % PVDF in the polymer solution on the liquid entry pressure of
water is shown in Table 4.1.6. The liquid entry pressure of water (LEPw) increased
as the pore size decreased. The increase in the liquid entry pressure of water is
accredited to the decrease in membrane pore size with increased polymer
concentration (Table 4.1.4). Dindore et al. examined the LEPw for PTFE and PP
HFMs and measure values are 3.1 bars for PTFE and greater than 0.9 bars for PP.
Hence the measured values for fabricated membranes fall within this range.
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Table 4.1.6: Effect of PVDF concentrations on membrane LEPw.
Polymer concentration
(%)

LEPw (bar)

25

1.3±0.1

28

1.6±0.08

30

1.7±0.06

32

2.0±0.07

34

2.2±0.04

4.1.1.7 Effects of PVDF concentration on CO2 absorption performance
The effect of PVDF concentration on CO2 absorption was studied by
absorption experiments (described in section 3.4.2) in constructed GLMC modules
with different polymer concentration HF membranes. 9 vol% CO2/ CH4 gas mixture
was used as feed gas while 0.5 M NaOH was used as absorption liquid. The feed gas
flow rate varied between the ranges of 10-150 cm3/min while the liquid flow rate was
maintained at 10 ml/min. Both feed gas and liquid were at room temperature and
atmospheric pressure. Each membrane module was constructed by potting 6 HFMs
in a shell (Perspex, 10 mm in inner diameter, and 30 cm in length). The effective
HFM length is about 26 cm. Feed gas made to flow through the shell side while
liquid flow through the lumen side.
Figure 4.1.4 shows the relation between CO2 absorption fluxes with gas flow
rate for membranes fabricated from different % PVDF. Regardless of type of
membrane the absorption flux increases with gas flow rate. For a particular gas flow
rate the membrane made with low polymer concentration shows better absorption
performance. This due to the fact that low polymer concentration membranes have
larger pore size and higher porosity. The CO2 absorption flux of fabricated
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membranes was compared with those of other commercial and in-house made
hydrophobic membranes listed in several literatures [24, 207, 208] .

CO2 flux (mol/m2s)
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Figure 4.1.4: Effect of PVDF concentration on CO2 absorption performance (0.5 M
NaOH at room temperature, vl = 10 ml/min)
Figure 4.1.5 shows the Wilson plot of mass transfer resistance versus v-0.93
(where v is gas velocity), the results show good fit with v-0.93. Similar trend was
found by Feng et al. [108]. The overall mass transfer resistance increased for
membranes prepared with high polymer concentration. By using Eq. 2.7.3 the
resistance offered by the membrane was calculated and the calculated values for 25,
28 , 30 , 32, 34 % PVDF fibers were respectively 0.00018, 0.00025, 0.00035 0.00046
and 0.00066 s/m. These represent ten to thirty percent of overall mass transfer
resistance.
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Figure 4.1.5: Mass transfer resistance of membranes vs. v-0.93 (Wilson plot)
4.1.1.8 Conclusion
PVDF HFMs were fabricated by varying the polymer concentration in the
spinning dope from 25 to 34 wt%. It was observed that increasing PVDF
concentration in the spinning dope decreases the mean pore size and the effective
surface porosity at the skin layer; on the other hand, it increases LEPw. Increasing
PVDF concentration in the spinning dope decreases the average absorption flux of
CO2. Among the tested membranes in gas–liquid membrane contactor, it was
observed that the 28% PVDF membranes provides the optimum performance.
4.1.2 Effect of polymer extrusion temperature on PVDF hollow fiber
membrane
The main objective of this part of work was to investigate the effect of
polymer extrusion temperature on PVDF HFM structure and performance. In this
study PVDF HFMs were fabricated by TIPS method by using the dope solution
consists of 28% PVDF polymer and 72% triacetin liquid solvent. The dope solution
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extruded at four different temperatures: 140, 150, 160 and170 °C. HFMs were
fabricated by following the procedure described in section 3.1.2. The spinning
conditions specific for this work was shown in Table 4.1.7. Then the fabricated
membranes at different extrusion temperatures were investigated for the effect of
dope solution extrusion temperature on the membrane structure and performance.
Membrane contactor modules were constructed using the in house fabricated
membranes and was used in the absorption of CO2 from CO2/CH4 gas mixture in
aqueous NaOH solution. The observed membrane performance was based on
membrane structure.

4.1.2.1 Effect of extrusion temperature on hollow fiber membrane preparation
The dope solutions extruded at temperature 150, 160 and 170 °C were
successfully produced HFMs. Whereas the dope solution extruded at the temperature
of 140 °C failed to fabricate HFMs. The viscosity of the dope solutions have great
impact on HFM fabrication [33, 83]. The viscosity of the dope solution should be
low enough in order to extrude through the spinneret continuously and form the
hollow fiber structure. The viscosity of the dope solution extruded at the temperature
of 140 °C may be high and the dope solution could not pass through the spinneret
even under high nitrogen pressure. So the experiment under this operating
temperature was not doing well and was unsuccessful to fabricate hollow fibers.
Rajabzadeh et al. [41] studied the crystallization temperature for
PVDF/triacetin system and based on their study the crystallization temperature of
28%PVDF/72% triacetin is around 100 °C. Ishigami [43] mentioned the
crystallization temperature of 28% PVDF/72% triacetin is around 89 °C. Figure 4.1.6
shows the phase diagram provided by the Solef for Solef® 1015 /triacetin system.
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Solef® 1015 somewhat similar to Solef® 6020/1001. From these facts it can be
concluded the crystallization temperature of 28% PVDF/72% triacetin is around 100
°C. It was stated that the extrusion temperature should be 30 °C higher than the
polymer crystallization temperature [41]. However failure to prepare HFs at 140 °C
revealed that that extrusion temperature should be at least 50 °C higher than dope
crystallization temperature to successfully prepare high quality PVDF HFMs.
Table 4.1.7:
Spinning conditions adopted for different polymer extrusion
temperature hollow fiber membranes
Spinning parameters

Values

Dope composition

28% PVDF/72% triacetin

Extrusion temperature

140, 150, 160, 170 °C

Bore fluid and solvent

Triacetin

Dope solution flow rate

5 g/min

Bore fluid flow rate

7 g/min

Take up winder

10 rpm

Spinneret , OD/ID

1.5/1.1 mm

Quenching bath temperature

26 °C

Air gap

7 cm

Dope solution temperature

170 °C

Quenching medium

Water
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Figure 4.1.6: Phase diagram of Solef® 1015 in GTA
4.1.2.2 Effect of polymer extrusion temperature on structure of PVDF hollow
fiber membranes
Table 4.1.8 shows the internal and external diameters of PVDF HFM
prepared from three different dope temperatures. The effect of extrusion temperature
on fiber inner and outer diameter is insignificant since the same spinneret was used at
fixed operating conditions.
Table 4.1.8:
Inner and outer diameters of the different polymer extrusion
temperature hollow fiber membranes
Polymer extrusion
temperature (°C)

Inner diameter
(mm)

Outer diameter
(mm)

150

0.42

1.0

160

0.39

1.1

170

0.38

1.1

Shown in Table 4.1.9 and Table 4.1.10 are SEM micrographs for the
membrane cross section, inner and outer surface of typical HFMs prepared at three
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different extrusion temperatures (150, 160 and 170 °C). The membranes had a
microporous structure. There were significant differences in the size and distribution
of pores. The surface of low dope temperature was denser. On the other hand, the
surface with high dope temperature has small pore size and well distributed all over
the surface. The membrane porosity of the prepared membrane increased with
extrusion temperature as seen from the spherulites structure. Increased in the particle
size with temperature, increased the void volume between the particles and hence
increased membrane porosity [35]. Further when dope solution extrusion temperature
increased the viscosity of solution is decreased, resulting in smooth polymer flow
and forming smooth structures with uniform pore size. The spherulites size
distribution varies from inner to external surface. Close to membrane outer surface
the membrane is denser and the size of the spherulites particles decreases with
increases extrusion temperature (Table 4.1.9).

4.1.2.3 Effects of polymer extrusion temperature on membrane contact angle
Measures of the hydrophobicity of the membrane surfaces were done by
using the water contact angle method. Water contact angles were measured by using
sessile drop method described in section 3.2.6. The result of all measurements was
taken from the mean of at least ten single measurements. In the case of water, the
membranes are said to be hydrophobic if the contact angle exceeds 900. The
hydrophobic property of PVDF membranes were influenced by membrane surface
roughness and porous surfaces of the membranes. The values of membrane water
contact angles of internal and external surfaces as a function of extrusion temperature
are shown in Figure 4.1.7.
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Table 4.1.9:

Effect of polymer extrusion temperature on membrane cross section

Extrusion
temperature

Full cross section

Half cross section

150 °C

160 °C

170 °C

Hydrophobicity of the membranes plays an important role in reducing or
eliminating wetting problems from occurring during the CO2 absorption process.
When the membrane was fully or partially wetted, the membrane resistance
increased and the overall mass transfer coefficient of the process is reduced [93]. In
order to eliminate the wetting problems, the membranes must have high
hydrophobicity with contact angles higher than 900 [91]. The figure revealed that
high extrusion temperatures lead to increase in membrane water contact angle and all
membranes fabricated have hydrophobic inner and outer surface. The increase in
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contact angle with extrusion temperature is due to increase in surface roughness and
porosity.
Table 4.1.10: Effect of polymer extrusion temperature on membrane inner and outer
surface structure
Extrusion
temperature

Outer surface

Inner surface

150 °C

160 °C

170 °C

4.1.2.4 Effects of polymer extrusion temperature on membrane strength
Figure 4.1.8 shows the effect of dope extrusion temperature on the break
stress and break strain of PVDF HFMs. It can be seen that the membrane strength
increased by increasing dope extrusion temperature, this is attributed to the fact that,
increasing dope temperature forms dense skin layer on the membranes outer surface
with smaller pore size. Further it was reported in the literature high-sheared fibers
demonstrate a higher resistance to elongation before yield and a higher stress is
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required to stretch and break the high sheared fiber [206]. So it can be concluded by
increasing the dope solution extrusion temperature high sheared fibers can be
formed.
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Figure 4.1.8: Effects of polymer extrusion temperature on membrane strength
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4.1.2.5 Effect of polymer extrusion temperature on pore size and effective
surface porosity
The results for the effect surface porosity and pore size was shown in
Figure 4.1.9. The results were obtained using gas permeation test which is based on
the assumption that the skin layer governs the gas transport. The mean pore size and
the effective surface porosity obtained by the gas permeation test approach are those
for skin layer. The results revealed that as the dope temperature increased surface
pore radius decreased and effective surface porosity increased. This performance is
accredited to fact that, close to membrane outer surface, the size of the spherical
clusters are lower than that in the bulk cross section far from the outer membrane
edges and a skin dense layer exists close to outer surface due to solvent evaporation
along the 7 cm air gap, the smaller the spherulites the lower the space between the
cluster and hence decreased pore radius.
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Figure 4.1.9: Effect of polymer extrusion temperature on pore size and effective
surface porosity
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4.1.2.6 Effect of polymer extrusion temperature on hollow fiber membrane
porosity
Table 4.1.11 summarized the effect of extrusion temperature on percent
membrane porosity and average pore diameter. Percent membrane porosity and
average pore diameter measure with mercury porosimeter. As extrusion temperature
increased membrane porosity increased. Spherulites diameter increased by increasing
polymer extrusion temperature due to the increase in the polymer concentration
brought about by the evaporation of the solvent at the outer surface. Thus porosity
and permeability increased because the pores form between the spherulites. SEM
observations for cross section, inner and outer surface of the membranes prepared in
PVDF/triacetin system were shown in Table 4.1.9. Spherulites diameter increased
and large pores formed between spherulites by increasing temperature. However,
close to outer surface, skin layer is formed with small particle size, the effect of high
temperature and long air gap (7 cm) resulted in much higher polymer concentration
layer at the outer surface. The formation of the dense layer at the outer surface can be
attributed to the multitude spherulites that occur at high concentration of the polymer
forming dense skin layer on membrane edges [34]. Overall, the percent porosity and
pore size increased with polymer extrusion temperature.
Table 4.1.11: Effect of polymer extrusion temperature on average pore diameter and
percent membrane porosity measured with mercury porosimeter.
Polymer extrusion
temperature (°C)

Average pore diameter
(nm)

Percent porosity
(%)

150

202

31.7

160

602

38.5

170

831

56.6
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4.1.2.7 Effect of polymer extrusion temperature on hollow fiber membrane
Lowest entrance pressure of water (LEPw)
Figure 4.1.10 shows the relation between LEPw of membranes fabricated
with various dope extrusion temperatures. The results showed that as the extrusion
temperature increased the lowest entrance pressure of water increased; that is
attributed to the dense layer formed at outer surface of the membrane which resulted
in decreased surface pore radius with increased extrusion temperature as a result of
solvent evaporation through the long air gap. Accordingly, high temperature and long
air gap was useful increasing the critical penetration of water and therefore avoiding
membrane wetting. In general, membrane overall porosity increased with extrusion
temperature, and the dense skin layer with low pore radius protects the membrane
from being wetted with the absorbent liquid.
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Figure 4.1.10: Effect of polymer extrusion temperature on HFM lowest entrance
pressure of water
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4.1.2.8 Effect of polymer extrusion temperature on hollow fiber membrane CO 2
absorption performance
The membrane absorption performance was tested by means of three
membrane modules prepared from self-made HFMs fabricated at three different
extrusion temperatures (150, 160 and 170 °C). Each membrane module was
constructed by potting 6 HFMs in a shell (Perspex, 10 mm in inner diameter, and 30
cm in length). The effective HFM length is about 26 cm. The absorption experiments
were performed as mentioned in section 3.4.2.
The gas mixture consists of 9 vol.% CO2 and 91% CH4 was used as a feed
gas and was fed to the shell side at variable flow rate 10–160 ml/min, 298 K and
atmospheric pressure. An aqueous sodium hydroxide solution (0.5 NaOH) was used
as absorbent and supplied to the lumen side of the module at the flow rate of about
10 ml/min.
As shown in Figure 4.1.11, CO2 flux at specific inlet gas flow rate increased
with polymer extrusion temperature. As the dope preparation temperature increased
spherulites cluster size increased (except at the membrane outer skin layer,
spherulites diameter decreased, membrane pore size decreased and effective surface
porosity increased), consequently the rate of CO2 absorption increased. The effect of
membrane dense skin layer with temperature on mass transfer could be negligible;
the dense layer was useful in increasing the lowest liquid penetration pressure, which
protects the membrane from being wetted with liquid solvent. Accordingly, the
difference in CO2 absorption performance mainly came from the inner structure of
the membranes [108]. The performance of PVDF membrane in contactor application
was compared with reference values and the CO2 absorption flux of the current
system can be considered acceptable compared to other systems [94, 208, 209].
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Figure 4.1.12 shows the Wilson plot of mass transfer resistance versus v-0.93 (where v
is gas velocity), the results show good fit with v-0.93. The overall mass transfer
resistance decreased for membranes prepared at high polymer extrusion temperature.
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Figure 4.1.11: Effect of polymer extrusion temperature on HFM CO2 absorption
performance (0.5 M NaOH at room temperature, vl = 10 ml/min)
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4.1.2.9 Conclusion
TIPS method was successfully employed to fabricate HFMs at three different
extrusion temperatures. It was found that extrusion temperature should at least 50 °C
higher the polymer crystallization temperature in order to attain membrane with
rational absorption performance. The fabricated membranes were characterized and
tested for the absorption of CO2 from natural gas. The results revealed that
fabrication at high extrusion temperatures resulted in better quality membranes with
high porosity, high strength and high removal efficiency. Used air gap resulted in
dense skin layer at the outer surface of the fabricated membrane. The intense skin
cover was useful in increasing the critical liquid penetration pressure of water and
avoiding wetting troubles. The experimental outcomes disclosed that increased
extrusion temperatures improved the membrane quality and hence increased the
percent removal of CO2.
4.1.3 Effect of ethanol composition in water coagulation bath on PVDF hollow
fiber membranes
The main objective of this part of work was to investigate the effect of
ethanol composition in water coagulation bath on PVDF HFM structure and
performance. In this study PVDF HFMs were fabricated by TIPS method by using
the dope solution consists of 28% PVDF polymer and 72% triacetin liquid solvent.
Water was used as the elementary coagulation medium in the coagulation bath, for
which various amounts of ethanol were added in order to prepare the membranes at
different ethanol composition in water coagulation bath. The dope solution was
extruded at 170 °C by metering pump through the spinneret to the quenching bath
with different ethanol concentration: pure water, 1L ethanol added to 15L water
(6%), 2L ethanol added to 15L water (12%) and 3L ethanol added to 15L water
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(17%) and then winded by a take up winder in a water trough. HFMs were fabricated
by following the procedure described in section 3.1.2. The spinning conditions
specific for this work was shown in Table 4.1.12. Then the fabricated membranes at
different bath ethanol compositions were investigated for the effect of ethanol
composition in water coagulation bath on the membrane structure and performance.
Membrane contactor modules were constructed using the in house fabricated
membranes and was used in the absorption of CO2 from CO2/CH4 gas mixture in
aqueous NaOH solution. The observed membrane performance was based on
membrane structure.
Table 4.1.12: Spinning conditions adopted for different ethanol composition in
water coagulation bath HFM
Spinning parameters

Values

Dope composition

28% PVDF/72% triacetin

Extrusion temperature

170 °C

Bore fluid and solvent

Triacetin

Dope solution flow rate

5 g/min

Bore fluid flow rate

7 g/min

Take up winder

10 rpm

Spinneret , OD/ID

1.5/1.1 mm

Quenching bath temperature

26 °C

Air gap

7 cm

Dope solution temperature

170 °C

Quenching medium

0%, 6%, 12%, 17% ethanol with water
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4.1.3.1 Effect of ethanol composition in water coagulation bath on structure of
PVDF membranes
Table 4.1.13 shows the internal and external diameters of PVDF HFM
prepared from different ethanol composition in water coagulation bath. The effect of
different ethanol composition in water coagulation bath on fiber inner and outer
diameter is insignificant since the same spinneret was used at fixed operating
conditions.
The surface morphologies of the HFMs prepared at different ethanol
composition in water coagulation bath were shown in Table 4.1.14 and
Table 4.1.15. SEM micrographs show the effect of ethanol concentration in
water coagulation bath. Although in common membranes have microporous
structure, there were significant differences in the size and distribution of pores with
ethanol composition in water coagulation bath.
Table 4.1.13: Inner and outer diameters of the different ethanol composition in
water coagulation bath HFMs
Ethanol composition in
water coagulation bath

Inner diameter
(mm)

Outer diameter
(mm)

0%

0.3

1.1

6%

0.29

1.0

12%

0.32

1.1

17%

0.32

1.1

The coagulation medium plays an important role in the formation of
membranes via the phase inversion method [110, 111]. This phenomenon is often
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related to the coagulation ability of the non-solvent. Coagulating ability of the
coagulant affects the demixing rate of PVDF dope solution in coagulation bath. The
presence of ethanol in the coagulation bath was believed to reduce the polymer
precipitation rate in phase inversion process [38, 98]. The slow precipitation could be
explained on the basis of inter diffusion of solvent, ethanol and water system.
Sukitpaneenit et al. [101] studied the fundamental science of fabricating PVDF
HFMs as well as elucidates the correlation among membrane morphology,
crystallinity and mechanical properties as functions of non-solvent additives and
dope rheology in the phase inversion process. They used a series of non-solvents (i.e.
water, methanol, ethanol, isopropanol) either as non-solvent additives in the dope or
as a component in the external coagulant. They found that the effect of alcohol
addition in a coagulation bath is to slowdown the liquid–liquid demixing according
to the sequence of isopropanol > ethanol > methanol > water. They also observed
that the solubility of PVDF in water is larger than the solubility of PVDF in ethanol.
Therefore, the precipitation rate in PVDF-water was faster.
The SEM micrograph of the cross section of pure water reveals it has small
pore sizes which were well distributed all over the surface. The cross section of 6%,
12% and 17% of ethanol shows with ethanol concentration the pore size increases
but its uniformity decreases. This is due to the fact that precipitation rate decreases
with ethanol concentration in the coagulation bath [110]. Slower precipitation forms
more porous membrane with widened pore distribution. Further the cross section
reveals the dense skin layer thickness increased with ethanol concentration in water
coagulation bath because of slower precipitation rate.
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Table 4.1.14: SEM graphs of cross sectional structures of PVDF HFs prepared from
different ethanol concentration in water coagulation bath
Extrusion
temperature

Water bath

1L ethanol added to
15Lwater (6%)

2L ethanol added to
15L water (12%)

3L ethanol added to
15L water (17%)

Full cross section

Half cross section
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Table 4.1.15: Effect of different ethanol concentration in water coagulation bath on
membrane inner and outer surface structure
Extrusion
temperature

Outer surface

Inner surface

Water bath

1L ethanol added to
15Lwater (6%)

2L ethanol added to
15L water (12%)

3L ethanol added to
15L water (17%)

The slow precipitation rates of the PVDF HFs in the ethanol containing
coagulation bath was further evidently noticed when the ethanol concentration was
increased above 17%. The 17% ethanol concentration cross section has somewhat
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different morphology than the other fibers. It seems the pores were not properly
formed. This is attributed to slow precipitation rate. It is difficult to spin the HFMs at
extreme slow precipitation rates and same problem was mentioned by Ahmed et al
[110].
The outer surface SEM micrographs in
Table 4.1.15 shows the surface roughness significantly increases with ethanol
concentration in water coagulation bath. Since the solidification process could not
start in higher concentrations of the ethanol containing coagulation bath, the wave
fronts created by the turbulence were collided with the gel-like surface of the
forming HF resulting in the rough outer surface. The inner surface SEM micrographs
shows the pure water membrane have moderate pore size and it is well distributed.
The 6% and 12% ethanol membrane have close packed structure in which 6 % has
small pore size and less porous. The 17% ethanol membrane exhibited very loose
packed structure with high pore size and porosity.

4.1.3.2 Effect of ethanol composition in water coagulation bath on membrane
pore size and effective surface porosity
Gas permeation tests were conducted to calculate the surface porosity and
pore size of fabricated membranes. The results in Table 4.1.16 show the effect
ethanol composition in water coagulation bath on membrane pore size and effective
surface porosity. The results revealed that pore structure parameters not have unique
trend with ethanol concentration in water coagulation bath. This is accredited to fact
that, the uniformity of the membrane deceases with ethanol concentration. So the
standard deviation of measurements is comparatively high to make decisions.
However coarsely increase in pore radius with ethanol concentrations are in
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accordance with the SEM micrographs. Also effective surface porosity decreases
with ethanol concentration due to slow precipitation rate and resulted dense skin
layer.
Table 4.1.16: Pore structure parameters of PVDF HFs prepared from different
ethanol concentration in water coagulation bath

Bath concentration

Mean pore
radius
(µm)

Effective surface porosity
(m-1)

0%

1.387

1.921

6%

1.248

2.371

12%

7.487

0.395

17%

4.992

0.593

4.1.3.3 Effect of ethanol composition in water coagulation bath on porosity of
PVDF membranes
Table 4.1.17 summarized the effect of ethanol composition in water
coagulation bath on percent membrane porosity and average pore diameter. Percent
membrane porosity and average pore diameter were measured with mercury
porosimeter. In general, the fast coagulation rate results in a formation of large
finger-like macrovoids and cavities like structures, whereas the slow coagulation rate
results in a porous sponge-like structure [110]. So when no ethanol was used in the
immersion, membrane with small pore diameter and low porosity was formed.

4.1.3.4 Effect of ethanol composition in water coagulation bath on membrane
strength
Figure 4.1.13 shows the effect of ethanol composition in water coagulation
bath on break stress and break strain of fabricated PVDF HFMs. It can be seen that
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the membrane break stress and strain increased by increasing ethanol composition in
water coagulation bath, this is attributed to the fact that, increasing ethanol
composition in water coagulation bath forms dense skin layer on the membranes
outer surface.
Table 4.1.17: Effect of ethanol composition in water coagulation bath on porosity of
PVDF membranes

Bath concentration

Average pore
diameter
(nm)

porosity
(%)

0%

376

52.16

6%

412

59.28

12%

496

65.72

17%

527

67.87

3.2
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Figure 4.1.13: Effect of ethanol composition in water coagulation bath on membrane
strength
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4.1.3.5 Effect of ethanol composition in water coagulation bath on membrane
contact angle
Water contact angles were measured by using sessile drop method described
in section 3.2.6. The result of all measurements was taken from the mean of at least
ten single measurements. The hydrophobic property of PVDF membranes were
influenced by membrane surface roughness and porous surfaces of the membranes.
The effect of ethanol composition in water coagulation bath on membrane contact
angles are shown in Figure 4.1.14. Both internal and external contact angles
decreased with ethanol composition. This may be due to increase in pore size
porosity. The external surface contact angle of 17% ethanol membrane is
significantly dropped because of the rough surface as seen in SEM micrograph.
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Figure 4.1.14: Effect of ethanol composition in water coagulation bath on membrane
contact angle
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4.1.3.6 Effect of ethanol composition in water coagulation bath on liquid entry
pressure of water (LEPw)
Table 4.1.18 shows the relation between LEPw of membranes fabricated with
various ethanol compositions in water coagulation bath. The results showed that as
the ethanol composition in water coagulation bath increased LEPw decreased
significantly. This is attributed to the loose structure formed with ethanol
composition. The fibers formed with above 10% ethanol composition not suitable for
GLMC application since its LEPw less than 0.1 bar it can be easily wetted.
Table 4.1.18: Effect of ethanol composition in water coagulation bath on LEPw
Bath ethanol
concentration (%)

LEPw (bar)

0%

0.25

6%

0.2

12%

<0.1

17%

0.1

4.1.3.7 Effect of ethanol composition in water coagulation bath on CO2
absorption performance
The membrane absorption performance was tested by means of four
membrane modules prepared from self-made HFMs fabricated at four different
ethanol compositions in water coagulation bath. Each membrane module was
constructed by potting 6 HFMs in a shell (Perspex, 10 mm in inner diameter, and 30
cm in length). The effective HFM length is about 26 cm. The absorption experiments
were performed as mentioned in section 3.4.
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The gas mixture consists of 9 vol.% CO2 and 91% CH4 was used as a feed
gas and was fed to the shell side at variable flow rate 10–160 ml/min, 298 K and
atmospheric pressure. An aqueous sodium hydroxide solution (0.5 NaOH) was used
as absorbent and supplied to the lumen side of the module at the flow rate of about
10 ml/min.
As shown in Figure 4.1.15 CO2 flux at specific inlet gas flow rates increased
with ethanol composition in water coagulation bath. This is due to increased
membrane pore size and porosity. However the 12% and 17% ethanol composition
membrane get quickly wet and the absorption performance were reduced. This is
attributed low LEPw as less than 0.1 bar.
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Figure 4.1.15: Effect of ethanol composition in water coagulation bath on CO2
absorption performance (0.5 M NaOH at room temperature, vl = 10 ml/min)
4.1.3.8 Conclusion
TIPS method was employed to fabricate HFMs at four different ethanol
compositions in water coagulation bath. The composition of the coagulation medium
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plays an important role in the formation of membranes by phase inversion processes.
The presence of ethanol in the coagulation bath was believed to reduce the polymer
precipitation rate in phase inversion process. This reduction in the polymer
precipitation could be explained on the basis of inter diffusion of solvent, ethanol and
water.
Although several literature was emphasized on kinetics and thermodynamics
of the solidification process in HFM fabrication, from this study it can be concluded
other than kinetics and thermodynamics, mass transfer also become a major
controlling factor in the formation of HFM by TIPS method and which in turn
depend on the medium and composition of coagulant bath.
It was found that the increase in ethanol composition in water coagulation
bath increased the membrane pore size and porosity and mechanical strength. In
contrast it reduces the hydrophobicity of the membrane and significantly reduces the
LEPw. From the CO2 absorption experiments it was observed even though the
membrane with high ethanol composition have high absorption flux its long stability
was very poor and membranes made with ethanol wet easily. Particularly membrane
with 17% ethanol wets in less than 30 minutes even at low operating pressure and
temperature. So PVDF HFM made in this part of work with ethanol in water
coagulation bath is not suitable for GLMC application.
4.2 Different module configurations CO2 removal performance
The aim of these studies was to investigate the effect of type of flow and
different module configurations on CO2 absorption performance in GLMC. For this
own fabricated PVDF HFMs by TIPS methods at most favorable conditions were
used. The results in the following sections show how the CO2 absorption
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performance of GLMC was affected by type of flow and by different module
configurations.
4.2.1

Effect of co current and counter current flow
A series of experiments were done to investigate the effect of flow orientation

i.e. co-current and counter-current flow on absorption performance in GLMC. The
membrane module was constructed by potting 6 PVDF HFMs in a shell (Perspex, 10
mm in inner diameter, and 26cm in length). The effective HFM length is about 23
cm. The absorption experiments were performed as mentioned in section 3.4. The gas
mixture consists of 9 vol.% CO2 and 91% CH4 was used as a feed gas and was fed to
the shell side at the flow rate of 100 ml/min, 298 K and atmospheric pressure. An
aqueous sodium hydroxide solution (0.5 NaOH) was used as absorbent and supplied
to the lumen side of the module at the flow rate of about 10 ml/min.
The flow mode was changed between co-current and counter-current in order
to study the effect of flow type. For counter current mode in order to maximize the
retention time of gas and liquid inside the module, the liquid entered at the bottom
and flowed up, while the gas entered at the top and flowed down. For co-current
mode both two possibilities were investigated. One is gas and liquid together entered
at the bottom and flowed up. Other one is both gas and liquid entered at the top and
flowed down. The Figure 4.2.1 shows the comparison of the results obtained using
counter-current and co-current flow orientations.
As shown in Figure 4.2.1 if the liquid and gas flow counter currently, the
liquid absorb and remove the CO2 molecules efficiently from gas phase. The countercurrent mode of operation removes 16% better than the co-current system. Several
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authors experimentally and theoretically proved the similar outcome [166, 167]. This
due to the fact that counter current flow provides the distinctive driving force for
mass transfer through the whole length of contactor module. In contrast in co-current
even though at the entrance the mass driving force is high it reduces with length.
May be in co-current mode absorption and mass transfer are ineffective after some
length due to inadequate driving force. Consequently as counter-current flow
provides the average greatest driving force for mass transfer it is principally fixed as
design standard in all of the HFM contactor applications.

CO2 removal efficiency (%)

100
90

Mode
1: co-current- gas flow down; liquid flow down
2: co-current- gas flow up; liquid flow up
3: counter-current- gas flow down; liquid flow
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Figure 4.2.1: Effect of flow pattern in GLMC on CO2 absorption performance
(0.5M NaOH, vg = 100 cm3/min, vl = 10 ml/min)
4.2.2

Effect of cross flow
To study the effects of cross flow and longitudinal flow on absorption

performance two PVDF HF modules namely, cross flow module and longitudinal
module were constructed. Both membrane modules were constructed by potting 10

150

PVDF HFMs in a rectangular shape shell instead of cylindrical shell. (Perspex, 2 cm
width and 30 cm length). The effective HFM length is about 26 cm. In both
experiments the liquid was made flow through the lumen side while gas made to
flow through the shell side. In longitudinal module counter current flow was
maintained. In cross flow module to enhance the contact of gas with whole length of
the membranes the feed gas was fed to the shell through several inputs made over
whole length of the module rather than the one input. Then the process gas was
collected by one output. The absorption experiments were performed as mentioned in
section 3.4.2. The gas mixture consists of 10 vol.% CO2 and 90% CH4 was used as a
feed gas and was fed to the shell side at the flow rate of 10-100 ml/min, 298 K and
atmospheric pressure. An aqueous sodium hydroxide solution (0.5 NaOH) was used
as absorbent and supplied to the lumen side of the module at the flow rate of 10- 50
ml/min. Figure 4.2.2 and Figure 4.2.3 show CO2 absorption performance for cross
flow and longitudinal flow modules. Both figures reveal that absorption performance
of cross flow module was better than longitudinal flow module. This is due to
advantages of cross flow module, such as higher mass transfer coefficients and lower
shell-side pressure drop when compared to the parallel flow [46, 167, 170].

151

CO2 removal efficiency (%)

100
98
96
94
92
Logitudional
Longitudinal flow
flow

90

Cross flow

88
0

20

40

60

80

100

120

Gas flow rate (cm3/min)
Figure 4.2.2: Effect of longitudinal and cross flow on CO2 removal efficiency by
varying gas flow rate (0.5M NaOH, vl = 10 ml/min)
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Figure 4.2.3: Effect of longitudinal and cross flow on CO2 removal efficiency by
varying liquid flow rate (0.5M NaOH, vg = 100 cm3/min)
These advantages are mainly based on the gas flow path taken in the shellside, affecting the performance of the module in two ways. First, because of
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residence time distribution and channeling of the shell side fluid, the extent of mass
transfer resistance varies from streamline to streamline. Spread in residence time and
channeling effects result in lower mass transfer rates. As cross-flow contactors have
reduced channeling, their performance is comparatively better. Second, the local
mass transfer resistance is a function of local velocity and turbulence. In the case of
cross-flow contactors, concentration boundary layer break-up occurs due to
continuous splitting and remixing of the shell-side fluid, thus increasing the local
turbulence level [171]. Several researchers proved cross flow modules as better
choice than the parallel flow modules [167, 172]. By using baffles the mass-transfer
efficiency can be further improved by minimizing shell-side bypass and providing a
velocity component normal to the membrane surface[9]. However due to its
simplicity in manufacturing parallel flow modules are preferred for laboratory level
applications.
4.2.3

Effect of membrane length
To demonstrate the effects of membrane length on absorption performance

three PVDF HF modules with three different lengths were constructed. Both
membrane modules were constructed by potting 10 PVDF HFMs in a shell. (Perspex,
10 mm in inner diameter, and 24cm, 30 cm , 36 cm in length). The effective HFM
lengths are: 20 cm, 26 cm and 32 cm. The absorption experiments were performed as
mentioned in section 3.4. The gas mixture consists of 10 vol.% CO2 and 90% CH4
was used as a feed gas and was fed to the shell side at the flow rate of 10-100
ml/min, 298 K and atmospheric pressure. An aqueous sodium hydroxide solution
(0.5 NaOH) was used as absorbent and supplied to the lumen side of the module at
the flow rate of 10- 50 ml/min. Figure 4.2.4 to Figure 4.2.7 illustrates how the CO2

153

absorption performance varied with liquid flow rate and gas flow rate for different
length of fiber module.
As demonstrated in Figure 4.2.5 and Figure 4.2.6 regardless of liquid velocity
and gas velocity the CO2 percent removal increases with fiber length. This is owing
to growth of the membrane length results in increasing surface area and residence
time, which is favorable to mass transfer diffusion and chemical reaction. The same
results were observed by Boributh et al. [174] and they have reported by increasing
the fiber length from 25 cm to 70 cm, increased the CO2 removal rate by 15.27%.
From the Figure 4.2.5 it is very clear that at a lower liquid velocity, the impact of
fiber length will be considerably less, since the gas and liquid phases can have a
longer contact time. The positive influence of increased gas and liquid velocity on
removal performance increases with fiber length. Various investigators conveyed to
improve the absorption efficiency higher liquid velocities with longer fibers are
ideal, especially when the reaction of CO2 with the active component is fast [6, 9, 31,
32, 174]. However, this will result in an increased pumping cost.
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Figure 4.2.4: Effect of membrane length on CO2 removal efficiency in GLMC by
varying gas flow rate (0.5M NaOH, vl = 10 ml/min)
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Figure 4.2.7: Effect of membrane length on CO2 absorption flux in GLMC by
varying liquid flow rate (0.5M NaOH, vg = 100 cm3/min)
However as can be seen in Figure 4.2.6 and Figure 4.2.7 irrespective of liquid
velocity and gas velocity the CO2 absorption flux was higher for the shorter fiber
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than that of longer fiber. Kumar et al. [6] validate the same results by studying the
impact of fiber length on absorption flux by using numerical model. They reported
the influence of the length of fiber on absorption flux can be theoretically quantified
by Graetz-leveque solution and in case of laminar flow of a liquid at a constant
velocity, the average liquid mass-transfer coefficient decreases with an increase in
fiber length. This mass transfer coefficient deterioration along the length of the fiber
may be due to the reduced driving force when liquid that absorbs CO2 flows through
the fibers and saturation of the liquid by the gas. Further increase in pressure drop
and resulted wetting also decrease the mass transfer coefficient. Moreover, along the
length of the fiber (depending on Hatta number and enhancement factor), depletion
of the amine may occur at the interface. For the extreme case of complete depletion
of amine at the interface, the absorption rate is limited by the radial diffusion of the
reacting species to the reaction plane and the flux is strongly influenced by the mass
transfer coefficient [6, 84].
Figure 4.2.8 shows the effect of module length on percentage of individual
resistance to overall resistance. On average 65% of total resistance offered by liquid
side where as only 2-3 % offered by gas side. 30-35 % resistance offered by
membrane itself. With module length the contribution of liquid side resistance to
overall resistance increased from 61% to 65%. Only this small variation may be due
to counter effect of mass transfer enhancement because of NaOH solution. Therefore
in physical solvents ( E is one in Eq. 2.2.2) it is possible to expect with module
length the percent distribution of liquid resistance to overall mass transfer resistance
may increase significantly with module length.
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Figure 4.2.8: Effect of module length on percentage of individual resistance to
overall resistance
Eventually this study confirms that the removal/absorption rate is not directly
proportional to the contact area. This also suggests that the scale up of gas–liquid
membrane contactor should not be considered linear because extending the fiber
length will increase the gas liquid contact area and contact time but in contrast
increase the pressure drop and membrane wetting. So alternatively the scale up of the
process to increase the contact area should be performed by parallel arrangement of
the membrane modules [9].
4.2.4

Effect of packing ratio
To demonstrate the effects of packing ratio on absorption performance four

PVDF HF modules with four different numbers of fibers were constructed.
Membrane modules were constructed by potting 10, 20, 30 and 40 PVDF HF
membranes in a shell (Perspex, 10 mm in inner diameter and 30 cm in length). The
effective HF membrane length is about 26 cm. The resulted packing ratio of modules
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respectively: 12.1%, 24.2%, 36.3% and 48.4%. The absorption experiments were
performed as mentioned in section 3.4.2. The gas mixture consists of 10 vol.% CO2
and 90% CH4 was used as a feed gas and was fed to the shell side at the flow rate of
10-100 ml/min, 298 K and atmospheric pressure. An aqueous sodium hydroxide
solution (0.5 NaOH) was used as absorbent and supplied to the lumen side of the
module at the flow rate of 10 ml/min. Figure 4.2.9 to Figure 4.2.12 illustrate how the
CO2 absorption performance varied with liquid flow rate and gas flow rate for
different packing ratio of fiber module and Figure 4.2.13 shows the effect of packing
ratio for a fixed liquid and gas velocity (liquid 30 ml/min; gas 50 ml/min).
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Figure 4.2.9: Effect of module packing ratio on CO2 removal efficiency in GLMC
by varying gas flow rate (0.5M NaOH, vl = 10 ml/min)
The observed results show the packing density has a significant impact on
determining the overall mass transfer coefficient in GLMC. Because the packing
density influence the hydrodynamics of gas and liquid phase [9]. From Figure 4.2.9
to Figure 4.2.12, it was found that overall the CO2 removal performance increase
with an increasing in packing density. This enhancement of CO2 removal
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performance with packing density despite of gas and liquid velocity may be due to,
in high packing density modules the fibers were more ordered and the effect of

CO2 absorption flux (mol/m2s)

unsystematic flow pattern becoming less.
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Figure 4.2.10: Effect of module packing ratio on CO2 absorption flux in GLMC by
varying gas flow rate (0.5M NaOH, vl = 10 ml/min)
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Figure 4.2.11: Effect of module packing ratio on CO2 removal efficiency in GLMC
by varying liquid flow rate (0.5M NaOH, vg = 100 cm3/min)
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Figure 4.2.12: Effect of module packing ratio on CO2 absorption flux in GLMC by
varying liquid flow rate (0.5M NaOH, vg = 100 cm3/min)
Figure 4.2.9 shows at the low and high gas flow rates the positive effect of
packing density on removal performance were small. This may be due to extended
and reduced contact time between gas and liquid phase.

At the moderate gas

velocities the effect of packing density was more prominent. Figure 4.2.11 shows at
high packing density the enhancement of removal performance with liquid velocity
was insignificant. This may due to reduced contact time resulted from increased gas
velocity and it was counterbalanced with increased contact area.
However the enhancement in percent removal was not directly proportional
to the evolution in contact area because as shown in Figure 4.2.13 the CO2 flux was
not increasing with an increasing in packing density. But the experimental results
reported by Atchariyawut et al. [24] contrary to this observation. They found the
absorption flux increases with packing density. This disagreement may due to
laminar flow as gas and liquid velocities are very small. The Figure 4.2.14 shows
even at high packing densities both gas (shell side) and liquid (tube side) Reynolds

161

numbers were very small. Further increasing the packing ratio reduced the liquid
(tube side) Reynolds number. This caused the flux to be reduced with packing ratio
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Figure 4.2.13: Effect of packing ratio for a fixed liquid and gas velocity (0.5M
NaOH, vg = 50 cm3/min, vl = 30 ml/min)
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Different effects of packing density on gas and liquid sides mass transfer
coefficient have been reported [9, 32, 45]. The packing density of a module affects
the flow conditions and fluid hydrodynamics on the shell and tube, which in turn
influences the mass transfer coefficients. A greater packing density means a larger
interfacial mass transfer area, but it does not ensure a higher mass transfer rate,
because of the possible formation of channeling and “dead zones” at greater packing
densities [9]. At low packing densities, stream splitting can occur across the module
due to the presence of smaller and wider ducts. Thus, there will be renewal of the
mass-transfer boundary layer, which leads to an increase in mass transfer. As fibers
become more widely spaced, the possibility of some transverse flow can be expected
to increase the mass-transfer. So there are many key issues associated to packing
density affects the absorption performance positively and negatively. This makes the
relationship between absorption performance and packing density more complicated
and experimental results were not clearly explainable.
4.2.5

Effect of shell and tube side flow
To demonstrate the effects of shell and tube side flow on absorption

performance four PVDF HF modules with four different numbers of fibers were
constructed. Membrane modules were constructed by potting 10, 20, 30 and 40
PVDF HFMs in a shell (Perspex, 10 mm in inner diameter and 30 cm in length). The
effective HFM length is about 26 cm. The resulted packing ratio of modules
respectively: 12.1%, 24.2%, 36.3% and 48.4%. The gas and liquid flow sides were
changed between shell and tube and the absorption experiments were performed as
mentioned in section 3.4.2. The gas mixture consists of 10 vol.% CO2 and 90% CH4
was used as a feed gas and fed at the flow rate of 100 ml/min, 298 K and atmospheric
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pressure. An aqueous sodium hydroxide solution (0.5 NaOH) was used as absorbent
and supplied at the flow rate of 10 ml/min. The gas was made to flow through the
shell side while liquid flow through the lumen side and vice versa. Figure 4.2.15
illustrate how the CO2 absorption performance was affected by shell and tube side
flow.
The Figure 4.2.15 demonstrates the effect of packing fraction on CO2 removal
percent was clearly noticeable when the gas flows in tube side. The removal rate
significantly increased from 57% to 88%. This may be due to increased residence
time of gas phase inside the module and increased contact area as the gas liquid
interface presence at the outer surface of the fiber. At high packing density the tube
side gas flow gives higher percent removal than shell side gas flow. But in contrast at
low packing density the tube side flow gives removal of 57% while shell side gas
flow gives 78% removal. Because when the packing density was high the
overlapping of the boundary layers developing on the fibers may occur, this in turn
leads to drastic reduction in mass transfer coefficient. The same results observed by
Zhu et al. [173] They used low packing density PP HF membrane module to
investigate the liquid flow process effect on CO2 separation from the mixture of
CO2/N2. Their results showed that the removal rate of the tube side was
approximately 30% higher than that of the shell side, which indicated the first mode
had a better removal effect for low packing density modules.
However when the gas flow in tube side the absorption flux was less than the
shell side gas flow and at high packing density the difference becomes small. This
may be due to offset of contact area and residence time. So it can be concluded for
low packing density modules the shell side gas flow is more suitable whereas for
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high packing density modules the tube side gas flow is more suitable. The studied
literatures confirmed this trend i.e. those who used high packing density modules
passed the gas through the tube side [17, 137].
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Figure 4.2.15: Effect of shell and tube side liquid flow on CO2 absorption
performance in GLMC (0.5M NaOH, vg = 100 cm3/min, vl = 10 ml/min)
However in contrast to tube side flow, the shell-side liquid flow has not been
clearly understood yet. The reported results on the shell-side mass-transfer vary
significantly, possibly arising from the irregularity of the fiber spacing and the
influence from the module wall as well as inlet and outlet effects [9, 45]. Many of the
researchers preferred to pass the liquid in tube side and gas in shell side. This also
avoids the necessity of prefiltration of process gas streams in GLMC applications.
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4.3 Absorption of CO2 from CO2/CH4 gas mixture using different chemical
solvents via hollow fiber membrane contactor
The aims of this study were to test the efficacy of different chemical solvents
as CO2 absorbent liquid in GLMC applications and investigate the effect of vital
operating parameters such as gas flow rate, liquid flow rate, liquid temperature, feed
gas pressure and liquid concentration on CO2 absorption performance in GLMC. For
this own fabricated PVDF HFMs by TIPS methods at optimum conditions were used.
The membrane module was constructed by potting 6 PVDF HFMs in a shell
(Perspex, 10 mm in inner diameter, and 26cm in length). The effective HFM length
is about 23 cm. The absorbent experiments were conducted as described in
section 3.4.
The absorption performances of six absorbent liquids (NaOH, MEA, DEA,
AMP, K2CO3 and PG) were compared. MEA and DEA were selected as these are the
mostly conventionally and commercially used amines in CO2 absorption
applications. AMP was selected because of growing interest in hindered amines.
Because it is believed in contrast to primary and secondary amines (i.e. MEA and
DEA) hindered amines may more effective because of combine effect of absorption
and easiness of regeneration. The PG was used because amino acid salts attract great
research interest as CO2 absorbent liquid because of its prominent characters such as
their better affinities towards CO2 than alkanolamines because of the presence of
identical amino functional groups in their molecules. Also AASs because of their
ionic nature have minimal absorbent losses and high surface tension makes suitable
for GLMC applications. Most importantly AASs have favorable biodegradation
properties, which make the disposal of these solvents easier and with lower
environmental impacts. K2CO3 also was used because it is currently used in industry
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with some promoters. The following results show the effect of these absorbent
liquids for varying operating conditions.
4.3.1

Effect of gas flow rate
Sets of experiments with each absorbent liquid were conducted by varying

the gas flow rate from 10 cm3/min to 100 cm3/min, to investigate the effect of gas
flow rate on absorption performance in GLMC. The gas mixture consists of 9 vol.%
CO2 and 91% CH4 was used as a feed gas and was fed to the shell side at 298 K and
atmospheric pressure. 0.5 M aqueous solution of each absorbent at room temperature
was supplied to the lumen side of the module at the flow rate of about 10 ml/min.
The Figure 4.3.1 and Figure 4.3.2 shows the effect of gas flow rate for six different
absorbent liquids.
As shown in Figure 4.3.1 and Figure 4.3.2 the gas flow rate have a significant
effect on CO2 absorption performance in GLMC regardless of the type of absorbent
liquid. Although the CO2 removal efficiency decreased with increased gas flow rate
the CO2 absorption flux increased with increasing gas flow rate. The similar impact
of gas velocity on CO2 separation performance was reported by several researchers
[93, 137, 175, 176] .
This can be attributed to decrease in contact time and increase in driving
force for mass transfer. Increasing the gas flow rate decreases the residence time of
the gas phase in the membrane contactor and hence contact time of the gas phase
with liquid. On the other hand the increase in the gas velocity results in the reduction
of the boundary layer and the improvement of the total mass-transfer rate. So
eventually although the removal efficiency decreased with gas flow rate, with the
increase of the pressure and driving force, the removal rate and mass-transfer flux of
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CO2 go up. For K2CO3 the absorption flux flattening off at high gas flow rates. This
may be due to the status of liquid phase is close to a saturated condition at the liquid
boundary layer.
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Figure 4.3.1: Effect of gas flow rate on CO2 removal efficiency in GLMC
(vl = 10 ml/min)
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Figure 4.3.2: Effect of gas flow rate on CO2 absorption performance in GLMC
(vl = 10 ml/min)
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4.3.2

Effect of liquid flow rate
Sets of experiments with each absorbent liquid were conducted by varying

the liquid flow rate from 10 ml/min to 50 ml/min, to investigate the effect of liquid
flow rate on absorption performance in GLMC. The gas mixture consists of 9 vol.%
CO2 and 91% CH4 was used as a feed gas and was fed to the shell side at 298 K and
atmospheric pressure at the flow rate of 100 cm3 /min. 0.5 M aqueous solution of
each absorbent at room temperature was supplied to the lumen side of the module at
varying flow rate. The Figure 4.3.3 and Figure 4.3.4 shows the effect of liquid flow
rate for six different absorbent liquids.
From the Figure 4.3.3 and Figure 4.3.4 it can be concluded for any absorption
liquid the CO2 absorption performance in GLMC could be enhanced by high liquid
flow rates. This enhancement in absorption performance was significant for the
absorption liquids which have poor absorption performance than the absorption
liquids which have good absorption performance. For NaOH, PG and MEA the
removal efficiency respectively increased only by 2.2%, 3.3% and 3.4 %. Whereas
for AMP, DEA and K2CO3 the removal efficiency increased respectively by 14%,
17% and 20%.
Higher liquid velocity leads to a lower CO2 concentration in the liquid phase,
which in turn results in a higher CO2 concentration gradient between gas and liquid
phase phases. Also when pipe diameters constant increasing the liquid velocity turns
the fluid flow form laminar to turbulent this reduces the liquid phase boundary layer.
Further these improvement in the absorption ability with liquid flow rate resulting in
the decline of the outlet CO2 concentration and growth in the CO2 removal rate.
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Figure 4.3.4: Effect of gas flow rate on CO2 absorption performance in
GLMC(0.5M NaOH, vg = 100 cm3/min)
Many scholars observed the same effect of liquid flow rate on the CO2
capture process in GLMC and reported for low reactive absorbents, the overall masstransfer is largely controlled by the mass-transfer at the liquid side [9, 22, 31, 32].
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Kim et al. [22] studied the overall mass transfer coefficient of CO2 as a function of
the absorbent flow rate and reported the both simulated end experimentally
calculated mass transfer coefficient values gradually increasing with liquid flow rate.
The effect of liquid velocity on CO2 absorption performance in GLMC at various
other operating conditions was studied by Atchariyawut et. al. [24] and they found
for any other process conditions liquid velocity have the same positive trend in CO2
absorption performance. Marzouqi et.al. [136] developed a general 2D mathematical
model to simulate the gas transport in HFM contactors and stated increasing liquid
flow rate increases the CO2 removal rate.
So eventually increasing the liquid flow rate will enhance the mass-transfer
and improve the CO2 absorption performance. However, in practice the liquid flow
velocity cannot be elevated without bound. At a higher liquid velocity, the liquid has
a greater potential to wet the membrane, which reduces the mass-transfer rate [9, 51].
In reality, where the partially wetted mode becomes inevitable, the optimum flow
condition must be operated. In addition, a higher liquid flow velocity means more
energy is consumed for the system. The design parameters in velocity and the CO2
concentration at exit should be optimized to the values at which the fluid just
becomes saturated with CO2 when it reaches the outlet of the fibers. Nevertheless,
the effects of the flow rate on the regeneration/desorption process, viz. equipment
size and energy consumption, should be considered as well.
4.3.3

Effect of liquid temperature
Sets of experiments with each absorbent liquid were conducted by varying

the liquid temperature from room temperature (around 25 °C) to 65 °C, to investigate
the effect of liquid temperature on absorption performance in GLMC. The gas
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mixture consists of 9 vol.% CO2 and 91% CH4 was used as a feed gas and was fed to
the shell side at 298 K and atmospheric pressure at the flow rate of 100 cm3 /min. 0.5
M aqueous solution of each absorbent at different temperatures were supplied to the
lumen side of the module at the flow rate 10 ml/min. The Figure 4.3.5 and
Figure 4.3.6 shows the effect of liquid temperature for six different absorbent liquids.
The effect of temperature on CO2 absorption performance in GLMC is
attributed to collective effect of solubility (physical absorption), chemical reaction
(chemical absorption), diffusion and evaporation of absorbent. Further increase in
temperature would decrease the viscosity of the solution which is favorable character
of MC absorbent liquid. The effect of temperature on these factors was studied by
several researchers through experiments and mathematical modeling also [7, 20,
137]. It is well known the favored chemical reaction rate and diffusion rate with
temperature would enhance the absorption performance. While decrease in CO2
solubility and an increase in evaporation of absorbent (wetting) with temperature
would reduce the absorption performance. Therefore, these pros and cons of
temperature variations are expected to result in significant changes in CO2 removal
rate.
As shown in Figure 4.3.5 and Figure 4.3.6, MEA, PG and NAOH shows no
significant effect of temperature on absorption performance contrary to the results
obtained with AMP, DEA and K2CO3. For MEA , NaOH and PG, maybe the favored
chemical reaction and diffusion with temperature were compensated by the reduced
solubility. Also these absorbent have good reactivity even at room temperature
(around 95% removal), so the enrichment in absorption performance with
temperature was not highlighted. Whereas for AMP, DEA and K2CO3 the favored
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effect of temperature on chemical reaction and diffusion were higher than the
reduced effect temperature on CO2 solubility and so the enrichment in absorption
performance with temperature was significant.
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Figure 4.3.5: Effect of liquid temperature on CO2 removal efficiency in GLMC
(vg = 100 cm3/min, vl = 10 ml/min)
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Figure 4.3.6: Effect of liquid temperature on CO2 absorption performance in
GLMC (vg = 100 cm3/min, vl = 10 ml/min)
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However all solvents shows some flattening off at elevated temperatures.
Because the wetting caused by elevated temperature cannot be neglected in long term
operation. Further the thermal degradation of membrane material also should be
considered. So, solvent temperature is a crucial factor to be controlled very carefully
for long term operation performance.
4.3.4

Effect of liquid concentration
Sets of experiments with each absorbent liquid were conducted by varying

the liquid concentration to investigate the effect of liquid concentration on absorption
performance in GLMC. The gas mixture consists of 9 vol.% CO2 and 91% CH4 was
used as a feed gas and was fed to the shell side at 298 K and atmospheric pressure at
the flow rate of 100 cm3 /min. 0.5 M,1 M and 2 M aqueous solution of each
absorbent at room temperature were supplied to the lumen side of the module at the
flow rate 10 ml/min. The Figure 4.3.7 and Figure 4.3.8 shows the effect of liquid
concentration for six different absorbent liquids.
As expected Figure 4.3.7 and Figure 4.3.8 shows the CO2 absorption
performance increases with solvent concentration. The increase in absorption
performance for NaOH, MEA and PG was not highlighted because the low
concentration as 0.5 M even shows decent absorption performance. However the
upturn in absorption performance for DEA, AMP and particularly for K2CO3 was
significant. This upturn was mainly due to the enhancement in chemical reaction
with concentration of reactive species since this enhancement in chemical reaction
could effectively increase the mass transfer driving force [9, 22]. The similar results
were observed by several researchers [17, 137] .
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Figure 4.3.7: Effect of liquid concentration on CO2 removal efficiency in GLMC
(vg = 100 cm3/min, vl = 10 ml/min)
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Figure 4.3.8: Effect of liquid concentration on CO2 absorption performance in
GLMC (vg = 100 cm3/min, vl = 10 ml/min)
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At high solvent concentration flattening off in absorption performance can be
observed. This may be due to other transport properties such as diffusion and
membrane length controlled the advantage of increase in solvent concentration. For
instance even the lowest tested concentration 0.5 M NaOH exhibited significantly
higher removal efficiency and it was not significantly increased when solvent
concentration increased from 0.5 M to 2M because other factors importantly
membrane length controlled the absorption performance. So the obtained increment
in removal efficiency is not worthwhile for the spent material cost. Further when
increasing the concentration of absorbent liquid such as NaOH and PG, with
concentration the surface tension will increase this is favorable character of
absorbent liquids to decrease the membrane wetting. But in contrast for amine based
absorbent liquids such as MEA and DEA the surface tension will decrease with
solvent concentration resulting in easy membrane wetting which in turn reduce the
absorption performance. So eventually the increase in solvent concentration which is
related to material cost should be worthwhile for the obtained gain in absorption
performance.
4.3.5

Effect of absorbent liquid
From all the studies conducted in this section and from Figure 4.3.1 to

Figure 4.3.8, the absorption performance order of studied absorbent liquids is
NaOH>PG>MEA> AMP>DEA>K2CO3 regardless of operating conditions adopted.
This is in accordance with the CO2 absorption performance sequence that can be
summarized from several literatures [9, 31, 32, 135, 137]. As the aqueous solution of
NaOH is a strong basic solution it has the greater affinity towards the CO 2
absorption. Absorption of CO2 in aqueous NaOH is widely used as a model system to
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investigate the performance of gas–liquid contactors. As the surface tension of these
liquids is high (due to their ionic nature), they do not wet most of the microporous
membranes concerned. So, this system was used as a model system to study
absorption enhanced by chemical reaction in a GLMC. However aqueous NAOH
solutions commercially not used for CO2 absorption applications because the
regeneration of the solvent by available stripping methods is not appropriate.
The aqueous amine-based solutions are usually applied in membrane
absorption of CO2 and MEA is the most commonly used amongst them. The
structures of alkanolamines include primary, secondary, ternary amines containing at
least one OH and amine group such as MEA, DEA and MDEA. The reactivity of
amines to CO2 follows the order primary, secondary and ternary amines [135]. So as
obtained MEA has greater abortion performance than the DEA. In addition these
amines, the steric hindrance amines such as AMP also proposed by several
researchers [141, 210-212]. This is because that the steric character reduces the
stability of the formed carbamate and easy regenerate the solution. The absorption
performance of AMP is better than the DEA as shown in figures. However these
amine solutions have the major drawbacks in GLMC applications due to its low
surface tension. The wetting problem caused by amine solutions and long term
stability of the absorption performance were discussed by several researchers [6, 7,
51, 52, 93, 94]. Although several additives such as alkaline salts were added to amine
solutions in order to overcome the wetting problem and to maintain the long term
stability still the results are not satisfactory [94].
AAS aqueous solutions attract great research interest in recent years as CO2
absorbent liquid in GLMC because of its prominent characters such as their better
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affinities towards CO2 than alkanolamines and their high surface tension because of
its ionic nature [142, 147, 148, 152, 213]. Hence mostly used PG absorption
performance was compared with other absorbent liquids and its absorption
performance was greater than the MEA aqueous solutions. So it is worthwhile to
study the absorption /stripping performance of different AASs as absorbent liquid in
GLMC applications.
K2CO3 also studied for the reason that this is currently used in industry as
CO2 absorption liquid because it is relatively cheap and easy to regenerate comparing
with other discussed absorption liquids. The results shows K2CO3 alone have poor
CO2 absorption performance. In conclusion NaOH, MEA, and PG have more or less
similar absorption performance in GLMC.
4.3.6

Conclusion
The efficiency of different chemical solvents as CO2 absorbent liquid in

GLMC applications was investigated. Moreover the effect of vital operating
parameters such as gas flow rate, liquid flow rate, liquid temperature and liquid
concentration on CO2 absorption performance in GLMC also examined by using
homemade PVDF HF GLMC modules.
The gas flow rate has a significant effect on CO2 absorption performance in
GLMC regardless of the type of absorbent liquid used. Although the CO2 removal
efficiency decreased with increased gas flow rate the CO2 absorption flux increased
with gas flow rate. This can be attributed to decrease in contact time and increase in
driving force for mass transfer. Further for any absorption liquid the CO2 absorption
performance in GLMC could be enhanced by high liquid flow rates. This
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enhancement in absorption performance was significant for the absorption liquids
which have poor absorption performance than the absorption liquids which have
good absorption performance. The effect of liquid temperature on absorption
performance in GLMC is not straightforward. Since the liquid temperature
cooperatively influence the several factors which determines the absorption
performance positively and negatively, it should be handled in care depending on the
system used. The CO2 absorption performance improved with solvent concentration.
However this improvement was controlled by several other factors. So eventually the
increase in solvent concentration which is related to material cost should be
worthwhile for the obtained gain in absorption performance. The absorption
performance

order

of

studied

absorbent

liquids

is

NaOH>PG>MEA>

AMP>DEA>K2CO3 regardless of operating conditions adopted.
4.4 Stripping of CO2 from different aqueous solvents using PVDF hollow fiber
membrane contacting process
In the present study the home made 28% PVDF HF GLMC modules were
used to compare the CO2 stripping performance of primary, secondary, hindered
amines and amine salts. Also the effect of vital operating conditions such as liquid
and gas phase flow rates, transmembrane pressure, liquid phase temperature and
initial CO2 concentrations on stripping flux and efficiency was investigated. Shell
and tube type module was constructed using Perspex tube as shell (transparent) and
HF membranes as tubes. The details of the membrane contactor module are given in
Table 4.4.1.
Different 0.5 M aqueous solutions (PG, AMP, DEA and MEA) preloaded
with CO2 were used as liquid absorbents in CO2 stripping test. The CO2 rich aqueous
solutions were prepared by the method described in section 3.5.1. The gas was
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circulated through the stirred solution and process was continued until there was no
significant change in solution pH. The equilibrium was assumably reached. CO2
concentration in the aqueous solution was determined by chemical titration described
in section 3.5.2.
Table 4.4.1:

Specifics of the GLMC module used for stripping studies

Fiber

28 % PVDF

Module length (mm)

260

Module inner dia. (mm)

11

Fiber outer dia. (mm)

1.5

Fiber inner dia. (mm)

0.42

No of fibers

10

Inner Area (m2)

0.00343

Then constructed GLMC module was used to determine the CO2 stripping
performance of the prepared PVDF HFMs. The stripping experiments were
conducted as described in section 3.4.2. The CO2 preloaded aqueous solutions were
used as the liquid feed stream in the CO2 stripping module and supplied to lumen
side of the module while pure nitrogen as a sweep gas was made to flow through the
module shell side. A counter-current flow mode was applied for the gas and liquid
phases. The system was in operation for 30 min to achieve a steady state condition
before taking samples. The calculated stripping efficiency and stripping flux (Eqs.
3.4.1 and 3.4.2 ) were used to compare the results of various operating conditions.
4.4.1

Effect of different aqueous solution
Effect of different aqueous solution on CO2 stripping flux for four different

aqueous solvents (0.5M) was examined by increasing rich solution temperature. The
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liquid absorbent passed through the fibers lumen side at the constant flow rate of 40
ml/min. The sweep gas passed through the shell side at the constant flow rate of 600
ml/min. Liquid exit pressure at 0.05 MPa (gauge) was maintained. Table 4.4.2
presents the initial CO2 loading of the aqueous amine solutions at room temperature.
In the case of AMP, AMP forms unstable carbamate and hydrolysis easily occur,
leading to the formation of free amines and bicarbonate ions. Therefore, AMP had
higher CO2 loadings compared to those for unhindered primary and secondary
amines [210]. Also PG is good absorbent compare to MEA and DEA.
Table 4.4.2: Initial CO2 loading
Aqueous solvents

Initial CO2 loading (mol/l)

PG

0.675

AMP

0.615

DEA

0.495

MEA

0.475

The results in Figure 4.4.1 and Figure 4.4.2 show the effect of different
aqueous solution on stripping flux and efficiency as function of temperature. The
regeneration energy of the absorbents was directly related with the heat of reaction
and showed higher values when the binding force between amines and CO2
molecules was larger. Therefore, absorbents that formed carbamate required larger
quantities of heat, and the absorption heats of the MEA and DEA were higher than
those of AMP and PG [210, 214]. So as shown in Figure 4.4.1 and Figure 4.4.2 AMP
and PG shows better stripping performance compare to MEA and DEA. Regardless
of type of solvent the CO2 stripping flux and efficiency increases with temperature
rapidly. Because as the reaction rate increases with temperature, the formation of
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carbamate, which is the final product of CO2 reaction, become unstable and the
energy consumed in regeneration become smaller [210, 214].
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Figure 4.4.1: Effect of liquid phase temperature on CO2 stripping flux for four
different solvents (0.5M, vl= 50ml/min, vg = 600 ml/min and Pl −Pg = 0.5×105 Pa)
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Figure 4.4.2: Effect of liquid phase temperature on CO2 stripping efficiency for
four different solvents (0.5M, vl = 50ml/min, vg = 600 ml/min and Pl −P g = 0.5×105
Pa)
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4.4.2

Effect of sweep gas flow rate
Effect of sweep gas flow rate on CO2 stripping flux for four different aqueous

solvents (0.5M) was examined at rich solution temperature 60 °C and flow rate of 40
ml/min. Liquid exit pressure was maintained at 0.05 MPa. The results in Figure 4.4.3
and Figure 4.4.4 shows gas flow rate have no any significant effect on stripping flux
and efficiency regardless of type of solvent. Several researchers documented the
same effect of sweep gas flow rate on CO2 stripping flux and stripping efficiency
[57, 59, 63]. Khaisri et al. [3] found individual mass transfer coefficient values. They
confirmed an increase in sweep gas velocity increased the gas phase mass transfer
coefficient but it had a minor effect on the overall mass transfer coefficient. But
when operating at high rich solution temperature, the low sweep gas flow rate, allow
the vapor molecules to easily enter through the pores and wet the membrane. This
reduces the effective long term operation of the membrane contactor module. So,
moderate sweep gas flow rate gives better performance comparing to low sweep gas
flow rate.

CO2 stripping flux (mol/m2s)

0.09
0.08
0.07
0.06
0.05
0.04
0.03

PG
DEA

0.02

AMP
MEA

0.01
0

100

200

300

400

500

600

700

Sweep gas flow rate (cm3/min)
Figure 4.4.3: Effect of sweep gas flow rate on CO2 stripping flux for four different
aqueous solvents (0.5M ,vl= 40 ml/min T = 60 °C and Pl −Pg = 0.5×105 Pa)

183

CO2 stripping efficiency (%)

55
50

45
40
35
30
25

PG

AMP

MEA

DEA

20
0

100

200

300

400

500

600

700

Sweep gas flow rate (cm3/min)
Figure 4.4.4 Effect of sweep gas flow rate on CO2 stripping efficiency for four
different aqueous solvents (0.5M,vl = 40 ml/min T = 60 °C and Pl −Pg = 0.5×105 Pa)
4.4.3

Effect of liquid pressure
Effect of liquid exit pressure on CO2 stripping flux for four different aqueous

solvents (0.5M) was examined at rich solution temperature 60 °C. The liquid
absorbent passed through the fibers lumen side at the constant flow rate of 40
ml/min. The sweep gas passed through the shell side at the constant flow rate of 600
ml/min. The liquid exit pressure was varied from 0.01 MPa to 0.05 MPa by adjusting
the control valve connected the liquid exit line.
The results in Figure 4.4.5 and Figure 4.4.6 show CO2 stripping flux and
efficiency, regardless of type of solvent, increases significantly with liquid exit
pressure. The considerable increase in CO2 flux can be attributed to the increase in
driving force for desorption as a result of an increase in CO2 concentration. Many
researchers studied the effect of gas phase pressure on CO2 absorption performance.
The CO2 absorption flux increase drastically with gas phase pressure [17, 20]. So
vice versa by increasing the liquid side pressure the CO2 desorption flux can be
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increased. But, even though, hydrophobic PVDF HFM can resist wetting, applying
higher pressure in the liquid side can gradually cause wetting. It is well known that
partial wetting of membrane can increase mass transfer resistance significantly. So
the liquid side pressure should be maintained below the break through pressure.
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Figure 4.4.5: Effect of liquid pressure on CO2 stripping flux for four different
aqueous solvents (0.5M ,vl = 40 ml/min and vg = 600 ml/min )
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Figure 4.4.6: Effect of liquid pressure on CO2 stripping efficiency for four different
aqueous solvents (0.5M, vl = 40 ml/min and vg = 600 ml/min)
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4.4.4

Effect of liquid phase temperature and flow rate
Effect of liquid phase temperature and flow rate on CO2 stripping flux was

examined for four different aqueous solvents (0.5M). The liquid absorbent passed
through the fibers lumen side at the constant flow rates of 10, 20, 40 and 50 ml/min
(0.08, 0.16, 0.32 and 0.4 m/s respectively). The sweep gas passed through the shell
side at the constant flow rate of 600 ml/min. A pressure difference of 0.5 × 105 Pa
was applied on the liquid stream and gas stream. Figure 4.4.7 and Figure 4.4.8
shows the effect of liquid phase temperature and flow rate on stripping flux and
efficiency for PG. Approximately all solvents show the same trend in stripping flux
and efficiency. Increase in liquid temperature shows rapid increase in the CO2
stripping flux and stripping efficiency. The rich solution temperature directly affects
the CO2 solubility. The CO2 solubility exponentially reduces with temperature [210,
215, 216]. At higher temperature, CO2 dissolved at the equilibrium tends to be
released, which results in the increase of driving force for mass transfer of CO2. As a
result an increase in operating temperature leads to an increase in stripping flux and
efficiency. Liquid flow rate shows some notable criteria on CO2 stripping flux and
efficiency. At low temperatures the increase in liquid flow rate reduces the stripping
efficiency. In contrast at high temperature the increase in liquid flow rate increases
the stripping efficiency. The same results had been reported by several researchers
[3, 54, 56, 59, 61, 64, 65]. Two phenomenon‟s govern the stripping efficiency. The
residence time (contact time between gas and liquid phase) and liquid phase
boundary layer thickness. At low temperature contact time overtaken by the
boundary layer thickness. Lower liquid velocity tend to higher residence time, which
lets dissolved CO2 to shift to gas–liquid interface and results in increasing the driving
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force of mass transfer. In contrast at high temperature due to low solubility more CO2
end to be released. So rather than residence time boundary layer thickness is
important. Because the liquid flow rate reduces the boundary layer thickness and
increase the mass transfer coefficient, at high temperature high flow rates gives the
high removal efficiency.
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Figure 4.4.7: Effect of liquid phase temperature on CO2 stripping flux at four
different liquid phase velocities (0.5M PG, vg = 600 ml/min and Pl −Pg = 0.5×105 Pa)
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Figure 4.4.8: Effect of liquid phase temperature on CO2 stripping efficiency at four
different liquid phase velocities (0.5M PG, vg = 600 ml/min and Pl −Pg = 0.5×105 Pa)
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4.4.5

Effect of different initial CO2 loading
Effect of different initial CO2 loading on CO2 stripping flux was examined

for four different aqueous solvents (0.5M). By using solubility cell the liquid solvent
was loaded with CO2 ranging from 0.02 to 0.5 mol/mol amine. The liquid absorbent
passed through the fibers lumen side at the constant flow rate of 20 ml/min while the
sweep gas passed through the shell side at the constant flow rate of 600 ml/min. A
pressure difference of 0.5 × 105 Pa was applied on the liquid stream and gas stream.
Solvent temperature was maintained at 90 °C.
Figure 4.4.9 to Figure 4.4.11 shows the effect of initial CO2 loading on CO2
concentration in outlet liquid, stripping flux and efficiency. Approximately all
solvents show the same trend in liquid out CO2 concentration, stripping flux and
efficiency. Increase in initial CO2 loading shows rapid increase in the CO2 stripping
flux and stripping efficiency. According to Fick‟s law for mass transfer the molar
flux is proportional to concentration gradient. Therefore, the initial CO2
concentration directly affects the CO2 molecular diffusion through the liquid and gas
filled pores. At higher initial CO2 loading both axial and radial diffusion of CO2
molecules have been enhanced as a result of increase in driving force for mass
transfer of CO2. Consequently an increase in initial concentration leads to an increase
in stripping flux and efficiency. However the CO2 concentration in outlet liquid
increases with initial concentration of CO2.
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Figure 4.4.9: Effect of initial CO2 concentration on CO2 concentration in outlet
liquid four different aqueous solvents (0.5M, vl = 20 ml/min, vg = 600 ml/min, Pl −Pg
= 0.5×105 Pa and T = 100 °C)
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Figure 4.4.10: Effect of initial CO2 concentration on CO2 stripping flux for four
different aqueous solvents (0.5M, vl = 20 ml/min, vg = 600 ml/min, Pl −Pg = 0.5×105
Pa and T = 100 °C)
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Figure 4.4.11: Effect of initial CO2 concentration on CO2 stripping efficiency for
four different aqueous solvents (0.5M, vl = 20 ml/min, vg = 600 ml/min, Pl −Pg =
0.5×105 Pa and T = 100 °C)
4.4.6

Effect of liquid solvent flowing side (tube and shell)
Effect of liquid solvent flowing side - either tube side or shell side- on CO2

stripping flux was examined for 0.5 M PG for different initial CO2 concentrations.
By using solubility cell the liquid solvent was loaded with CO2 ranging from 0.02 to
0.5 mol/mol amine. When the liquid absorbent passed through the fibers lumen side
the sweep gas was passed through the shell side and vice versa. Both cases the liquid
and gas flow rates were maintained at 20 ml/min and 600 ml/min respectively. A
pressure difference of 0.5 × 105 Pa was applied on the liquid stream and gas stream.
Solvent temperature was maintained at 100 °C. Figure 4.4.12 and Figure 4.4.13 shows
the effect of initial CO2 loading on CO2 concentration in outlet liquid and stripping
efficiency for tube and shell side flow. Regardless of side of flow the concentration
in outlet liquid and stripping efficiency increases with initial concentration due to the
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enhancement of mass transfer driving force. But liquid flow in the tube side gives
better stripping performance comparing to shell side flow. This may be due to lower
packing density 39%. In low packing density GLMCs when the liquid flow in shell
side, specifically for laminar flow, the flow is more stagnant. Thus liquid side
boundary layer thickness and associated mass transfer resistance is high. In contrast
when liquid flow in tube side because of increased velocity the boundary layer
thickness and associated mass transfer resistance is low, accordingly mass transfer
rate was enhanced. So for low packing density modules tube side flow gives better
stripping performance.
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Figure 4.4.12: Effect of initial CO2 concentration on CO2 concentration in outlet
liquid for tube and shell side liquid flow (0.5M, vl = 20 ml/min, vg = 600 ml/min, Pl
−Pg = 0.5×105 Pa and T = 100 °C)
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Figure 4.4.13: Effect of initial CO2 concentration on CO2 stripping efficiency for
tube and shell side liquid flow (0.5M, vl = 20 ml/min, vg = 600 ml/min, Pl −Pg =
0.5×105 Pa and T = 100 °C)
4.4.7

Conclusions
CO2 stripping performance of PVDF HFMs was compared between primary

(MEA), secondary (DEA), hindered (AMP) amines and amine salts (PG). In terms of
regeneration AMP and PG perform well as absorbent liquid comparing to MEA and
DEA. Further from CO2 stripping experiments it was found that regardless of type of
solvent the CO2 stripping flux and efficiency rapidly increases with liquid
temperature, pressure and initial CO2 concentration. In addition, the gas–liquid
contact time was a key factor to enhance the stripping flux at low temperature while
liquid phase boundary layer thickness and associated mass transfer resistance is
important at elevated temperature. So by controlling the liquid phase velocity and the
length of module at low temperature better stripping performance can be achieved.
However, the stripping flux almost remained constant by increasing the gas phase
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velocity. Moreover the comparison stripping experiments between shell and tube side
liquid flow revealed that for low packing density modules liquid tube side flow gives
better stripping performance.
4.5 Absorption of CO2 from natural gas using different amino acid salt solutions
and regeneration using GLMC
The purpose of this study was comparing the absorption/stripping
performance of different AAS aqueous solutions with MEA and NaOH.

Also

studied the effect of solution pH on CO2 absorption/stripping by using different
asymmetric solutions of amino acid and alkali salt. Further compared the
recyclability and long term performance of these amino acid salt aqueous solutions.
By using homemade 28% PVDF HFMs, shell and tube type modules were
constructed using Perspex tube as shell (transparent) and HFMs as tubes. The details
of the membrane contactor module are given in Table 4.5.1.
Table 4.5.1: Specifics of the GLMC module used for absorption/regeneration studies
of AAS
Fiber

28 % PVDF

Module length (mm)

160

Module outer dia. (mm)

15

Module inner dia. (mm)

11

Fiber outer dia. (mm)

1.1

Fiber inner dia. (mm)

0.42

No of fibers

16

Inner Area (m2)

0.0034

Packing densiry

0.17

193

The

constructed

GLMC

module

was

used

to

determine

the

absorption/stripping performance of CO2 into different amino acid solutions. The
absorption /stripping experiments were conducted as described in section 3.4.2. To
study the absorption performance 10% CO2/90%CH4 gas mixture was applied to the
shell side of the membrane contactor module Six different solvents were used in the
CO2 absorption process. The solvents were 0.5 M potassium glycinate, sodium
glycinate, potassium sarcosine, sodium sarcosine, sodium hydroxide and MEA
aqueous solutions. Chemical structures and basicity of MEA and amino acids are
shown in Table 4.5.2 [154]. Various ratios of amino acid to hydroxide (asymmetric
solution) were used to study the effect of pH on carbon dioxide removal
performance. The liquid feed stream was supplied to lumen side of the module.
Table 4.5.2: Chemical formula and basicity of MEA and amino acid used in this
study
Name

Chemical
formula

Monoethnalomine

Chemical
structure

pKa

Ref

C2H7NO

9.51

51

Glycine

C2H5NO2

9.77

51

Sarcosine

C3H7NO2

10.21

51

To study the stripping performance the liquid feed stream coming from the
absorber module and manual CO2 preloaded aqueous solutions were pumped to the
stripping module. Pure nitrogen, as a sweep gas, was made to flow through the
module shell side at the flow rate of 600 ml/min. A counter-current flow mode was
applied for the gas and liquid phases. A pressure difference of 0.05 MPa was applied
between the liquid stream and gas stream by using control valve in order to avoid the
formation of bubbles on the liquid side. The system was allowed to reach steady state
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condition before taking samples. The liquid phase CO2 concentration at the inlet and
outlet of the stripper module was measured by “Chittick apparatus” (section 3.5.3), to
determine stripping flux and efficiency.
In order to study the long term performance of the membrane contactor
contact angle between liquid and membrane was measured. The inner surface contact
angle was measured since the liquid was made to flow through the lumen side of
membrane in absorption/stripping experiments. The details of contact angle
measurement were discussed in details in section 3.2.6.
4.5.1

Effect of different amino acid salts on absorption
Effect of different AAS on CO2 absorption for six different aqueous solvents

(0.5M) was examined by increasing gas and liquid flow rates. The liquid absorbent
passed through the fibers lumen side and the feed gas (10/90% CO2/CH4) passed
through the shell side. The results in Figure 4.5.1 and Figure 4.5.2 shows the effect of
gas flow rates and Figure 4.5.3 shows the effect of liquid flow rates on CO2 removal
efficiency and flux for six different solvents.
Figure 4.5.1 to Figure 4.5.3 shows that the AAS provide better CO2 absorption
performance than the widely used MEA aqueous solution. Even though amino acids
have the same functional groups as alkanolamines and can be expected to behave
similarly toward CO2 absorption, their high surface tension and low viscosity makes
them as potential absorption liquids for membrane contactor applications [7, 151].
Although the CO2 absorption reaction is faster in pure KOH solutions than pure
hydroxide NaOH solution[217], the figure shows NaOH/amino acid mixture enhance
the CO2 absorption performance in membrane contactor than KOH/amino acid
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mixture. Perhaps, this can be due to the compatibility between amino acid and
hydroxide solution.
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Figure 4.5.1: Effect of gas flow rate on CO2 absorption efficiency (solvent
concentration: 0.5M, liquid flow rate:10ml/minand room temperature)
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Figure 4.5.2: Effect of gas flow rate on CO2 absorption flux (solvent concentration:
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Figure 4.5.3: Effect of liquid flow rate on CO2 absorption flux (solvent
concentration: 0.5 M, gas flow rate: 100 cm3/min and room temperature)
Also Figure 4.5.1 to Figure 4.5.3 shows compared to glycine, sarcosine show
better performance, this is due to high CO2 loading capacity of sarcosine. However
pure NaOH shows better absorption performance, since CO2 absorption is an acid
base reversible chemical reaction and NaOH solution is strong base solution (pH
around 13). But as in later discussions this is not ideal as cyclic absorbent liquid due
to low stripping performance.
Further, Figure 4.5.1 displays that the percent CO2 removal was decreasing
with increasing gas flow rates. This is attributed to reduced residence time of CO2 in
the membrane contactor. In contrast Figure 4.5.2 shows increase of gas flow rate
could effectively enhance the CO2 absorption flux. This is because increase of gas
velocity can enhance the mass transfer in the gas phase, and thus, enhances the mass
transfer through the membrane. The same behavior was reported by Marzouqi et al.
[137] when using different amine based solvents in commercial HF modules.
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Moreover, liquid flow rate also has an obvious influence on the absorption
performance of CO2 in the GLMC. Figure 4.5.3 shows the experimental results of
flux as a function of liquid flow rate. Regardless of type of solvent the absorption
flux significantly increases with liquid flow rate. This is anticipated for the reason
that boundary layer thickness and related mass transfer resistance reduces with liquid
flow rate. Similar trend was also reported by several researchers [11, 20, 22, 24, 88,
169, 218].
4.5.2

Effect of liquid phase temperature on absorption
Effect of solvent temperature on CO2 absorption for six different aqueous

solvents (0.5M) was examined. The results in Figure 4.5.4 show the effect of
temperature on CO2 removal efficiency and flux for six different solvents.
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Figure 4.5.4: Effect of liquid temperature on CO2 absorption flux (solvent
concentration: 0.5 M, liquid flow rate: 25 ml/min and gas flow rate 100 cm3/min)
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The effect of temperature on CO2 absorption performance is attributed to
collective effect of solubility (physical absorption), chemical reaction (chemical
absorption), diffusion and evaporation of absorbent. The effect of temperature on
these factors was studied by several researchers through experiments and
mathematical modeling also [7, 20, 137]. It is well known the favored chemical
reaction rate and diffusion rate with temperature would enhance the absorption
performance. While decrease in CO2 solubility and an increase in evaporation of
absorbent (wetting) with temperature would reduce the absorption performance.
Perhaps due to these combine effects; AAS shows no any significant effect of
temperature on absorption performance (removal efficiency increases form 91% to
92.6 % for the temperature rise from room temperature to 60 °C) contrary to the
results obtained with MEA and NaOH. For amino acid salt solutions, maybe the
favored chemical reaction and diffusion with temperature were compensated by the
reduced solubility whereas for MEA and NaOH the favored effect of temperature on
chemical reaction and diffusion were higher than the reduced effect temperature on
CO2 solubility. It should be noted the effect of wetting was not significant here
because within 30 minutes operation time no wetting was observed. So amino acid
salt solutions at relatively low temperature should be selected for long term
absorption performance.
4.5.3

Effect of different amino acid salts on stripping
Stripping performance of four different amino acid salt solutions (0.5M) was

compared with MEA and NaOH by increasing rich solution temperature. The liquid
absorbent passed through the fibers lumen side at the constant flow rate of 20
ml/min, while the sweep gas (nitrogen) passed through the shell side at the constant
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flow rate of 600 ml/min. Liquid exit pressure at 0.05 MPa was maintained. All the
solutions were preloaded for the same initial CO2 concentration 0.2 moles per mol of
amine or amino acid salt by using solubility cell. Detail description of CO 2 loading
was explained in section 3.5.1. From the previous work we comprehensively studied
the effect of operating parameters on stripping efficiency and based on that we
choose the operating parameters for this set of experiments . The results in
Figure 4.5.5 show the effect of different aqueous solution on stripping flux as
function of temperature. For all six solvents the stripping flux rapidly increasing with
temperature. This is because CO2 solubility decreases rapidly with temperature.
These results were proved by several researchers [2, 3, 55].
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Figure 4.5.5: Effect of liquid temperature on CO2 stripping flux (solvent
concentration: 0.5 M, liquid flow rate: 20 ml/min and gas flow rate 600 cm3/min)
As shown in Figure 4.5.5 AAS shows better stripping performance compared
to MEA and NaOH solution. This is attributed to acidic nature of amino acid salt
solutions compared to MEA and NaOH. The lower pH promotes the hydrolysis of
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the carbamate species, resulting in the formation of amino acid salt and bicarbonate,
which revert to the zwitterions species and carbon dioxide [152]. Another reason is
low volatility and consequently reduced membrane wetting of amino acid salt
solutions. Further the results shows that Potassium salt of amino acid shows better
stripping performance compared to sodium salt of amino acid. For instance at 90 °C
stripping efficiency of potassium glycinate is 84% and sodium glycinate is 69%.
Further compared to sarcosine compounds glycine compounds shows better stripping
performance because glycine is more acidic than sarcosine.
4.5.4

Effect of different initial CO2 loading on CO2 stripping
Effect of different initial CO2 loading on CO2 stripping flux was examined

for all six aqueous solvents (0.5M). By using solubility cell the liquid solvent was
loaded with CO2 ranging from 0.02 to 0.5 mol/mol of amine or amino acid salt. The
liquid absorbent passed through the fibers lumen side at the constant flow rate of 20
ml/min while the sweep gas passed through the shell side at the constant flow rate of
600 ml/min. A pressure difference of 0.5 × 105 Pa was applied on the liquid stream
and gas stream. Solvent temperature was maintained at 100 °C. Figure 4.5.6 and
Figure 4.5.7 shows the effect of initial CO2 loading on stripping flux and efficiency.
Approximately all solvents show the same trend in stripping flux and efficiency.
Increase in initial CO2 loading shows rapid increase in the CO2 stripping flux and
stripping efficiency. According to Fick‟s law for mass transfer the molar flux is
proportional to concentration gradient. Therefore, the initial CO2 concentration
directly affects the CO2 molecular diffusion through the liquid and gas filled pores.
At higher initial CO2 loading both axial and radial diffusion of CO2 molecules have
been enhanced as a result of increase in driving force for mass transfer of CO2.
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Consequently an increase in initial concentration leads to an increase in stripping
flux and efficiency.
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Figure 4.5.6: Effect of initial CO2 concentration on CO2 stripping efficiency (liquid
flow rate: 20 ml/min, gas flow rate 600 cm3/min and liquid temperature: 100 °C)
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Figure 4.5.7: Effect of initial CO2 concentration on CO2 stripping flux (liquid flow
rate: 20 ml/min, gas flow rate 600 cm3/min and liquid temperature: 100 °C)
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Further Figure 4.5.6 and Figure 4.5.7 shows the stripping flux and efficiency
sharply increasing with initial concentration and show sudden changes at the initial
concentration of 0.1 mol/mol of amine or amino acid salt. This may be due to
solubility (physical absorption) and chemical reaction (chemical absorption). The
molecules absorbed by physical absorption could be easily desorbed than the
molecules absorbed by chemical absorption. So possibly around 0.1 mol of CO2 per
mol of amine or amino acid salt is the limit of physical absorption and these
molecules desorbed easily with temperature.
4.5.5 Effect of different ratio of amino acid to hydroxides (solution pH) on
CO2 absorption and stripping
The effect of solution pH on CO2 absorption and stripping was investigated
by CO2 absorption/stripping measurements on solutions containing different ratio of
amino acid to hydroxides ((i.e. asymmetric solutions containing different molar
amounts of amino acid and base, hence eventually different pH). Figure 4.5.8 shows
how the solution initial pH has been reduced by increasing solution amino acid to
base ratio for four different combinations of amino acid and base. It seems NaOH
gives more basic nature to the solution than KOH where as glycine gives more acidic
nature to the solution than sarcosine. So eventually potassium glycinate have the
lower initial pH value such as 11.1.
The results in
Figure 4.5.9 show for different asymmetric solutions of amino acid and base,
how the CO2 absorption efficiency has been reduced with increased amino acid
concentration i.e. reduced solution pH. The reduction of absorption performance of
potassium glycinate is more significant than other amino acid salt solutions because
of its reduced pH than other amino acid salt solutions. But in contrast as shown in
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Figure 4.5.10 the stripping performance significantly increases with amino acid
molar ratio i.e. reduced solution pH. This is because the solutions pH can have an
extensive influence in the partial pressure of CO2 in equilibrium with the solution
which is the driving force for mass transfer to happen through the liquid and
membrane. The pH change decreases the CO2 solubility of the solvent and emits CO2
into the gas phase from the absorbent liquid. Also lower pH stimulates the carbamate
hydrolysis to zwitterion species. Altogether lower pH shifts the CO2 reaction
equilibrium towards the release of CO2 increasing the partial pressure of CO2 [152].
As the potassium glycinate solution pH is lower than other AAS this gives better
stripping performance.
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Figure 4.5.8: Trend of pH reduction when increasing amino acid/hydroxide ratio for
four different amino acid salt aqueous solutions
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Figure 4.5.9: Effect of amino acid/hydroxide ratio on CO2 absorption efficiency
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In general the low solution pH has positive effect on stripping while having
negative effect on absorption. It is straight forward and proved by researchers as well
in our experimental results, the stripping performance significantly reduces with
reduced initial CO2 concentration. So eventually, even though higher molar ratio
shows better stripping performance, in continuous operation of absorption and
followed up by stripping, the stripping performance was controlled by reduced
absorption performance and resultant low initial CO2 concentrations. So despite the
fact that the higher molar ratios give better stripping performance, for the net effect
the molar ratio has to be optimized to achieve both good absorption and subsequent
stripping performance.
4.5.6

Long term performance
The long term performance of constructed PVDF HF GLMCs was examined

by running absorption experiments continuously for about 200 minutes, by using
different six absorption liquids. For the reason that long term performance

is

questionable at elevated temperatures, the long term performance experiments were
conducted at liquid temperature 60 °C. Also the contact angle between these six
absorption liquids and membrane inner surface was measured and tabulated in
Table 4.5.3. Figure 4.5.11 shows the long term performance of all six absorbent
liquids. It was very clearly exposed the contact angle have the direct impact on the
long term performance of membrane contactor.
The long term performance of the membrane contactor mainly depends on
membrane wetting. Contact angle between liquid and membrane indicates the
tendency of liquid to wet the membrane. If the contact angle is larger then the surface
is more hydrophobic and less wetting [51, 52]. In view of the fact, NaOH solution
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with higher contact angle of 105.40shows more stable performance throughout whole
absorption experiment carried out. The contact angle of NaOH liquid is larger
because of its high surface tension due to their ionic nature[24]. Whereas MEA
solution with lowest contact angle 89° shows poor long term absorption performance.
The absorption performance of MEA solution reduced from 91% to 88 % over 200
minutes operation time. It is reported by several researchers the surface tension of
MEA solution is lower than the distilled water [7, 219].
Table 4.5.3:

Contact angle of six different absorption liquids

Absorption liquid

Contact angle (°)

Sodium hydroxide

105.4

Sodium sarcosine

98.3

Sodium glycine

101.9

Potassium sarcosine

99.8

Potassium glycine

100.4

MEA

89

As shown in Figure 4.5.11 amino acid salt solutions shows almost stable long
term absorption performance as their contact angles more than 90° (hydrophobic
nature). Compared to sarcosine glycine solvent was more stable. Surface tension of
aqueous solution of amines and amino acids were studied by several researchers and
the common agreement is amino acid solutions have higher liquid surface tension
when compared to conventional aqueous alkanolamines [7, 147, 148, 151, 152].
Hence amino acid salt solutions are identified as more potential absorption liquid in
GLMC applications than amines.
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Figure 4.5.11: Long term absorption performance of six different solvents (liquid
flow rate: 10 ml/min, gas flow rate 50 cm3/min and liquid temperature: 50 °C)
4.5.7

Recyclability of absorption liquids
The recyclability of different six absorption liquids was studied by measuring

the absorption performance of fresh liquid and recycled liquid for ten times without
stripping between each cycle. Then the liquids were passed through the stripper
module and then again passed through the absorption module to study the absorption
performance after stripping. The Figure 4.5.12 shows how the CO2 absorption
performance has been changed between fresh, recycled and stripped absorption
liquid. Reduction of absorption performance of MEA is more significant compared
to other liquids. This may be due to either solvent degradation or partial membrane
wetting even though no wetting was observed. Even after ten recycles the absorption
performance of NaOH only reduced from 99% to 77% perhaps due to high CO2
loading capacity. The Figure 4.5.12 shows that compared to MEA, amino acid salt
solutions specifically sodium sarcosine can be recycled efficiently. This may be due
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to high CO2 loading capacity and less solvent degradation compared to amines. Also
the figure shows even though the absorption performance of potassium glycine had
been reduced to lowest among other amino acids, after stripping regardless of initial
CO2 concentration the absorption performance was higher than the other amino
acids. Hence Potassium glycine shows better stripping performance.
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Figure 4.5.12: Recyclability of six different solvents (liquid flow rate: 10 ml/min,
gas flow rate 50 cm3/min and liquid at room temperature)
4.5.8

Conclusions
The absorption/stripping performance of four different AAS (potassium

glycinate, sodium glycinate, potassium sarcosine and sodium sarcosine) aqueous
solutions was compared with conventionally used MEA and NaOH by using
homemade PVDF HF GLMCs. Although NaOH shows better absorption
performance than the AAS, its stripping performance was very poor. So this is not
ideal as cyclic absorbent liquid.
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In general sarcosine shows better absorption performance whereas glycine
shows better stripping performance. As well the amino acid with sodium shows
better absorption performance while amino acid with potassium shows better
stripping performance. Experimental results showed that regardless of type of
absorption liquid the absorption performance can be enhanced by increasing liquid
flow rate. However the gas flow rate has negative effect on the removal efficiency
although flux increases. Furthermore it has been observed AAS did not show
significant effect of temperature on absorption performance contrast to MEA and
NaOH because of combined effect enhanced chemical reaction and reduced physical
solubility.
The effect of absorption liquid pH on CO2 absorption/stripping in GLMC
module was investigated by using asymmetric solutions of amino acid and alkaline
salt (i.e. solutions containing different molar amounts of amino acid and base). At
lower pH the CO2 reaction equilibrium shifts towards the release of CO2 enhancing
the partial pressure of CO2. So higher molar ratios of amino acid shows better
stripping and reduced absorption performance. Subsequently in continuous operation
of absorption and followed up by stripping, the stripping performance was controlled
by reduced absorption performance because of resultant low initial CO2
concentrations. Hence for the net effect the molar ratio has to be optimized to
achieve both good absorption and subsequent stripping performance.
The experiments conducted over prolonged period of operation time at
elevated temperature proved that aqueous amino acid salt solutions have lower
potential to wet the membrane compared to MEA. Further it has been verified that
amino acid salt solutions can be recycled efficiently due to its high CO2 loading
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capacity and less solvent degradation. Eventually, the experimental results proved
the amino acid salt solutions have the great potential to replace the conventional
absorption liquids used in GLMC applications.
4.6 Ammonia based CO2 absorption and regeneration using hollow fiber
membrane contactors
The aim of this study was examine the characteristics of CO2 absorption and
regeneration by using aqueous ammonia in HF GLMC. As discussed in literature
review (2.4.3), although the removal of CO2 in aqueous ammonia has been reported
in several studies, membrane contactor based studies are limited. In this set of
experiments firstly the feasibility of aqueous ammonia as absorbent liquid in HFMC
applications were investigated by comparing the CO2 absorption performance with
conventionally used MEA and NaOH. Then the effects of aqueous ammonia
concentration and solvent temperature on absorption performance were inspected.
The regenerability of aqueous ammonia was also studied. The main problem
challenged which is stated in the available literature also was membrane wetting due
to aqueous ammonia low surface tension and volatility. So attempts were made to
increase the performance of aqueous ammonia by adding alkaline salts to increase
the surface tension and glycerin to reduce the solution volatility (inhibiting ammonia
escape).
The experiments were conducted in custom made membrane contactor
modules by using homemade 28% PVDF HFMs. The details of the membrane
contactor module are same as used in section 4.5 (Table 4.5.1). The absorption
/stripping experiments were conducted as described in section 3.4.2. To study the
absorption performance 10% CO2/90%CH4 gas mixture was applied to the shell side
of the membrane contactor module at the flow rate of 100 cm3/min. Various
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concentrations of aqueous ammonia (NH4OH solution) were used in the CO2
absorption process. The liquid feed stream supplied to lumen side of the module at
the flow rate of 10 ml/min.
4.6.1 Viability screening of aqueous ammonia solution as absorbent liquid in
HFMC
The feasibility of aqueous ammonia as absorbent liquid in HFMC
applications were investigated by comparing the CO2 absorption performance with
conventionally used MEA and NaOH aqueous solutions. For this the CO2 absorption
performance of three different concentration aqueous ammonia solutions (0.5 M, 1M
and 2 M) were examined.

The results in Figure 4.6.1 show the CO2 removal

efficiency of these aqueous solutions.
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Figure 4.6.1: CO2 removal efficiency of different CO2 absorption liquids(vg = 100
cm3/min, vl = 10 ml/min)
The CO2 removal efficiency of 0.5 M MEA and 0.5 M NaOH was around
95.5 % and 96% respectively, whereas the removal efficiency of 0.5 M NH4OH
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solution was only 83.5 %. This reveals the CO2 absorption ability of ammonia in
GLMC is lower than the same concentration of MEA or NaOH. However the
absorption performance can be increased by increasing the concentration of
ammonia. The Figure 4.6.1 shows that by increasing the concentration from 0.5 M to
2 M the removal efficiency was increased from 83% to 98%, which is higher than the
0.5 M MEA and NaOH aqueous solutions. But the problem is the ammonia slip form
the solution increase as concentration of ammonia solution increased. So most of the
subsequent experiments except temperature studies were conducted by using chilled
ammonia as absorbent liquid. In conclusion High concentration chilled ammonia
have the potential use in GLMC applications as absorbent liquid.

4.6.2 Effect of concentration of ammonia on CO2 absorption performance in
GLMC
Effect of concentration of ammonia on CO2 absorption performance in
GLMC was examined by using different concentration of aqueous ammonia solution
in the range of 0.5 M to 7 M. The temperature of the solution was maintained at 15
°C. The liquid absorbent passed through the fibers lumen side and the feed gas
(10/90 % CO2/CH4) passed through the shell side. The results in Figure 4.6.2 show
the effect of aqueous ammonia concentration on CO2 removal efficiency.
As shown in fig the CO2 removal efficiency by aqueous ammonia solution in
GLMC significantly increases with ammonia concentration in the solution and
flattening off at high concentrations. From 0.5 M to 3 M the removal efficiency
increased significantly from 70% to 96%.

Whereas by increasing the solution

concentration to 4 M the removal efficiency only increased to 98% and up to 7 M
solution concentration it remain around 98%. The same flattening off of CO2
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absorption performance was reported by Makhloufi et. al [160]. This flattening off
may be due several reasons. The most importantly the NH3 escape from the solutions
at high concentration. Several researchers worked with ammonia solution for CO2
capture, explored the ammonia escape with solutions concentration and revealed
ammonia escape significantly increases with solution concentration [157, 160, 161,
220, 221]. However by maintaining the temperature as low as possible at 15 °C
attempt was made to mitigate the NH3 escape from the solution.
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Figure 4.6.2: Effect of concentration of ammonia on CO2 absorption performance
(vg = 100 cm3/min, vl = 10 ml/min)
Other reasons may be the precipitation of the reaction product which is
NH4HCO3. In contrast to amine solutions reaction product which is carbamate,
NH4HCO3 have the tendency to precipitate as salt [158]. It may block the pores and
form the scale which in turn increases the mass transfer resistance. Also the wetting
caused by the aqueous ammonia solution was immense problematic for long term
operation (even less than 30 minutes). This wetting was increased with aqueous
ammonia concentration. So the optimized operating range of concentration is 2-4 M.
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However in the subsequent experiments 2 M solutions were adopted to overcome the
wetting problem.
4.6.3 Effect of ammonia solution temperature on CO2 absorption performance
in GLMC
Effect of ammonia solution temperature on CO2 absorption performance in
GLMC was examined for two concentration of aqueous ammonia solutions (2 M and
4 M) by increasing the solution temperature from 15 °C to 50 °C. The liquid
absorbent passed through the fibers lumen side and the feed gas (10/90 % CO2/CH4)
passed through the shell side. The results in Figure 4.6.3 show the effect of ammonia
solution temperature on CO2 removal efficiency for two concentrations of aqueous
ammonia solutions.
Figure 4.6.3 shows the effect of temperature on CO2 removal efficiency for
2M and 4 M aqueous ammonia solutions. Many scholars investigated the effect of
aqueous ammonia solution temperature on CO2 absorption ability and reported the
effect of reaction temperature on absorption process is relatively complex [49, 162,
165]. The results obtained confirmed this statement. The aqueous ammonia solution
temperature not has an exclusive trend on CO2 removal efficiency. For both
concentration solutions the removal efficiency increases with temperature up to 30
°C and then start to decrease with further increase in temperature. The negative drop
in removal efficiency was higher for the 4 M solution than the 2 M solution. The
figure reveals at high temperature both 2M and 4 M solutions could show same
removal efficiency. This outcome confirms the increased NH3 escape from the
solution with temperature.
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Figure 4.6.3: Effect of ammonia solution temperature on CO2 absorption
performance (vg = 100 cm3/min, vl = 10 ml/min)
The positive effect of the temperature on CO2 removal efficiency up to 30 °C
may be due to enhance reaction kinetics with temperature. Higher reaction kinetics
effectively translates into a higher overall mass transfer coefficient. Beyond 30 °C
the CO2 mass transfer gain discussed above should however be balanced to the
ammonia slip increase which is induced when temperature increases as shown in
Figure 4.6.3. Makhloufi et al. reported the ammonia volatilization strongly increases
above 25 °C. Also the wetting caused by the ammonia solution rapidly increases with
temperature and solution concentration. So although reaction kinetics could be
enhanced by increase in temperature the optimum temperature should be adopted in
order to overcome the other practical problems such NH3 slip and membrane wetting.
Hence the optimal temperature is about 30–40 °C.
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4.6.4

Long term stability of CO2 absorption by ammonia in GLMC
Long term stability of CO2 absorption by aqueous ammonia solution in

GLMC was studied by conducting the absorption experiments for one hour by using
different concentration of aqueous ammonia solution in the range of 2 M to 7 M. The
temperature of the solution was maintained at 15 °C. Every ten minutes the gas outlet
sample was analyzed by GC. The liquid absorbent passed through the fibers lumen
side and the feed gas (10/90 % CO2/CH4) passed through the shell side. The results
in Figure 4.6.4 show the long term stability of CO2 absorption by ammonia in GLMC
in terms of CO2 removal efficiency.
As shown in Figure 4.6.4 the long term stability of any concentration aqueous
ammonia solutions was very poor. For 2 M aqueous ammonia solutions the removal
was stable only up to 30 minutes of operation time. This even worse for the high
concentrations of aqueous ammonia solutions. The 7 M aqueous ammonia solution
removal efficiency starts to drop in 20 minutes of operation time. This is mainly due
to membrane wetting caused by aqueous ammonia solutions. The surface tension of
aqueous ammonia solutions is very low and higher aqueous ammonia concentrations
were demonstrated to even lower absorbent surface tension considerably [157, 160,
161]. Lower surface tension is known to decrease break through pressure for a
cylindrical pore which notably enhances the probability for wetting [51, 91].
This makes the use of aqueous ammonia solution for GLMC applications
challengeable because the desired character of GLMC absorption liquid is it should
have high surface tension to not wet the membrane. However the aqueous ammonia
solutions possess several other desired characters as absorption liquids. Firstly, NH3
could significantly reduce the energy regeneration demands and save up to 75%
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energy compared to MEA [161]. In addition, NH3 is cheaper than MEA and its
absorption capacity is 3 times higher. Further, NH3 is not corrosive and does not
suffer from thermal or oxidative degradation [160]. So efforts were made by
researchers to overcome the wetting problem by several means. Makhloufi et. al used
two different dense skin composite HFs to study the absorption performance of
aqueous ammonia in GLMC and reported dense skin membranes show stable and
attracting performances. Reduced ammonia slip and wetting intensified CO2 mass
transfer compared to conventional HFMs. The addition of salt to aqueous ammonia
solution in order to increase the surface tension was studies by McLeod et. al. and
they stated the inclusion of 5 wt% NaCl increased the surface tension of the aqueous
ammonia by 2.8 mNm-1 and this cause the marked increased in CO2 flux stability.
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Figure 4.6.4: Long term stability of CO2 absorption by ammonia in GLMC
(vg = 100 cm3/min, vl = 10 ml/min)
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4.6.5

Regenerability of aqueous ammonia via GLMC
Regenerability of aqueous ammonia via GLMC was studied by conducting

the stripping experiments as described in section 3.4. The aqueous ammonia solution
was preloaded with CO2 and rich solution CO2 loading was 0.214 mol/l/. Then the
aqueous ammonia rich solution was heated to different temperatures in order to study
the regenerability of aqueous ammonia solution. The liquids samples were analyzed
using “Chittick Apparatus”. The liquid solution was passed through the lumen side at
the flow rate of 10 ml/min. N2 was used the sweep gas and it flow through the shell
side at the flow rate of 100 ml/min. Then the regenerated lean aqueous ammonia
solutions were again used in absorption experiments in order to compare the
absorption ability of regenerated solution with fresh aqueous ammonia solution. For
this liquid absorbent passed through the fibers lumen side at the flow arte 10 ml/min
and the feed gas (10/90 % CO2/CH4) passed through the shell side at the flow rate
100 ml/min. The results in Figure 4.6.5 shows the stripping efficiency of aqueous
ammonia solution as function of temperature and Figure 4.6.6 shows the comparison
of absorption performance of regenerated solutions.
Figure 4.6.5 shows the stripping efficiency of aqueous ammonia solution
dramatically increase with temperature. It can be noted at 60 °C the stripping
efficiency is 80%. This is the important feature of aqueous ammonia solution. NH3
could significantly reduce the energy regeneration demands and save up to 75%
energy compared to MEA [161]. This is because the reaction product NH4HCO3 can
be easily thermally decomposed in contrast of carbamate which is reaction product of
amines with CO2 [157].
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Figure 4.6.5: Regenerability of aqueous ammonia via GLMC (vg = 100 cm3/min, vl
= 10 ml/min)
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The comparison of absorption performances of regenerated solutions with
fresh and not regenerated solutions were shown in Figure 4.6.6. The figure reveals
although the stripping efficiency increased with temperature and results in low CO2
loading lean CO2 aqueous ammonia solution, the restored absorption performance is
not in accordance with stripping performance. This because as the solution
temperature increases the NH3 would escape from the solution resulting in low
concentration of ammonia in aqueous solution. Hence the absorption performances
of stripped solutions at the temperatures of 50 °C and 60 °C is less than the stripped
solution at 40 °C. So the possible solution is either mitigating the NH3 escape from
the solution or using different approach to regenerate the solution than the thermal
stripping.
4.6.6 Effect of salt addition on long term stability of CO2 absorption by
ammonia in GLMC
Effect of salt addition on long term stability of CO2 absorption by aqueous
ammonia solution in GLMC was examined by adding different type of solvent in
different concentrations to aqueous ammonia solution. The temperature of the
solution was maintained at 15 °C. Every ten minutes the gas outlet sample was
analyzed by GC. The liquid absorbent passed through the fibers lumen side at the
flow rate of 10 ml/min and the feed gas (10/90 % CO2/CH4) passed through the shell
side at the flow rate of 100 cm3/min. The results in Figure 4.6.7 show the effect of salt
addition on long term stability of CO2 absorption by aqueous ammonia solution in
GLMC in terms of CO2 removal efficiency.
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Figure 4.6.7: Effect of salt addition on long term stability of CO2 absorption by
ammonia in GLMC (2M NH4OH @ 15 °C, vg = 100 cm3/min, vl = 10 ml/min)
The Figure 4.6.7 shows the long term stability of CO2 absorption by aqueous
ammonia solution in GLMC could be enhanced by salt addition to the aqueous
ammonia solutions. The same idea was experimented by some investigators [160,
162]. This is because addition of electrolytes increases the surface tension of the
aqueous ammonia solutions as aqueous electrolytes possess surface tensions higher
than pure water. The Figure 4.6.7 shows compare to NaCl, KCl enhances the long
term stability more effectively. This is due to KCl aqueous solution surface tension is
more than the NaCl aqueous solution [222]. Also the results reveals by increasing the
salt concentration the long term stability can be improved further. However the
amounts of salt that can be added have the limitation in GLMC applications because
the salting effect may block the pores and lumen side of the fiber, which on the other
hand will reduce the absorption performance.
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4.6.7

Effect of glycerin on volatility of aqueous ammonia solution
Effect of glycerin on volatility of aqueous ammonia solution was examined

by adding different amount of glycerin to different concentrations of aqueous
ammonia solutions (2 M and 4 M) and then by running the absorption experiments
by increasing the solution temperature from 15 °C to 50 °C. The liquid absorbent
passed through the fibers lumen side at the flow rate of 10 ml/min and the feed gas
(10/90 % CO2/CH4) passed through the shell side at the flow rate of 100 cm3/min.
The results in Figure 4.6.8 show the effect of glycerin on volatility aqueous ammonia
solution in terms of CO2 removal efficiency in GLMC.
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Figure 4.6.8: Effect of glycerin on volatility of aqueous ammonia solution (2M
NH4OH, vg = 100 cm3/min, vl = 10 ml/min)
CO2 absorption using aqueous ammonia solutions are facing a big problem
due to the ammonia escape. Ammonia escape mechanism in carbon capture process
using ammonia solution was discussed and experimental researches aimed for
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controlling ammonia escape were carried out by some scholars [159, 161, 162]. One
of the common method addressed is adding common alcohols to aqueous ammonia
solutions.
From the view of the chemical equilibrium, the amount of ammonia escaped
depends on the concentration of free ammonia in the ammonia solution. The
hydroxyl functional group can combine with ammonia through the hydrogen bond to
reduce the content of free ammonia in the liquid phase, thereby reducing the
volatilization of ammonia. Based on literature review glycerin have the potential
ammonia mitigating effect, so it was selected preferably as ammonia inhibiting
additives [159]. Further as added advantage glycerin can increase the surface tension
of the solution [159].
The results in Figure 4.6.8 and experimental observations shows by adding
glycerin the CO2 absorption performance of aqueous ammonia solution could be
enhanced effectively in GLMC applications. The improvement in absorption
performance for 2 M aqueous ammonia solution is more significant than 4 M
aqueous ammonia solution. This may be due to added amount is not proportional to
the solution concentration. However still at high temperature the ammonia escape
from the solution is a problem especially during elevated temperature stripping
process. So further studies are desired to overcome the ammonia escape from the
aqueous ammonia solutions.
4.6.8

Conclusion
The feasibility of aqueous ammonia as absorbent liquid in HFMC

applications were investigated by comparing the CO2 absorption performance with
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conventionally used MEA and NaOH aqueous solutions. The experimental results
revealed the CO2 absorption ability of ammonia in GLMC is lower than the same
concentration of MEA or NaOH. However by increasing the solution concentration
the CO2 absorption performance similar to conventional absorption liquids could be
obtained. But the problem is as the solution concentration increased the ammonia
would slip from the solution easily. This could be avoided by using chilled ammonia
solution in GLMC applications. The optimized operating range of concentration is 24 M since the higher concentrations also cause other practical problems such as
precipitation of the reaction product and membrane wetting.
Although reaction kinetics could be enhanced by increase in temperature the
optimum temperature should be adopted in order to overcome the other practical
problems such NH3 slip and membrane wetting. Hence the optimal temperature is
about 30–40 °C. The stripping results exposed the aqueous ammonia solution could
be regenerated at low temperature as 60 °C compare to conventional amine high
temperature regeneration. But the concern is the absorption performance of
regenerated ammonia solution was not decent. This because as the solution
temperature increases the NH3 escaped from the solution resulting in low
concentration of ammonia in aqueous solution. So the possible solution is either
mitigating the NH3 escape from the solution or using different approach to regenerate
the solution than the thermal stripping. Glycerin was added to the solution to mitigate
the ammonia escape from the solution. Experimental observations showed by adding
glycerin the CO2 absorption performance of aqueous ammonia solution could be
enhanced effectively in GLMC applications. However still at high temperature the
ammonia escape from the solution is a problem especially during elevated
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temperature stripping process. So further studies are desired to overcome the
ammonia escape from the aqueous ammonia solutions.
The long term stability experiments showed any concentration of aqueous
ammonia solutions long term stability was very poor. This even gets worse for the
high concentrations of aqueous ammonia solutions. This was mainly due to
membrane wetting. Hence alkaline salts were added to the aqueous ammonia
solutions in order to increase the surface tension of solutions. The results showed the
long term stability of CO2 absorption by aqueous ammonia solution in GLMC could
be enhanced by salt addition to the aqueous ammonia solutions. Further it was
observed compared to NaCl, KCl enhances the long term stability more effectively.
Moreover the results revealed by increasing the salt concentration the long term
stability can be improved further. However the amounts of salt that can be added
have the limitation in GLMC applications because the salting effect may block the
pores and lumen side of the fiber, which on the other hand will reduce the absorption
performance.
4.7 Modeling of CO2 absorption in a GLMC considering solvent evaporation
Although the modeling of GLMC has been considered by several authors,
energy balance and momentum transport along with partial evaporation of solvent as
a function of solvent inlet temperature is lacking in the literature. To the best of our
knowledge none of these models considers momentum transport and effect of
absorbent temperature on solvent evaporation. Hence the aim of this study was to
develop a comprehensive mathematical model that takes into account momentum,
energy and mass transport by considering the amount of water evaporated from the
liquid solvent at various inlet absorbent temperatures and the accompanied latent
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heat of vaporization. The model was based on the non-wetted mode, in which the gas
mixture fills the membrane pores in a countercurrent gas–liquid contact. Axial and
radial diffusion inside the hollow fiber membrane, through the membrane skin, and
within the shell side of the contactor were incorporated to the model. The model was
validated for changes in liquid absorbent temperature with the experimental results
obtained.
The experiments were conducted in custom made membrane contactor
modules by using homemade 28% PVDF HFMs. The details of the membrane
contactor module are same as used in section 4.5 (Table 4.5.1). The absorption
experiments were conducted as described in section 3.4.2. To study the absorption
performance 10% CO2/90%CH4 gas mixture was applied to the shell side of the
membrane contactor module at the flow rate of 100 cm3/min. An aqueous sodium
hydroxide solution (0.5 NaOH) was used as absorbent and supplied to the lumen side
of the module at the flow rate of about 10 ml/min at different temperatures from 30
°C to 70 °C. Inlet and exit temperatures of the liquid and gas streams were measured
using temperature sensors located at the inlet and exit of both liquid and gas streams.
The water evaporated from the absorbent liquid at various absorbent inlet
temperature is condensed and collected using refrigerated cooling water bath (at 5
°C) and condenser. The amount of condensed water vapor is weighed using high
precision digital balance placed under the collecting vessel. The amount of water
evaporated during the change in absorbent inlet temperature was measured and
compared with model predictions.
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4.7.1

Effect of absorbent inlet temperature on water evaporation
The amount of water evaporated, condensed and collected at various

absorbent temperatures is shown in Figure 4.7.1. The theoretical amount of water
evaporated is calculated using Eqs. 3.6.46 – 3.6.52, considering free convection mass
transfers as the gas velocity in membrane pores are very small such that stagnant gas
is assumed. The experimental and theoretical values were in good agreement with
small discrepancy at high temperatures. The discrepancy is attributed to the
remaining small amount of water vapor left attached to condenser walls.
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Figure 4.7.1: Effect of absorbent inlet temperature on the amount of water
evaporated from the absorbent liquid (0.5M NaOH, vg = 100 cm3/min, vl = 10
ml/min)
4.7.2

Effect of absorbent inlet temperature on CO2 removal flux
The effect of absorbent inlet temperature on CO2 removal flux is shown in

Figure 4.7.2. Increasing the inlet temperature of the aqueous NaOH solution
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increased the CO2 flux that is attributed to the increase in the chemical reaction rate
constant between NaOH and CO2. The reaction rate constant increased with
increased temperature. The liquid absorbent viscosity also decreased with
temperature and consequently the diffusion increased with increasing liquid
temperature, accordingly the mass transfer rate was enhanced [24]. The solubility of
CO2 and CH4 in aqueous solution decreased with temperature, even though, the
effect of the gas solubility on CO2 absorption is minor compared to the increase in
CO2 reaction rate constant which is controlling the absorption of CO2. The increase
in liquid absorbent temperature also decreased CH4 solubility, accordingly, the
increase of the CO2 flux increased and the CH4 loss decreased. Comparison of the
experimental results with model prediction was adequate.
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Figure 4.7.2: Effect of absorbent temperature on CO2 removal flux (0.5M NaOH, vg
= 100 cm3/min, vl = 10 ml/min)
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4.7.3

Effect of heat transfer
Due to heat transfer form high temperature liquid phase to low temperature

gas phase, gas temperature increased along membrane walls. The increase in gas
temperature is associated with the conductive heat transfer across membrane walls
which are mainly a function membrane thermal conductivity and the amount vapor
diffused from tube side through membrane pores to the gas stream. Figure 4.7.3
shows the effect of absorbent inlet temperature on temperature of the gas stream. The
agreement of model predictions and experimental results were acceptable.
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Figure 4.7.3: Raise in gas stream exit temperature versus inlet liquid temperature
(0.5M NaOH, vg = 100 cm3/min, vl = 10 ml/min)
Figure 4.7.4 shows the model predicted temperature of the gas phase along
the membrane length. The gas entered at 23 °C (lab temperature) and the gas stream
temperature increased slightly along the membrane length due to heat transfer by
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conduction across membrane walls. As inlet absorbent temperature increased the gas
exit temperature increased.
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Figure 4.7.4: Model prediction of shell side gas temperature along module length
(0.5M NaOH, vg = 100 cm3/min, vl = 10 ml/min, liquid inlet temperature 70 °C)
The effect of inlet absorbent temperature on the temperature drop of the
liquid side stream is shown in Figure 4.7.5. The temperature drop of liquid stream
along the membrane length is mainly a result of solvent evaporation progression. The
drop in the liquid stream temperature along the membrane module increased with
inlet absorbent temperature, the temperature fall is owed to the water latent heat of
vaporization. The increased amount of water evaporated from the aqueous sodium
hydroxide solution leads to increased amount of heat loss from the liquid stream. The
diagram shows good agreement between model predictions and experimental data.

231

Absorbent temperature drop (ºC)

25
Model

Experiment

20
15
10
5
0
20

30

40

50

60

70

80

Absorbent inlet temperature (ºC)
Figure 4.7.5: Temperature drops in liquid stream temperature as a function of
change in inlet absorbent temperatures (0.5M NaOH, vg = 100 cm3/min, vl = 10
ml/min)
The surface temperature profile across the module is shown in Figure 4.7.6.
The shell gas side shows slight increase in temperature was credited to heat transfer
by conduction across the membrane walls. At inlet of liquid stream; z = 0, the inlet
solvent enters the lumen side of the hollow fiber membranes at 50 °C, accordingly,
the temperature of the skin layer of the membrane close to entrance of solvent
increased due to heat transfer by conduction and the hot vapor dissipated through the
membrane pores toward the gas side. A long the length of membrane module, the
solvent temperature drops because of the heat loss from the solvent accompanied by
the latent heat evaporation of water from the solvent. The velocity magnitude and
profile in the gas phase (shell side) and liquid phase (tube side) is assembled by the
direction and the length of the arrows (the magnitude of the velocity is proportional
to the length of the arrow; the higher the velocity the longer the length of the arrows).
As observed from the length of the arrows the velocity in the shell side is higher (gas
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flow rate: 100 ml/min) than that of the liquid side (liquid flow rate: 10ml/min). It is
understandable from the surface diagram that the velocity decreased as fluid
approached solid walls and increased toward the symmetry boundaries which is
expected.

Figure 4.7.6: Surface temperature profile for membrane module (0.5M NaOH, vg =
100 cm3/min, vl = 10 ml/min inlet gas and liquid tmeperature respectively 23 °C and
50 °C)
4.7.4

Conclusion
A comprehensive mathematical model was developed to describe the counter-

current flow of CO2/CH4 gas mixture and aqueous sodium hydroxide in a gas–liquid
hollow fiber membrane contactor module used for CO2 absorption. The mathematical
model considered material, energy and momentum transport through the membrane
module. In addition, the model considers the amount of water evaporated from the
absorbent liquid and the latent heat of vaporization. The model is used to simulate
the effect of absorbent inlet temperature on membrane separation and temperature
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profile. A new correlation was developed to describe the rate of evaporation of water
as function solvent inlet temperature, flow rate and liquid–membrane interfacial
porous surface area. The results revealed that temperature of absorbent liquid stream
decreased with increased absorbent inlet temperature due to increased amount of
water evaporated from the liquid and the associated latent heat of evaporation. Gas
stream temperature increased slightly with absorbent inlet temperature. Increasing
the inlet temperature of the aqueous sodium hydroxide solution increased the CO2
removal flux because of the enhanced chemical reaction rate between CO2 and
NaOH. The experimental results were in good agreement with model predictions
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5 Chapter 5: Conclusion and Recommendations
The present study aimed at investigating the potential for the energy efficient
and effective separation of CO2/CH4 gas mixture via lean solvent and regenerating of
the rich solvent through absorption/stripping mechanism taking place in a hollow
fiber gas liquid membrane contactor process (GLMC) which combines the
advantages of membrane technology with those of absorbent liquid. As a hybrid
approach of chemical absorption/desorption and membrane separation, gas liquid
membrane contactor had been ascertained as one of the promising alternatives to
conventional techniques for CO2 separation from natural gas.
5.1 Membrane fabrication and Characterization
The first objective of this research work was fabricating seemly PVDF
hollow fiber membranes for CO2 separation in GLMC applications via thermally
induced phase separation (TIPS) method. The effect of some vital membrane
fabrication conditions on membrane morphology and CO2 separation performance
were studied and these fabrication conditions were optimized by membrane
characterization. The studied membrane fabrication parameters are polymer
concentration, polymer extrusion temperature and ethanol composition in water
coagulation bath. Fabricated membranes were characterized using scanning electron
microscopy (SEM), mercury porosimeter, gas permeation test, liquid entry pressure
of water (LEPw), contact angle measurement and strength measurement. The
separation of CO2 from CO2/CH4 mixture by using fabricated hollow fiber
membranes in a gas–liquid membrane contactor was studied in order to confirm the
potential of the process using the fabricated hollow fiber membranes.
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Different polymer concentration PVDF HFMs were fabricated by varying the
polymer concentration in the spinning dope from 25 to 34 wt%. It was observed that
increasing PVDF concentration in the spinning dope decreases the mean pore size
and the effective surface porosity at the skin layer; on the other hand, it increased
LEPw. Increasing PVDF concentration in the spinning dope decreased the average
absorption flux of CO2. Among the tested membranes in gas–liquid membrane
contactor, it was observed that the 28% PVDF membranes provides the most
favorable performance to be used in GLMC applications.
Different polymer extrusion temperature PVDF HFMs were fabricated by
extruding the dope solution at four different temperatures: 140, 150, 160 and170 °C.
It was found that extrusion temperature should at least 50 °C higher the polymer
crystallization temperature in order to attain membrane with rational absorption
performance. The fabricated membranes were characterized and tested for the
absorption of CO2 from natural gas. The results revealed that fabrication at high
extrusion temperatures resulted in better quality membranes with high porosity, high
strength and high removal efficiency. The experimental outcomes disclosed that
increased extrusion temperatures improved the membrane quality and hence
increased the percent removal of CO2.
PVDF HFMs with different ethanol composition in water coagulation bath
were fabricated by quenching the fabricated membranes into different ethanol
concentration water bath: pure water, 1L ethanol added to 15L water (6%), 2L
ethanol added to 15L water (12%) and 3L ethanol added to 15L water (17%). The
presence of ethanol in the coagulation bath was believed to reduce the polymer
precipitation rate in phase inversion process. This reduction in the polymer
precipitation could be explained on the basis of inter diffusion of solvent, ethanol and
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water. Although several literature was emphasized on kinetics and thermodynamics
of the solidification process in HFM fabrication, from this study it can be concluded
other than kinetics and thermodynamics, mass transfer also become a major
controlling factor in the formation of HFM by TIPS method and which in turn
depend on the medium and composition of coagulant bath.
It was found that the increase in ethanol composition in water coagulation
bath increased the membrane pore size and porosity and mechanical strength. In
contrast it reduces the hydrophobicity of the membrane and significantly reduces the
LEPw. From the CO2 absorption experiments it was observed even though the
membrane with high ethanol composition have high absorption flux its long stability
was very poor and membranes made with ethanol wet easily. Particularly membrane
with 17% ethanol wets in less than 30 minutes even at low operating pressure and
temperature. So PVDF HFM made in this part of work with ethanol in water
coagulation bath is not suitable for GLMC application.
In summary, TIPS method was successfully employed to fabricate HFMs
which are suitable for CO2 separation in GLMC applications. 28% PVDF membrane
extruded at high temperature provides the optimum performance and addition of
ethanol to the coagulation bath reduces the performance of the membrane. The
fabricated PVDF HFM shows absorption flux in the range of 1-5 mmol/m2s and
overall mass transfer coefficient , KOG in the range of 0.1-0.15 mm/s. This is in
accordance with the commercially available fibers and reported literature values.
5.2 CO2 absorption/stripping in GLMC
The membrane that has most favorable performance was used in GLMC and
absorption/stripping experiments were carried out in order to find the optimum
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operation window that gives higher absorption/stripping performance. Different
module configurations and different operating parameters were adopted. Various
absorbent liquids like different amino acid salts (AAS) and aqueous ammonia
solutions were used as absorbent liquid other than conventional absorption liquids.
To improve the stripping performance, enhanced CO2 desorption (based on pH-shift)
was studied. Various ratios of amino acid to hydroxide (asymmetric solution) were
used to study the effect of pH on carbon dioxide removal performance Furthermore;
a comprehensive mathematical model of GLMC was developed.
The CO2 absorption experiments performed with parallel flow and cross flow
modules revealed the cross flow module configuration provides better performance
than the parallel flow membranes. However due its simplicity of constructing the
parallel flow module it was used in the absorption/stripping experiments. The
absorption

experiments

with

different

module

lengths

exhibited

the

removal/absorption rate is not directly proportional to the contact area because
extending the fiber length will increase the gas liquid contact area and contact time
but in contrast increase the pressure drop and membrane wetting. So the scale up of
gas–liquid membrane contactor should not be considered linear. The absorption
studies on packing density demonstrated there are many key issues associated to
packing density affects the absorption performance positively and negatively. Hence
the relationship between absorption performance and packing density were more
complicated. The absorption experimental results obtained for shell and tube side gas
flow make evident, flowing the gas through the either shell or tube side, both have
pros and cons. However tube side liquid flow and shell side gas flow was most
preferred as this avoids the necessity of prefiltration of process gas streams in GLMC
applications. The calculated individual mass transfer resistance values revealed,
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approximately 60-65% of total mass transfer resistance was offered by liquid film
whereas 30-35% of total mass transfer resistance offered by membrane itself. The
resistance offered by gas film was only 2-3% of total mass transfer resistance.
Therefore the factors that make impact on liquid film resistance have to be adapted
carefully for the better performance of GLMC.
Further, the efficacy of different chemical solvents as CO2 absorbent liquid in
GLMC applications was investigated. The results show the absorption performance
order of studied absorbent liquids is NaOH>PG>MEA> AMP>DEA>K2CO3. More
over the results exhibited the gas flow rate has a significant effect on CO2 absorption
performance in GLMC regardless of the type of absorbent liquid used. Although the
CO2 removal efficiency decreased with increased gas flow rate the CO2 absorption
flux increased with gas flow rate. This can be attributed to decrease in contact time
and increase in driving force for mass transfer. Further for any absorption liquid the
CO2 absorption performance in GLMC could be enhanced by high liquid flow rates.
This enhancement in absorption performance was significant for the absorption
liquids which have poor absorption performance than the absorption liquids which
have good absorption performance. The effect of liquid temperature on absorption
performance in GLMC is not straightforward. Since the liquid temperature
cooperatively influence the several factors which determines the absorption
performance positively and negatively, it should be handled in care depending on the
system used. The CO2 absorption performance improved with solvent concentration.
However this improvement was controlled by several other factors. So eventually the
increase in solvent concentration, which is related to material cost should be
worthwhile for the obtained gain in absorption performance.
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CO2 stripping performance of PVDF HFMs was compared between primary
(MEA), secondary (DEA), hindered (AMP) amines and amine salts (PG). In terms of
regeneration AMP and PG perform well as absorbent liquid comparing to MEA and
DEA. Further from CO2 stripping experiments it was found that regardless of type of
solvent the CO2 stripping flux and efficiency rapidly increases with liquid
temperature, pressure and initial CO2 concentration. In addition, the gas–liquid
contact time was a key factor to enhance the stripping flux at low temperature while
liquid phase boundary layer thickness and associated mass transfer resistance is
important at elevated temperature. So by controlling the liquid phase velocity and the
length of module at low temperature better stripping performance can be achieved.
However, the stripping flux almost remained constant by increasing the gas phase
velocity. Moreover the comparison stripping experiments between shell and tube side
liquid flow revealed that for low packing density modules tube side flow gives better
stripping performance.
The absorption/stripping performance of four different AAS (potassium
glycinate, sodium glycinate, potassium sarcosine and sodium sarcosine) aqueous
solutions was compared with conventionally used MEA and NaOH by using
homemade PVDF HF GLMCs. Although NaOH shows better absorption
performance than the AAS, its stripping performance was very poor. So this is not
ideal as cyclic absorbent liquid. In general sarcosine shows better absorption
performance whereas glycine shows better stripping performance. As well the amino
acid with sodium shows better absorption performance while amino acid with
potassium shows better stripping performance.
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The effect of absorption liquid pH on CO2 absorption/stripping in GLMC
module was investigated by using asymmetric solutions of amino acid and alkaline
salt (i.e. solutions containing different molar amounts of amino acid and base). At
lower pH the CO2 reaction equilibrium shifts towards the release of CO2 enhancing
the partial pressure of CO2. So higher molar ratios of amino acid shows better
stripping and reduced absorption performance. Subsequently in continuous operation
of absorption and followed up by stripping, the stripping performance was controlled
by reduced absorption performance because of resultant low initial CO2
concentrations. Hence for the net effect the molar ratio has to be optimized to
achieve both good absorption and subsequent stripping performance.
The experiments conducted over prolonged period of operation time at
elevated temperature proved that aqueous amino acid salt solutions have lower
potential to wet the membrane compared to MEA. Further it has been verified amino
acid salt solutions can be recycled efficiently due to its high CO2 loading capacity
and less solvent degradation. Eventually, the experimental results proved the amino
acid salt solutions have the great potential to replace the conventional absorption
liquids used in GLMC applications.
The feasibility of aqueous ammonia as absorbent liquid in HFMC
applications were investigated by comparing the CO2 absorption performance with
conventionally used MEA and NaOH aqueous solutions. The experimental results
revealed the CO2 absorption ability of ammonia in GLMC is lower than the same
concentration of MEA or NaOH. However by increasing the solution concentration
the CO2 absorption performance similar to conventional absorption liquids could be
obtained. But the problem was as the solution concentration increased the ammonia
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would slip from the solution easily. The possible solution was mitigating the NH 3
escape from the solution either by using chilled ammonia solution or using any
additives that mitigate the NH3 escape from the solution. Glycerin was added to the
solution to mitigate the ammonia escape from the solution. Experimental
observations showed by adding glycerin the CO2 absorption performance of aqueous
ammonia solution was enhanced effectively in GLMC applications. The optimized
operating range of concentration is 2-4 M since the higher concentrations also cause
other practical problems such as precipitation of the reaction product and membrane
wetting.
Although reaction kinetics could be enhanced by increase in temperature the
optimum temperature should be adopted in order to overcome the other practical
problems such NH3 slip and membrane wetting. Hence the optimal temperature is
about 30–40 °C. The stripping results exposed the aqueous ammonia solution could
be regenerated at low temperature as 60 °C compared to conventional amine high
temperature regeneration. But the concern was the absorption performance of
regenerated ammonia solution was not decent. This because as the solution
temperature increases the NH3 escaped from the solution resulting in low
concentration of ammonia in aqueous solution. So the possible solution is either
mitigating the NH3 escape from the solution or using different approach to regenerate
the solution than the thermal stripping.
The long term stability experiments showed any concentration of aqueous
ammonia solutions long term stability was very poor due to membrane wetting.
Hence alkaline salts were added to the aqueous ammonia solutions in order to
increase the surface tension of solutions. The results showed the long term stability
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of CO2 absorption by aqueous ammonia solution in GLMC was enhanced by salt
addition to the aqueous ammonia solutions. Further it was observed compared to
NaCl, KCl enhances the long term stability more effectively. Moreover the results
revealed by increasing the salt concentration the long term stability can be improved
further. However the amounts of salt that can be added have the limitation in GLMC
applications because the salting effect may block the pores and lumen side of the
fiber, which on the other hand will reduce the absorption performance.
Finally, a comprehensive mathematical model was developed to describe the
counter-current flow of CO2/CH4 gas mixture and aqueous sodium hydroxide in a
gas–liquid hollow fiber membrane contactor module used for CO2 absorption. The
mathematical model considered material, energy and momentum transport through
the membrane module. In addition, the model considers the amount of water
evaporated from the absorbent liquid and the latent heat of vaporization. The model
is used to simulate the effect of absorbent inlet temperature on membrane separation
and temperature profile. A new correlation was developed to describe the rate of
evaporation of water as function solvent inlet temperature, flow rate and liquid–
membrane interfacial porous surface area. The results revealed that temperature of
absorbent liquid stream decreased with increased absorbent inlet temperature due to
increased amount of water evaporated from the liquid and the associated latent heat
of evaporation. Gas stream temperature increased slightly with absorbent inlet
temperature. Increasing the inlet temperature of the aqueous sodium hydroxide
solution increased the CO2 removal flux because of the enhanced chemical reaction
rate between CO2 and NaOH. The experimental results were in good agreement with
model predictions
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5.3 Recommendation for future work
Although the GLMC for CO2/CH4 separation has been proven as the promising
alternative

for

conventional

separation

of

CO2/CH4

gas

mixture

via

absorption/stripping process, still there are some hitches have to be resolved, for this
technique to completely replace the existing CO2 separation technology. The main
hitches and recommendations are:
 Although the use of hydrophobic polymer material like PVDF reduced the
membrane wetting and improved the performance of membrane, at high
temperatures especially during stripping process, membrane wetting diminish the
long term performance of the membrane. In this regard, future research work on
fabricating super hydrophobic membrane is in deemed necessary. The research
direction can be either looking for new novel material that have super
hydrophobicity or innovative surface modifying methods.
 Studied AAS shows better absorption/stripping performance than conventional
liquids. However this is not cost effective material to be adopted in industry. So it
is

essential

to

look

for

unique

absorption

liquids

that

have

good

absorption/stripping performance in GLMC as well as cost effective.
 GLMC is a promising alternative for currently available stripping technology.
Studied enhanced CO2 desorption based on pH shift also further improve the
stripping performance. However in cyclic process this enhanced CO2 desorption
based on pH shift have negative effect on absorption. So future research on how
to enhance the solution pH after absorption to enhance regeneration and how to
recover the fresh solution pH after CO2 desorption effectively in a cyclic process
would be advantageous to adopt this technique in an efficient way.
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 Work on the development of configuration of GLMC that provide more contact
area and residence time would help in improving the performance of GLMC
 Evaluation of GLMC process using real natural gas. This would be a more
realistic approach, which could provide valuable information for real industrial
applications.
 The developed module based on several assumptions. Further the model
developed for one segment assuming it completely represents the whole module,
but this is not the real case. Hence more work on the development of a rigorous
model that incorporates all these assumptions would help in approaching the
process evaluation with in-depth analysis.
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Appendix
Material, energy and momentum transfer equations in dimensionless form (Table
A1).
Table A1. Dimensionless parameters
Parameter

Definition

CCO2, s / CCO
2

Parameter

Definition


CCO
2 ,s

k mr

km / R 2


CCH
4, s


CCH 4,s / CCH
4

k mz

km / L2


CCO
2,t


CCO2,t / CCO
2

R1

r1 / r3


CCH
4 ,t


CCH 4,t / CCH
4

R2

r2 / r3


CCO
2, m


CCO2, m CCO
2
/

R3

r3 / r3


CCH
4, m


CCH 4, m / CCH
4

R

r3


C NaOH
,t


C NaOH,t / C NaOH

r

r/R

Dmz

Di,m / L2

Tm

Tm / To

Dmr

Di ,m / R 2

Ts

Ts / To

D sz

Di, s / L2

Tt

Tt / To

D sr

Di, s / R 2


vrs

vrs / vo

Dtz

Di,t / L2

vrt

vrt / vo

Dtr

Di,t / R 2


vzs

vzs / vo

k gr

kg / R2

vzt

vzt / vo

k gz

k g / L2

voz

vo / L

k Lr

kL / R2

vor

vo / R

k Lz

k L / L2

z

z/L
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A.1 Material balance equation
Shell side (gas phase)


 2Ci, s 
1    Ci , s 
  
1 
 
 Dsr   r
  voz  vsz
 Dsz
Ci , s  vor   r  vrs
Ci , s
 
2

r r  r 
z 
z
r r




R3  R2





1
1



(1A)

(2A)

Assuming Happell‟s free surface model, the velocity profile in the shell side is correct
as shown in equation (3A):

vzs  vzs, max

(r /R3 )2  ( R2 / R3 )2+2 ln (R2 /r  )
3  (R2 /R3 )4  4(R2 /R3 )2+4 ln (R3 /R2 ))

(3A)

Boundary conditions (i = CO2 and CH4):


z  0,

Ci, s
z 

 0 , exit of gas stream, convective flux

z   1 , CCO 2,s = CCO 2,s , inlet gas stream concentration.
r   R2 , C i, s  C i, m , identical concentration at shell-membrane interface

r   R3 ,

Ci , s
r

0,

(insulation/symmetry)

(4A)

(5A)
(6A)

(7A)

Membrane:


 1   C 
i,m
r
 Dmr 





 r r
r 





 2 C i, m
  D
mz
 
z 2



0



(8A)

Boundary conditions of the membrane section:

r   R1 , C i, m  C i,t / mi , (i = CO2 and CH4)

(9A)

r   R2 , C i, m  C i, s , (i = CO2, for non-wetting mode)

(10A)

z   0 , z   1,

(11A)

Insulation boundary
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Tube Side (liquid phase):

  1   C 
 Dtr     r  i,t
  r r  r



 2Ci,t 
  

   Dtz
  Ri.t  voz  v zs
Ci ,t  vor   r  vrt Ci,t

2

z 
z
r r











12A)
Reaction kinetics for CO2 and NaOH:

RCO

2 ,t


 k r C oNaOH CCO
C NaOH ,t
2,t

(13A)

o

R NaOH ,t  2k r C CO
CCO
C NaOH ,t
2,t

(14A)

2

Boundary conditions:


z   0 , CNaOH
,t= CNaOH , inlet concentration of solvent (aqueous NaOH)



z  1,
r  0 ,

C i,t
z 
C i,t
r 

(15A)

 0 , convective flux, exit liquid stream

(16A)

0,

(17A)

(axial symmetry)



 mi C CO
r   R1 , CCO
2,t

(18A)

2, m

A.2 Momentum balance
Shell side (gas phase)
r-direction:




 g  vor vrs




vrs

r 


 voz v zs

 
 
  1 
vrs
P p 
 2 vrs

   o s  g 

 (19A)
rv

rs
2
  

2
2 
z  
Rr 
R

r
r

r
L

z




 

z-direction:

 
 
 
 1

Po p s
 2 v zs
   v zs
 v zs
 v zs 


 g  vor v rs   voz v zs    
 g  2   r

 (20A)
 
2
2
r
z 
vo Lz 

 R r r  r  L z 

Boundary conditions:

z   0 , the exit of gas flow in the shell side, open boundary and zero normal stress
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z   1 , the initial gas velocity in shell side, v zs
 v0, g



r   R2 , the velocity is zero and axial symmetry are r  R3
Tube side (liquid phase)
r- direction:

  1 

vrt
vrt 
 2vrt 
Popt


 



 (21A)
 L vorv rt   vozv zs   
 L  2
r v rt 



2



2


r

z
v
R

r
R

r
r

r

L z 
o








z-direction:

 1   v 

v zt
v zt 
Po pt




 L vor v rt   voz v zt   
  L  2    r  zt



r
z 
vo Lz
 R r r  r


  2v 
zt

 (22A)
 L2 z  2 



Boundary conditions:

z   0 , v zt  v 0,t , inlet stream velocity.

(23A)

z   1 , open boundary and zero normal stress.
A.3 Energy balance
Shell side (gas phase)



Ts



r 

 g C pg  vor v rs

 voz v zs

Ts    1    Ts  
 2Ts 
  k gr
r
  k gz

z     r  r   r   
z 2 

(24A)

Boundary conditions:

r   R2 , T s  Tm
r   R3 ,
z  0 ,

Ts
z 

Ts

0

(25A)

(26A)

0

(27A)

z   1 , Ts  T 0, s

(28A)

z 

Membrane section:
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1   T  
 2T  
0  kmr    r  m   kmz m2 
r r  r 
z 


(29A)

Boundary condition

r   R1 ,  k t

Tt
r



 k m

Tm

R
   J w H evap
r
 To 


(30A)

r   R2 , Tm  Ts ,

(31A)

z  0 , z  1

(32A)

Tube side (Liquid phase):



 L C pL  vor v rt


Tt
r 

 voz v zt

Tt    1    Tt  
 2Tt 
  k Lr
r
  k Lz
  Ri H rxn
2 
z     r  r   r   
z 

33A)
Boundary conditions:

r  0 ,

Tt 
r 

r   R1 ,  k t

0

Tt
r



(34A)

 k m

Tm

R
   J w H evap
r
 To 


(35A)

z   0 , Tt  T0,t

(36A)

Tt 
0
z

(37A)

z  1,

